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Preface
Interest in the Fischer-Tropsch synthesis (FTS) has undergone periods of signifi-
cant development and periods of near neglect since its discovery by Fischer and 
Tropsch in 1924. It was developed in Germany during the 1930s in competition 
with direct liquefaction. Up to the end of the war in 1945, direct liquefaction was 
the dominant process for converting coal to transportation fuels; in Germany the 
FTS was used mainly for the production of chemicals and substitutes for natu-
ral products, including butter. After 1945, the commercial application of FTS in 
Germany rapidly declined, although Professor Kölbel, among others, continued 
work on the scientific and engineering aspects of the reaction.

Following WWII, efforts to develop commercial operations were initiated in 
the United States, led by Dobie Keith of Hydrocarbon Research, Inc. (HRI), and in 
South Africa. The U.S. effort was an industrial undertaking and, with the poten-
tial oil production in the Middle East and the rising cost of natural gas feedstock, 
was terminated in the mid-1950s. The effort in South Africa had the support of 
the government and continued to be developed. The South African government 
and Sasol Technology agreed upon a base price for the FTS product; when the 
price of oil was above that of the base price, Sasol would pay the government the 
difference, and when a lower price prevailed, the government would pay Sasol the 
difference. The South African payments were similar to the agreements that were 
in place in Germany prior to 1945. In both instances, the government had to make 
payments to the developers during the initial years of operation, but eventually 
the payments to the government began and, in Germany, greatly exceeded what 
was paid out initially by the government. Sasol succeeded in developing vari-
ous processes for FTS and eventually became an independent company without 
government support. Sasol continues to grow and has recently opened a 35,000 
bbl/day plant based on natural gas in Qatar. Shell, with some support from the 
Malaysian government, has developed a commercial plant based on natural gas 
with a capacity of about 15,000 bbl/day and is now constructing a plant in Qatar 
with a capacity of 70,000 bbl/day. PetroSA (formerly Mossgas) has developed, 
with government support, a commercial operation, based on Sasol technology, in 
South Africa that is based on natural gas.

Because of the immense initial investment, FTS has only been commercialized 
when some form of government support was available. In each instance, the developer 
generated a profitable technology and more than repaid the government subsidy.

The current high price for oil has again developed significant interest in FTS. 
The present volume is based on a symposium held during the 236th meeting of 
the American Chemical Society in Philadelphia in August 2008. The renewed 
interest in FTS was evidenced by the excellent attendance and lively discussions 
following each presentation.

The majority of the presentations can be grouped into three subject areas: cata-
lyst preparation and activation, reaction mechanism, and process-related topics. 



xiv	 Preface

The presentations demonstrated that, while FTS has advanced in maturity, many 
issues remain concerning the preparation of increasingly active catalysts and the 
method of activation to attain the maximum catalytic activity and catalyst life. To 
assist in an understanding of the structural features and their changes, increas-
ingly sophisticated characterization techniques are being applied, and some of 
them are represented in this volume. As usual, the reaction mechanism is never 
completely understood, and several of the presentations made efforts to advance 
our understanding of the reaction mechanism, both of the FTS reaction, and the 
water-gas shift reaction, which is used to adjust the H2/CO ratio upward when low 
H2/CO ratio syngas is available. Finally, commercialization requires advances of 
a more practical nature. For obvious reasons, industrial organizations are reluc-
tant to provide details of advances in this area. However, several of the presenta-
tions provide glimpses into the processes and the reaction rates under realistic 
commercial process conditions.
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1 Synthesis of High 
Surface Area Cobalt-
on-Alumina Catalysts 
by Modification with 
Organic Compounds

Peter R. Ellis, David James, Peter T. Bishop, John 
L. Casci, C. Martin Lok, and Gordon J. Kelly

Cobalt-on-alumina catalysts with increased dispersion and catalytic activity are 
prepared by addition of mannitol to the cobalt nitrate solution prior to impregna-
tion. Thermogravimetric analysis (TGA) and in situ visible microscopy of the 
impregnation solution show that the organic compound reacts with cobalt nitrate, 
forming a foam. The foam forms because significant amounts of gas are released 
through a viscous liquid. The structure of the foam is retained in the final cal-
cined product. It is this effect that is responsible for the increased dispersion.
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1.1  Introduction

Cobalt catalysts are preferred for the Fischer-Tropsch (FT) reaction in many appli-
cations because they give greater yields of straight-chain alkanes than iron cata-
lysts [1,2]. These catalysts are typically prepared by cobalt nitrate impregnation, 
followed by a low-temperature drying step and calcination at a higher tempera-
ture to decompose cobalt nitrate. The product is a supported cobalt oxide, which 
is then reduced to give the active cobalt metal phase. The final cobalt particle size 
is critical in determining the activity of the catalyst. Bezemer and coworkers [3] 
showed that the optimum cobalt particle size for a Co/carbon nanofiber catalyst 
is 6 to 8 nm. Below 6 nm, a rapid decrease in catalytic activity and an increase in 
methane selectivity were observed with decreasing particle size. A typical cobalt/
alumina catalyst prepared via nitrate impregnation might have an average cobalt 
particle size nearer to 11 nm, depending on a number of factors, such as loading 
and reduction conditions [4]. Despite this, impregnation with cobalt nitrate is a 
preferred route for the preparation of cobalt FT catalysts. Hence, methods that 
decrease cobalt particle size are needed for the preparation of improved FT cata-
lysts prepared by cobalt nitrate impregnation.

There are a number of ways in which the dispersion of a cobalt-based FT cata-
lyst can be increased. One of these is to change support. The cobalt dispersion 
obtained on a transition alumina-supported catalyst has been shown to be greater 
than that obtained using silica, titania [5,6], or alpha alumina [7]. These refer-
ences also show that the cobalt loading used in the catalyst has an effect on the 
dispersion produced. Another method of increasing the dispersion is to add a pro-
moter. Many promoters for cobalt FT catalysts are described in the literature, and 
a diverse range of those, including rhodium [8], manganese [9], zirconium [10], 
zinc [11], and platinum [12], have been shown to increase the dispersion of sup-
ported cobalt catalysts compared with their unpromoted equivalents. The catalyst 
preparation method also has an impact on the catalyst dispersion. Cobalt nitrate 
impregnation is generally regarded as giving catalysts with low dispersions, 
while other technologies, such as Johnson Matthey’s Highly Displaced Cobalt 
(HDC) method, give high dispersions even at high cobalt loadings [13–15]. Many 
attempts have been made within the materials science community to synthesize 
small crystallites of cobalt [16] or cobalt oxide [17,18], but few of these have been 
investigated as catalysts for the Fischer-Tropsch reaction.

One way in which cobalt dispersion can be increased is the addition of an 
organic compound to the cobalt nitrate prior to calcination. Previous work in this 
area is summarized in Table 1.1. The data are complex, but there are a number of 
factors that affect the nature of the catalyst prepared. One of these is the cobalt 
loading. Preparation of catalysts containing low levels of cobalt tends to lead to 
high concentrations of cobalt-support compounds. For example, Mochizuki et al. 
[37] used x-ray photoelectron spectroscopy (XPS) and temperature-programmed 
reduction (TPR) to identify cobalt silicate-like species in their 5% Co/SiO2 cata-
lysts modified with nitrilotriacetic acid (NTA). The nature of the support also has 
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Table 1.1
Summary of Relevant Literature on Organic Modification of Cobalt Catalysts

Organic Compound Catalyst Reference Notes

Simple carboxylic acids 
(e.g., acetic acid)

10% Co/SiO2 [19] Organic added to support 
before cobalt impregnation

10% Co/SiO2 [20] Washing of catalyst after 
impregnation

10% Co/SiO2 [21, 22]

Simple alcohols (e.g., 
ethanol)

10% Co/SiO2 [19]

9% Co/SiO2 [23]

20% Co/SiO2 [24]

6% Co/SiO2 [25]

10% Co/SiO2 [22]

3% Co/C

10% Co/C [26]

Sugars (e.g., sucrose) 3% Co/ZrO2 [27] Violent reaction observed 
between saccharose and 
cobalt nitrate that damaged 
the catalyst particle

7% Co/TiO2 [28]

Re-17% Co/TiO2

Re-17% Co/SiO2

[28] Decreased methane selectivity 
observed on sucrose addition

Re-7% Co/SiO2 [29]

Co/SiO2 [30]

Re-7% Co/SiO2 [29]

DMSO 9% Co/SiO2 [23] Complex formed

DMF 9% Co/SiO2 [23] Complex formed

Polyols (e.g., sorbitol) 7% Co/TiO2 [31]

0.8% Re-18% Co/SiO2 [31]

Polyacids (e.g., citric 
acid)

10% Co/Al2O3 [32] Reaction tested was methane 
combustion

7% Co/TiO2

Re-12%Co/TiO2

17% Co/Al2O3

17% Co/SiO2

Re-17% Co/TiO2 [33] Addition of Re reduction 
promoter increased activity 
markedly

NTA, CyTA 1% Co/Al2O3

5% Co/Al2O3 [34] Reaction tested was 
reduction of NO to N2 by 
propene
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an impact. Interestingly, the majority of the work in this area has been performed 
using a silica support, although the increased dispersion has also been observed 
for alumina-, titania-, and zirconia-supported catalysts (Table  1.1). The nature 
of the organic modifier has a significant influence on the catalyst prepared. For 
instance, some compounds, such as ethylenediamine [38,39] or NTA [29,35–37], 
are shown to complex to cobalt. In contrast, Mauldin [33] reports that no com-
plex is formed between cobalt and either glutamic acid or citric acid. Also, the 
decomposition temperature of the organic can vary. For instance, acetic acid [21] 
is a liquid at room temperature and boils at 117.9°C, while citric acid [33] is solid 
at room temperature and melts at 153°C [41]. The decomposition of citric acid 
is complex and many decomposition products are observed, depending on the 
environment and temperature [42]. In practical terms, this means that the organic 
may decompose during the drying or calcination steps of catalyst preparation. 
Mauldin [31] reported that exothermic decomposition of organics during drying 
was disadvantageous to the properties of the final catalyst. A number of authors 
report that the organic-modified catalysts are difficult to reduce. For instance, 
van Steen et al. [23] observed lower degrees of reduction by TPR for 9% Co/SiO2 
catalysts modified using alcohols. This is countered in some cases by the addition 
of reduction promoters to make the catalyst easier to reduce [33]. Preparation of a 
catalyst using mixed cobalt nitrate and cobalt acetate is also relevant here [40] and 
yields increased dispersion over catalysts prepared using either precursor singly. 
Cobalt acetate alone tends to yield catalysts with high levels of cobalt-support 
compounds [21]. The nature of the support is important in determining the lev-
els of cobalt-support compound observed [43]. Interestingly, the effect of organic 
modification has also been observed outside of supported FT catalysts. Soled et 

Table 1.1
Summary of Relevant Literature on Organic Modification of Cobalt Catalysts 
(continued)

Organic Compound Catalyst Reference Notes

1–21% Co/Al2O3 [35] Reaction tested was 
complete oxidation of 
benzene to CO2

5% Co/SiO2 [36, 37] Stepwise and 
co-impregnation

Ethylenediamine 12% Co/Al2O3 [38] Complex formed

3% Co/SiO2 [39] Complex formed

Mixed cobalt nitrate-
acetate

10% Co/SiO2 [40]

The structures of the organic compounds are shown in Figure 1.1.
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al. [44] prepared CoMn spinels with increased surface area using citric acid as 
an additive.

A number of mechanisms for the increase in dispersion have been proposed. 
Many authors talk about modification of the interaction between cobalt and the 
support. Van Steen et al. [23] and Zhang et al. [19] describe organic solvents modi-
fying the silanol OH group, which changes the interaction between Co2+ and the 
support. It is clear that some organic compounds will complex with Co2+, especially 
those with nitrogen donor atoms in their structure [29,36–39]. Nitrogen donor com-
plexes of cobalt are well known [45], not least in biological systems such as vitamin 
B12. Other authors report that the addition of acetic acid to the catalyst can form 
cobalt acetate in situ [21], giving an increased dispersion as for the mixed cobalt 
acetate–cobalt nitrate system [40]. Culross and Mauldin [28,33] propose a mecha-
nism where the organic compound forms a “blanket” over the cobalt particles and 
prevents sintering. Girardon et al. [29] added sucrose to their promoted 7% Co/SiO2 
catalysts and assigned the increased dispersion to changes in the decomposition and 
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Figure 1.1  Structures of organic compounds referred to in the text: (a) sucrose (also 
known as saccharose), (b) dimethyl sulfoxide (DMSO), (c) dimethylformamide (DMF), (d) 
sorbitol, (e) mannitol, (f) nitrilotriacetic acid (NTA), (g) citric acid, (h) N,N,N ,ʹNʹ-trans-
1,2-diaminocyclohexane-tetraacetic acid (CyTA), (i) saccharic acid, (j) glutamic acid.
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nucleation mechanisms. They also noted that the oxidation of sucrose to saccharic 
acid by nitric ions is known. Saccharic acid may polymerize on the catalyst surface, 
and thus template the metal particles formed. They also used TGA to observe that 
the decomposition of nitrate became exothermic in the presence of sucrose, while 
it was endothermic without.

Outside of catalyst preparation, reaction of sucrose with metal nitrates has 
been used to prepare nanocomposite mixed oxide materials. Wu et al. [46] 
reported the synthesis of MgO-Al2O3 and Y2O3-ZrO2 mixed oxides by reaction of 
nitrate precursors with sucrose. The resulting powders had smaller particles than 
those prepared without sucrose. Das [47] used a similar method in the presence 
of polyvinylalcohol to produce nanocrystalline lead zirconium titanate and metal 
ferrierites (MFe2O4, M = Co, Ni, or Zn). The materials prepared using sucrose had 
smaller crystallites than those made without. Both authors observed an exother-
mic decomposition of the precursors during calcination.

As described above, understanding the mechanism of the dispersion increase 
is a difficult task. In this work we compare a catalyst prepared by cobalt nitrate 
impregnation onto alumina with one modified by the addition of mannitol, 
and use TGA and in situ microscopy to investigate the increased dispersion. 
Mannitol is a sugar alcohol that is structurally similar to sorbitol [31], as shown 
in Figure 1.1.

1.2 E xperimental

1.2.1  Materials

Cobalt nitrate hexahydrate (97%) and D-mannitol (99%) were obtained from Alfa 
Aesar and used as received. Alumina HP14-150 is a gamma alumina with surface 
area around 150 m2 g–1, which was supplied by Sasol and used as received.

1.2.2  Catalyst Preparation

The unmodified catalyst was prepared by dissolving cobalt nitrate hexahydrate 
(19.76g, 68 mmol) in water (9 ml) and impregnating the solution into alumina 
(16.0 g). The catalyst was dried at 105°C in static air for 3 h and calcined at 400°C 
for 1 h. The mannitol-containing catalyst was prepared as described above, except 
that mannitol (2 g, 11 mmol) was dissolved in the cobalt nitrate solution prior to 
impregnation. The Co/mannitol ratio was 6.2.

1.2.3  Catalyst Characterization

The catalysts were characterized by inductively coupled plasma emission spec-
troscopy (ICP-ES; Perkin Elmer Optima 3300RL) to determine cobalt content, 
x-ray diffraction (XRD; Bruker A-500) with crystallite size determination using 
the Rietveld method, and temperature-programmed reduction (Zeton Altamira 
AMI-200) using 30 ml/min 10% H2/Ar and a ramp rate of 10°C/min. Surface area 
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measurements were by hydrogen chemisorption (Micromeretics ASAP 2010), 
where the catalysts were reduced at 425°C for 7 h prior to evacuation and analy-
sis at 150°C. X-ray photoelectron spectroscopy (VG Escalab 250) was recorded 
using samples of the powder pressed into pellets. Spectra were referenced to 
adventitious carbon at 286.4 eV. Samples were prepared for transmission electron 
microscopy (TEM; Tecnai F20) by setting in resin, sectioning, and drying onto a 
holey carbon-coated copper TEM grid.

1.2.4  Catalyst Testing

Catalysts were tested for activity in the Fischer-Tropsch reaction using a fixed-bed 
reactor. The catalyst (0.4 g) was reduced in situ in flowing hydrogen at 425°C for 
7 h prior to testing. The test was performed under 2/1 H2/CO at 20 bar total pres-
sure. The initial flow was 64 ml/min, but this was reduced after 24 h to increase 
the conversion. A final reading of activity and selectivity was taken after 100 h 
on stream.

1.2.5  In situ Microscopy and Thermogravimetric Analysis

The microscopy and thermogravimetric analysis were performed using solutions 
of cobalt nitrate hexahydrate (2 g) in water (1 g) with or without mannitol (0.1 
g). When used, the Co/mannitol molar ratio was 12.5. TGA (TA Instruments 
SDT2960) was performed by heating to 300°C at 1°C/min in flowing air. 
Microscopy was performed on a single drop of the solution (approximately 2 mm 
diameter) placed into a quartz sample holder. A Linkam heating stage (THMS 
600) was used to heat the sample at 1°C/min to 300°C, with digital images 
recorded during the temperature ramp. Visible spectroscopy (Unicam) was per-
formed from 400 to 600 nm wavelengths. The concentration of cobalt nitrate 
in the solutions was approximately 0.03 M. Fourier transform infrared spectra 
(FTIR; Perkin Elmer Spectrum One) were obtained in the attenuated total reflec-
tance mode using solid-state samples.

1.3 R esults and Discussion

1.3.1  Catalyst Preparation, Characterization, and Testing

Catalysts were prepared with or without addition of mannitol, as described in the 
experimental section. The presence of cobalt nitrate means that catalyst prepa-
ration takes place at low pH, making it a complementary method of producing 
well-dispersed cobalt catalysts to Johnson Matthey’s high-pH HDC technology 
[13–15]. Both catalysts were characterized by XRD and hydrogen chemisorption, 
and had cobalt content measured by ICP (Table  1.2). XRD only detected two 
phases—the gamma alumina support and cobalt oxide, Co3O4. The absence of Co 
and CoO as crystalline phases suggests that there is no reduction of cobalt oxide 
by the mannitol; instead, some cobalt is oxidized by nitrate or air from CoII to 
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CoIII to form Co3O4. The catalyst containing mannitol was found to have smaller 
Co3O4 crystallites before reduction and a higher cobalt surface area (greater Co 
dispersion) afterwards (Table 1.2), in agreement with literature precedent. This 
was also evident from dark-field TEM images (Figure 1.2). TPR demonstrated 
that the mannitol-modified catalyst was significantly harder to reduce than the 
unmodified comparator (Figure 1.3). The peak temperature of the higher tem-
perature (Co2+ ↑ Co0 [4]) peak is shifted from 500°C to 665°C by the mannitol 
treatment. There is also a significant increase in the amount of cobalt-support 
compound, which is reduced above 800°C. Again, this has been reported previ-
ously for catalysts modified by organic compounds [48]. XPS analysis of the two 
catalysts found little difference in the levels of carbon on the catalyst surface. 
This suggests that the mannitol had been removed during the calcination step.

The mannitol-modified catalyst showed significantly increased activity in the 
Fischer-Tropsch reaction (Table 1.3). After 20 h on stream, the mannitol-modified 
catalyst is 286% as active as the unmodified catalyst, and 262% as active after 
100 h. The selectivity values of the catalysts are similar. Hence, the characteris-
tics of a mannitol-modified catalyst are that it has a higher activity than but the 
same selectivity as an unmodified catalyst. Increased activity for the FT reaction 

500 nm 500 nm

Figure 1.2  Dark-field TEM images of (a) unmodified and (b) mannitol-modified 
catalysts.

Table 1.2
Characterization of Catalysts

Co/Mannitol
Co 

Content/%
Co3O4 Crystallite Size

(XRD)/nm

Cobalt Surface Area

m2 gcat
–1 m2 gCo

–1

0 19.3 12.4 8.8 42.3

6.2 17.8 4.0 16.9 84.5
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has been reported by many authors, often in line with increased dispersion. The 
effect on selectivity is less well understood. Culross and Mauldin [28(a)] report 
a decrease in methane selectivity on sucrose modification of rhenium-promoted 
16% Co/TiO2 catalysts. For rhenium-promoted 18% Co/SiO2 catalysts, they 
observed a decrease in methane selectivity up to a concentration of 5.71% sucrose 
in the impregnating solution, above which level it increased back to the value of 
the unmodified catalyst. Mauldin [31] observed the same effect for sorbitol modi-
fication of 0.8% Re-16% Co/SiO2 catalysts, the maximum being at 6.5% sorbitol 
in solution. Liu et al [21] also observed a decrease in methane selectivity on acetic 
acid addition to Co/SiO2. However, Zhang et al. [24] found decreased methane 
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Figure 1.3  TPR analysis of unmodified (bottom) and mannitol-modified (top) catalysts.

Table 1.3
Fischer-Tropsch Test Data

Co/
Mannitol

GHSV/l 
kgcat

–1 h–1

CO 
Conversion/%

Selectivity/%

CO2 CH4 C2–C4 C5+

Data after 20 h On Stream
0 9600 6.1 0.57 11.0 8.40 80.0

6.2 9600 18.0 0.10 9.63 8.98 81.3

Data after 100 h On Stream
0 4800 11.6 0.50 11.3 7.92 80.3

6.2 4800 30.5 0.13 9.63 10.3 80.0
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selectivity on modification with ethanol, acetone, DMF, or THF, but sharply 
increased methane selectivity on modification with cyclohexanol. The addition of 
propanol or methanol did not affect the methane selectivity. Increased methane 
selectivity has also been reported for catalysts modified with NTA [36,37].

1.3.2  Analysis of Cobalt Nitrate Solutions

Cobalt nitrate solution was analyzed by TGA and found to decompose [49,50] in 
several steps (Figure 1.4). The first step is the loss of solution water, giving the 
hydrated salt. This also loses water on heating, until anhydrous cobalt nitrate is 
present. At this point, decomposition of the nitrate anion begins immediately. 
Differential thermal analysis (DTA) shows that all these steps are endothermic, 
and that the loss of the last two water molecules is a complex multistage process. 
By 300°C, the decomposition is complete. The mass remaining is that of cobalt 
oxide, Co3O4. FTIR confirms the presence of Co3O4 with bands at 660 and 557 
cm–1 [51]. The addition of mannitol changes the TGA profile significantly. The 
most striking feature is a period of noise around 80°C, which is assigned to the 
production of a large amount of gas. In catalyst preparation terms, this would 
occur during the drying stage. Boot et al. [27] observed a violent reaction between 
cobalt nitrate and saccharose, which caused damage to the catalyst particle. The 
mass loss during this event is approximately 16 wt%. As the solution contains 
around 3 wt% mannitol, the gas released is likely to contain nitrogen oxides and 
vaporized water that was coordinated to cobalt, as well as the decomposition 
products of mannitol oxidation. The decomposition of nitrate occurs at a slightly 
lower temperature than in the unmodified case. The decomposition is more rapid 
in the presence of mannitol, but it is still endothermic, in contrast to the results 
of Girardon et al. [29], who observed an exothermic decomposition, albeit with a 
different system (promoted 7% Co/SiO2 modified with sucrose).

The two solutions were also analysed by in situ microscopy. The solution that 
did not contain mannitol showed a number of different stages of decomposition, 
as shown in Figure 1.5. The initial solution is a pale red color. The color deepens 
on heating, and the droplet appears to solidify (Figure 1.5b), followed by a crys-
tallization (Figure 1.5c). Above 100°C, loss of water can be observed as a bubble 
of water vapor breaks through the surface of the droplet. The final product was a 
black pellet, confirmed as Co3O4 by its FTIR spectrum.

The solution containing mannitol behaves quite differently (Figure 1.6). The 
initial solution is very similar to the solution without mannitol. However, in this 
case crystallization is not observed, but the production of a large amount of gas  
is (Figure 1.6b and c). This is presumably largely CO2 and a small amount of 
NOx from the reaction of nitrate with mannitol. The evolution of the gas causes 
a foam to form (Figure 1.6c). This all happens below 100°C; in terms of cata-
lyst preparation, it would occur in the drying step. The structure of the foam is 
retained to a large extent during the subsequent drying and calcination processes. 
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solution, measured by TGA and DTA.
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The final product is a fine powder that is shown to be Co3O4 by FTIR. The paler 
color observed at the top of the particle in Figure 1.6g arises because the sample 
is heated from below.

It is the formation of the foam and its associated release of gas that is respon-
sible for the large noise event in the TGA. The two events occur at the same 
temperature. It is also responsible for the increase in dispersion observed in the 
related catalysts.

Visible spectroscopy (Figure 1.7) shows that mannitol does not form a com-
plex with cobalt nitrate hexahydrate in water, even when heated to reflux. This 

(d)(a) (b) (c)

(h)(e) (f ) (g)

Figure 1.5  (See color insert following page 12.) Cobalt nitrate solution decomposi-
tion at (a) 21°C, (b) 59°C, (c) 67°C, (d) 110°C, (e) 126°C, (f) 142°C, (g) 152°C, and (h) 
200°C.

(d)(a) (b) (c)

(h)(e) (f ) (g)

Figure  1.6  (See color insert following page 12.) Cobalt nitrate–mannitol solution 
decomposition at (a) 21°C, (b) 61°C, (c) 75°C, (d) 123°C, (e) 159°C, (f) 185°C, (g) 220°C, 
and (h) 250°C.
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is believed to be a general trend for oxygen donor ligands, which are unable to 
displace the six water molecules coordinated to the Co2+ ion in aqueous solution. 
The same is not true of nitrogen donor ligands, for instance, where complexes are 
well known [45].

1.4  Conclusion

The addition of mannitol to the catalyst increases the dispersion and hence the 
activity of the catalyst. The reason for this is the formation of a foam when large 
amounts of CO2 and NOx gas are released following reaction of mannitol with the 
nitrate anion at temperatures around 80°C. We believe that the formation of this 
foam in the alumina pores is responsible for the increased dispersion observed in 
the mannitol-modified catalyst.
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2 Carbon Nanomaterials 
as Supports for Fischer-
Tropsch Catalysts

Anke Jung, C. Kern, and Andreas Jess

The potential of carbon nanomaterials for the Fischer-Tropsch synthesis was 
investigated by employing three different nanomaterials as catalyst supports. 
Herringbone (HB) and platelet (PL) type nanofibers as well as multiwalled (MW) 
nanotubes were examined in terms of stability, activity, and selectivity for Fischer-
Tropsch synthesis (FTS).

For this purpose, all three catalyst supports were initially synthesized by a 
chemical vapor deposition (CVD) process and thereafter, using a wet impregna-
tion method, loaded with cobalt as the active component for FTS. The as-synthe-
sized Co/nanocatalysts were then characterized by applying electron microscopic 
analysis as well as temperature-programmed desorption, chemi- and physisorp-
tion measurements, thermogravimetric analysis, and inductively coupled plasma 
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(ICP) measurements. The catalytic performance of the nanocatalysts was finally 
tested in the Fischer-Tropsch synthesis carried out in a fixed bed reactor. The 
obtained results were compared with literature data of commercially used Fischer-
Tropsch catalysts.

Regarding the Fischer-Tropsch reaction, stable activity was obtained for all 
three Co/nanomaterial catalysts within the synthesis period (approximately 50 h). 
The Co/nanotube catalyst exhibited the highest (Co mass-related) intrinsic activ-
ity, followed by the Co/platelet nanofibers. Although the Co/herringbone material 
showed the lowest activity for FTS, a comparably high chain growth probability 
(α-value) of 0.83 was reached at a given temperature (513 K). For the Co/platelet 
and Co/tube catalysts, in contrast, α-values of only around 0.73 were achieved. 
For all nanomaterial catalysts a comparably low CO2 and a rather high CH4 selec-
tivity was obtained.

2.1  Introduction

Recently, the Fischer-Tropsch synthesis regained much attention mainly due to 
the (political) desire for cleaner fuels and the potential shortage of crude oil. 
Therefore, research activity is focusing on the development of improved reactor 
concepts as well as on novel and promising catalysts for an economic production 
of clean fuels via FTS.

Since the discovery of carbon nanomaterials by Iijima1 in 1991, a lot of research 
has been done on these new materials. There are a number of applications for 
new carbon nanomaterials in many different fields, such as in sensor technology,2 
in biomedicine as drug delivery systems,3 or in polymer processing.4 Reaction 
engineering may also benefit from the unique properties of carbon nanotubes and 
nanofibers. In heterogeneous catalysis much research is focused on implement-
ing carbon nanomaterials as catalyst,5 catalyst promoter,6 or a catalyst support.7–16 
Owing to their high mechanical stability and heat conductivity, carbon nano-
materials are said to be promising support materials for heterogeneous catalyst 
preparation.17

Concerning the Fischer-Tropsch synthesis, carbon nanomaterials have already 
been successfully employed as catalyst support media on a laboratory scale. The 
main attention in literature has been paid so far to subjects such as the comparison 
of functionalization techniques,9–11 the influence of promoters on the catalytic 
performance,1,12 and the investigations of metal particle size effects7,8 as well as 
of metal-support interactions.14,15 However, research was focused on one nano-
material type only in each of these studies. Yu et al.16 compared the performance 
of two different kinds of nanofibers (herringbones and platelets) in the Fischer-
Tropsch synthesis. A direct comparison between nanotubes and nanofibers as 
catalyst support media has not yet been an issue of discussion in Fischer-Tropsch 
investigations. In addition, a comparison with commercially used FT catalysts 
has up to now not been published.

Therefore, carbon nanofibers (CNFs) as well as carbon nanotubes (CNTs) were 
synthesized,18,19 functionalized (with the catalytic active metal Co), and finally 
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tested in a reactor conducting the Fischer-Tropsch synthesis. In this publication, 
the potential of carbon nanomaterial-based Fischer-Tropsch catalysts will be 
demonstrated by examples of applied experiments.

2.2 E xperimental

2.2.1  Carbon Nanomaterial Synthesis

The multiwalled nanotubes as well as the herringbone type carbon nanofibers 
were synthesized in-house in a quartz glass fluidized bed reactor via chemical 
vapor deposition (CVD). The method is described in detail elsewhere.19 The 
platelet nanofibers, in contrast, were purchased from the company FutureCarbon 
GmbH (Bayreuth, Germany).

2.2.2  Functionalization of Carbon Nanomaterials

Prior to functionalization the carbon nanomaterials were washed in concentrated 
nitric acid (65%; Fisher Scientific) for 8 h using a Soxhlet device in order to 
remove catalyst residues of the nanomaterial synthesis as well as to create anchor 
sites (surface oxides) for the Co on the surface of the nanomaterials. After acid 
treatment the feedstock was treated overnight with a sodium hydrogen carbonate 
solution (Gruessing) for neutralization reasons. For the functionalization of the 
support media with cobalt particles, a wet impregnation technique was applied. 
For this purpose 10 g of the respective nanomaterial and 10 g of cobalt(II)-nitrate 
hexahydrate (Co(NO3)2·6 H2O, Fluka) were suspended in ethanol (1 l) and stirred 
for 24 h. Thereafter, the suspension was filtered via a water jet pump and finally 
entirely dried using a high-vacuum pump (5 mbar).

2.2.3  Catalyst Characterization

2.2.3.1  Electron Microscopy
The materials were examined by scanning electron microscopy (SEM; Zeiss 
LEO 1530) in order to determine the morphology of the catalyst surface. By SEM 
analysis using a special backscattering technique as well as by transmission elec-
tron microscopy (TEM; Zeiss 922 Omega), information about the particle size 
distribution and about the metal anchorage on the support surface was gained. 
The sample specimens for TEM analysis were prepared by ultrasonic dispersion 
of the nanomaterial catalysts in acetone, and by dropping the suspension onto a 
carbon-coated copper grid.

2.2.3.2  ICP Measurements
The cobalt content of the catalyst was analyzed by ICP measurements (Perkin 
Elmer, Plasma 400) at the Institute of Chemical Engineering of the University 
of Erlangen-Nuremberg.
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2.2.3.3  Nitrogen Physisorption
The pore size distribution based on BJH (Barrett-Joyner-Halenda) calculations, 
the micropore fraction (t-plot analysis), and the BET (Brunauer-Emmett-Teller)
surface area of the catalysts were acquired by physisorption measurements of 
nitrogen at 77 K (Micrometrics Gemini 2360). Prior to BET analysis the samples 
were evacuated at 373 K for at least 12 h.

2.2.3.4  Carbon Monoxide Chemisorption
Chemisorption measurements (Quantachrome Instruments, ChemBET 3000) 
were conducted in order to determine the metal (Co) dispersion. Therefore, the 
nanomaterial catalysts were reduced under a hydrogen flow (10% H2 in Ar) at 633 
K for 3 h. The samples were then flushed with helium for another hour at the same 
temperature in order to remove the weakly adsorbed hydrogen. Chemisorption 
was carried out by applying a pulse-titration method with carbon monoxide as 
adsorbing agent at 77 K. The calculation of the dispersion is based on a molar 
adsorption stoichiometry of CO to Co of 1.

2.2.3.5  Thermogravimetric Analysis
The catalyst purity and stability with respect to oxidation was investigated by 
thermogravimetric/differential thermal analysis (TG/DTA) in a Seiko EXSTAR 
6000. During the measurement an oxygen-containing gas mixture (2 vol.% O2 in 
N2) was applied to the sample at a constant heating rate of 2 K/min. The mass 
change (decrease) at a given temperature characterizes the beginning of the oxi-
dation of the carbonaceous support. The appearance of more than one oxidation 
peak indicates the presence of impurities such as amorphous carbon.

2.2.3.6  Temperature-Programmed Reduction
Temperature-programmed reduction (TPR) gives information on the reduc-
tion behavior of the Co catalysts. The spectra were recorded by the instrument 
ChemBET 3000 (Quantachrome Instruments) equipped with a thermal conduc-
tivity detector. Before analysis the samples were dried overnight (at least 12 h) at 
373 K. The reduction was carried out in a hydrogen mixture of 10% H2 in Ar with 
a heating rate of 10 K/min.

2.3 R esults and Discussion

2.3.1  Catalyst Characterization

As can be seen from Figure 2.1, cobalt was deposited on the carbon nanomaterials 
quite homogeneously. Hence, the cobalt particle sizes of the three catalyst types 
vary only little. The Co/nanofiber materials exhibit cobalt particle diameters of 
roughly 10 nm. In case of the nanotubes, particle sizes ranging from 5 to 7 nm 
were observed.
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To some extent the cobalt particles in Figure  2.1(c) seem to be distributed 
within the tubular structure of the multiwalled nanotubes. TEM analysis could 
not fully clarify if this is an artifact or if the particles are truly situated inside 
the hollow space of the tubes. However, Tavasoli et al.14 observed Co particles 
captured inside the tubes after incipient wetness impregnation. Thus, it can be 
assumed that this is the case here as well.

Other important results of the catalyst characterization that will be discussed 
in detail below are summarized in Table 2.1.

Initially, for all three support materials a Co content of 20 wt.% was supposed 
to be deposited. Table 2.1 shows that functionalization of the herringbone nano-
fibers (HB-CNF) appeared to be most efficient since nearly all of the applied 
metal was adsorbed by the nanomaterial surface with impregnation (over 95%). 

100 nm 100 nm 20 nm

(a) (b) (c)

Figure 2.1  Cobalt functionalized (a) platelet type carbon nanofibers, (b) herringbone 
type carbon nanofibers, and (c) carbon multiwalled nanotubes.

Table 2.1
Results of Carbon Nanomaterial Catalyst Characterization: ICP, 
Chemisorption, Physisorption, Thermogravimetric Analysis (TG)

Catalyst Type

Co 
Contenta

wt.%
Dispersionb

%

BET Surface 
Area
m2/g

Micropore 
Fraction

%
TGc

K

Co/HB-CNF 19.4 10 120 14 673

Co/PL-CNF 16.0 56 102 15 523

Co/MW-CNT 11.0 75 287 8 503

a   Obtained from ICP measurement.

b   Obtained from chem-BET pulse-titration with carbon monoxide at 77 K.
c    Thermogravimetric oxidation (2 vol.% O2 in N2, heating rate 2 K/min): The given tempera-

ture characterizes the onset of a detectable oxidation of the carbonaceous support.
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However, the platelet nanofibers (PL-CNF) carry only about two-thirds of the 
loaded cobalt, and the nanotubes (MW-CNT) showed the most inefficient func-
tionalization performance, exhibiting barely 50% of metal adsorption.

Also, the dispersion degree (measured by physisorption of CO) differs strongly 
(see Table 2.1), ranging from only 10% for herringbones to up to 75% for multi-
walled nanotubes with the finest metal distribution. The deviation between the 
values for the nanotubes and the platelet fibers was confirmed by microscopic 
analysis, where we found larger particles on the fiber surface (see Figure 2.1), 
leading to a lower dispersion degree. However, it is impossible to explain the 
extremely small dispersion degree of the herringbone nanofibers by TEM analy-
sis since we measured identical Co particle sizes for both fiber catalysts (platelets 
and herringbones). Most likely, there exist much bigger Co agglomerates beyond 
the limited image section of the microscope.

Physisorption measurements showed that carbon nanomaterials exhibit rather 
meso- and macroporous structures (maximum micropore fraction, 15%; see 
Table 2.1). The lowest specific surface area was measured with the platelet fiber 
catalyst exhibiting slightly more than 100 m2/g. The Co/HB material offers 120 
m2/g of surface area, and the highest BET value was determined with the Co/
MW catalyst featuring nearly 290 m2/g. Carbon nanomaterials, though, are not 
really porous, as the space between the graphene layers is too small for nitrogen 
molecules to enter. The only location of adsorption is the external surface of the 
nanomaterials and the inner surface of the nanotubes.

According to Table 2.1, the highest stability concerning oxidation was reached 
with the Co/HB material, where combustion started first at 673 K. In the case of 
the Co/PL and Co/MW catalysts, weight loss initiates at 523 and 503 K, respec-
tively. None of the catalysts showed major impurities (more than one oxidation 
peak) within TG analysis.

The reduction behavior of the Co-based nanomaterial catalysts was studied by 
temperature-programmed reduction. The respective TPR profiles are plotted in 
Figure 2.2. Basically, there are three main peaks present in all curves, whereas 
the herringbones additionally show a shoulder right at the beginning of the graph, 
which can be ascribed to the reduction or decomposition of organic impurities 
resulting from catalyst production. In all TPR profiles, the first two main peaks 
are caused by the stepwise reduction of cobalt from Co3O4 via CoO to Co. The 
peaks observed at temperatures above 700 K are attributed to methane forma-
tion.9,11,13 This was confirmed by gas chromatographic analysis of the TPR outlet 
gas. Thus, the supported metal not only catalyzes the Fischer-Tropsch reaction but 
also assists the formation of methane via the reaction of hydrogen with the carbon 
support at high temperatures (above 700 K). The comparison of the TPR profiles 
of the different nanomaterial catalysts shows that in the case of the nanotubes the 
last reduction peak (CoO to Co) is shifted to lower temperatures than the peaks 
obtained with the other two catalysts. This indicates lower metal-support interac-
tions in the Co/MW material. Tavasoli et al.15 even assume that in the case of Co/
nanotube catalysts the degree of interaction between active metal and support is 
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zero. To the contrary, the broad peaks in the profile of the Co/HB catalyst are a 
sign for strong metal-support interactions.13

2.3.2  Performance of the Nanomaterials in Fischer-Tropsch Synthesis

The catalytic performance of the nanofiber/nanotube-supported catalysts was 
tested in a continuous fixed bed reactor consisting of a tube with a diameter of 14 
mm and a length of 0.3 m. Gaseous products were analyzed by gas chromatog-
raphy (GC; Caldos 17 and Uras 14 from ABB; analysis of H2, CO, and CO2) and 
by an online GC (column: CP-PoraPLOT Q; analysis of C1–C3). Differently tem-
pered cold traps (294, 273, and 193 K) were applied to separate liquid products 
and higher hydrocarbons (waxes), which were weighed after synthesis for mass 
balance calculations. In order to obtain the carbon content and the product distri-
bution of the organic liquid products, GC measurements (Varian CP 3800) as well 
as elemental analysis (EuroVector Euro EA 3000) were performed.

The FTS was conducted at varying temperatures (from 483 to 513 K) over 
approximately 50 h of reaction time in order to investigate the reaction kinetics 
achieved with the respective catalysts. A typical conversion curve using the Co/
HB catalyst as an example is shown in Figure 2.3. After a short settling phase 
(caused by the pore filling of liquid Fischer-Tropsch products) of only about 4 h, 
steady-state conditions were reached. In the observed synthesis period of 50 h no 
deactivation of the catalysts was detected. However, industrially relevant experi-
ments over several weeks are still outstanding.

Assuming a reaction order of one concerning hydrogen and a reaction order of 
zero regarding carbon monoxide (according to Post et al.20), the activation energy 
EA and the collision factor k0 can be derived via the Arrhenius relation:
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with km as the catalyst mass (Co)-related rate constant.
Taking the logarithm of Equation 2.1 allows plotting ln(km,CO) against the 

reciprocal temperature (Figure 2.4). In Figure 2.4 the experimental results are 
compared to data of a commercial Co catalyst21 and a precipitated iron material.22 
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The Arrhenius plot (Figure 2.4) shows that literature data are in good agreement 
with values obtained from the nanomaterial catalysts.

The resulting activation energies EA as well as the collision factors km,CO,0 are 
displayed in Table 2.2. The most active material among the nanomaterials is the 
Co/MW catalyst, with the highest values for both kinetic parameters (EA and 
km,CO,0). The lowest activation energy and collision factor, in contrast, is seen with 
the herringbone material.

A direct comparison of the productivities of the Co/nanomaterials and a typ-
ical Co catalyst23 (promoted Co/Ru-alumina catalyst) is presented in Table 2.3. 
Bearing in mind that the nanocatalysts are unpromoted systems and that only a 
simple wetness impregnation technique was employed for catalyst production, 
the obtained activities are quite promising, especially in the case of the Co/MW 
catalyst.

When determining the product selectivities, all compounds of equal carbon 
numbers (paraffines, olefins, isomers, and oxygen compounds) were summarized 
to one product fraction. The chain growth probability was determined by the 
Anderson-Schulz-Flory (ASF) distribution:

Table 2.2
Activation Energy, EA, and Collision Factor, km, of 
Carbon Nanomaterial-Supported Co Catalysts and 
Commercially Used Fischer-Tropsch Catalysts

Catalyst Type
EA

kJ/mol
km,CO,0

m3/(kgCo s)

Co/HB-CNF 103 1.1·106

Co/PL-CNF 140 2.0·1010

Co/MW-CNT 151 5.7·1011

Co catalyst (Yates and Satterfield21) 93 4.7·105

Fe catalyst (Raak22) 112 9.7·106

Table 2.3
Activities of Carbon Nanomaterial-Supported Co Catalysts and of a 
Commercially Used Fischer-Tropsch Catalyst23 at a Reaction Temperature 
of 493 K

Co/HB-CNF Co/PL-CNF Co/MW-CNT
Commercial 
Co Catalyst

Activity in molCO/(gCo s) 6.9·10–6 1.9·10–5 3.2·10–5 5.8·10–5

Relative activity to commercial 
Co catalyst in %

12 33 55 100
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i= −( ) =1 1 	 (2.2)

with the molar fraction xi. Figure 2.5 displays the α-values (chain growth prob-
abilities) obtained from the wax fraction from C30 to C40.

In the diagram, the chain growth probabilities of the Co/PL and the Co/MW 
materials are roughly the same (see also Table 2.4). The Co/HB catalyst exhib-
its the highest selectivity toward higher hydrocarbons, with an α-value of 0.83. 
According to Jager and Espinoza,24 Shell specifies chain growth probabilities for 
“classical” cobalt-based catalysts between 0.78 and 0.82, while for “new” cobalt-
based catalysts the α-value ranges between 0.8 and about 0.93 to 0.94. These val-
ues apply to typical FT reaction temperatures of a maximum of 493 K. However, 
the chain growth probability decreases significantly with rising synthesis tem-
peratures,25 but only a few references exist where Co catalysts are employed at 
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Figure 2.5  Determination of the growth probability (α-value; reaction conditions: T = 
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Table 2.4
Comparison of the C2/C3 Ratio Calculated by the ASF Distribution 
with Measured Data by the Online GC (Reaction Conditions: T = 
513 K, p = 3 MPa, CO/H2 = ½, Vges.= 18.5 l/h (NTP))

Catalyst Type
α-Value 

(Measured)
Ratio C2/C3 

(Calculated, Based on α)
Ratio C2/C3 

(Measured)

Co/HB-CNF 0.83 0.8 0.7

Co/PL-CNF 0.74 0.9 1

Co/MW-CNT 0.73 0.9 1.3
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temperatures above 493 K. Huang et al.,26 for example, observed a drop of the 
α-value from 0.86 to 0.71 within a temperature range of 483 to 523 K (p = 4.5 
MPa, CO/H2 = ½) for an alumina-supported cobalt catalyst from United Catalyst. 
At the specific reaction temperature of 513 K used in this work, a growth prob-
ability of 0.77 was reached. O’Shea et al.27 measured an α-value of 0.7 at 513 K 
when using a silica-supported bimetallic Co/Fe catalyst (Co:Fe = 10:1) at 2 MPa 
(CO/H2 = ½). Thus, the examined nanocatalysts show comparable or, in the case 
of the Co/HB catalyst, even improved selectivities toward higher hydrocarbons 
(high α-value) at a given temperature (513 K).

The molar C2/C3 ratios calculated from the obtained α-values in Figure 2.5 
were also compared with the C2/C3 ratios received from online GC measure-
ments. According to Table 2.4 a good agreement of the measured (online GC) 
and calculated data (α-values) was reached, which confirms the correctness of the 
results shown in Figure 2.5, even in the range of short-chain hydrocarbons.

The methane and the carbon dioxide selectivities as well as the selectivities 
concerning the product fractions C2 to C3 and C4+ with the respective conversion 
degrees and α-values at 513 K are shown in Table 2.5.

As usual, employing Co catalysts leads to only little CO2 formation. However, 
the methane selectivity is quite high compared to modern Co catalysts, where 
a CH4 selectivity of less than 10% is reached at 493 K.23 At this tempera-
ture the nanomaterial catalysts, except for the Co/PL catalyst (9% selectivity), 
exceed this limit already with 11 and 16% for the Co/HB and Co/MW materi-
als, respectively.

2.4  Conclusions and Perspectives

In initial experiments carbon nanomaterial-supported catalysts showed accept-
able activities and comparatively high selectivities toward higher hydrocarbons. 
Nevertheless, the applicability of these new materials in large-scale fixed bed 
reactors is limited due to their powdery appearance. Concerning this challenge 
research has already started, and hopefully carbon nanomaterial pellets will 

Table 2.5
CO Conversion, Selectivities, and α-Values Reached with Carbon 
Nanomaterial Co Catalysts (Reaction Conditions: T = 513 K, p = 3 MPa, 
CO/H2 = ½, V

ges
.= 18.5 l/h (NTP))

Catalyst Type

CO 
Conversion 

%
sCo2

%
sCo4

%
sC –C2 3

%
sC4+

%
α-Value

—

Co/HB-CNF 9.6 1.1 19.2 8.9 70.7 0.83

Co/PL-CNF 26.6 0.2 13.4 19.9 66.5 0.74

Co/MW-CNT 49.2 1.6 15.3 20.0 63.1 0.73
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be available soon. Macro-shaped carbon nanomaterial catalysts might have the 
advantage of diminished pore diffusion limitations compared to conventional 
catalysts due to their meso-/macroporous structure. Another benefit might be the 
extraordinary heat removal capacity, especially of carbon nanotubes, which ren-
der complex cooling devices unnecessary or at least simplify them. Concerning 
fiber/tube functionalization, improvements regarding uniform decomposition of 
the metal are still essential.

Although research on carbon nanomaterials has by far not yet been finished 
and the price of carbon nanomaterials remains high, their unique properties jus-
tify continuing research on these remarkable materials.
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Fischer-Tropsch synthesis (FTS) kinetic parameters, including a water effect 
term, were measured over air calcined 15% Co/SiO2 and 25% Co/SiO2 catalysts. 
Moreover, the sensitivity of Co cluster size to the FTS reaction was studied using 
reduced 15% Co/SiO2 and 25% Co/SiO2 catalysts pretreated by two different cal-
cination methods: the traditional air calcination and a novel calcination with nitric 
oxide. To assess kinetic parameters of FTS over air calcined 15% and 25% Co/
SiO2 (PQ) catalysts, a 1 L continuously stirred tank reactor (CSTR) was utilized. 
This was accomplished by varying hydrogen partial pressure at a constant CO 
partial pressure (0.51 MPa), and then conversely by varying CO partial pressure 
at a constant H2 partial (0.81 MPa) pressure in order to vary the H2/CO ratio from 
1.0 to 2.5 in the temperature range of 205 to 220oC. Two Langmuir Hinshelwood 
CO consumption models and three empirical CO consumption models (including 
or excluding water inhibition) were employed to fit the experimental data. The 
model that provided the best fit was obtained with the expression rCO = kPCO

a

PH2
b/(1 + mPH2O/PH2

), resulting in the parameters k = 0.0187 mol/g-cat/h/MPa0.38 
(220°C), Ea = 85.9 kJ/mol, a = –0.22, b = 0.6, and m = –0.33 for the reduced air 
calcined 15% Co/SiO2 catalyst and k = 0.0381 mol/g-cat/h/MPa0.32 (220°C), Ea = 
93.7 kJ/mol, a = –0.19, b = 0.51, and m = –1.11 for the reduced air calcined 25% 
Co/SiO2 catalyst. Thus, the rate exhibits a positive water effect, and the effect is 
greater for the catalyst with particles small enough to reside in the pore, consistent 
with the proposal that the kinetic effect of water is to displace heavy hydrocarbons 
residing in the pore and, thereby, remove intraparticle transport restrictions. NO 
calcination not only significantly improved catalyst activity of SiO2-supported 
Co catalysts but also increased the formation rate of heavier hydrocarbons by 
suppressing the formation of CH4 and CO2. NO calcination led to a smaller aver-
age Co cluster size for the Co/SiO2 catalyst, but the catalysts exhibited a greater 
sensitivity to deactivation phenomena during FTS, which may be influenced by 
water. Despite a lower extent of reduction of Co oxide species, the NO calcination 
generated smaller Co clusters and increased the active site densities of surface 
Co0 atoms. The catalysts displayed improvements in initial hydrocarbon produc-
tivity rates and product selectivities.

3.1  Introduction

It is well known that water, possessing as high as about 50% of total FTS prod-
ucts, can significantly affect the performance parameters (e.g., CO conversion 
rate, product selectivities, and catalyst deactivation rate) of supported cobalt cata-
lysts. Water co-feeding studies indicate that the support type influences the size 
distribution of Co clusters, as well as their extent of reduction, as determined by 
the strength of the support-cobalt oxide interaction. This, in turn, in large part 
governs the way in which H2O affects catalytic behavior. The Davis group [1–6] 
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and others [7–9] conducted water co-feeding studies and identified that at low vol-
ume percentages of co-fed H2O, where inert balancing gas was replaced by H2O 
to maintain constant reactant partial pressures and space velocity, H2O exerts 
a reversible negative effect on CO consumption rate for Co/Al2O3, and this has 
been suggested to be due to adsorption inhibition. At higher volume percentages 
of co-fed H2O, however, extended x-ray absorption fine structure (EXAFS)/x-ray 
absorption near-edge spectroscopy (XANES) results suggest that a fraction of 
tiny Co crystallites, those influenced by the support, may oxidize to either CoO 
or irreducible cobalt aluminate-like species, depending on the crystallite size (i.e., 
as determined by the Co loading). An empirical kinetic model has proven to be 
reliable in defining the reversible kinetic H2O effect [10]:

	 –rCO = kPCO
a PH2

b/(1 + m PH2 O/ PH2
)	 (3.1)

In the case of Co/Al2O3 catalysts, regression results showed a negative water 
effect on the catalyst, in good agreement with the results from the water co-feed-
ing studies.

There is less agreement regarding the impact of water during FTS over SiO2-
supported cobalt catalysts. Davis et al. [2,12] and Krishnamoorthy et al. [14] per-
formed water co-feeding experiments over 12.4 to 12.7% Co/SiO2 catalysts and 
found that the addition of less than 25% by volume water increased the CO con-
sumption rate, while Minderhoud et al. [15] have reported a negligible impact on 
CO conversion, but rather an increase in the selectivity of heavier hydrocarbons 
in the range 0 to 33% of water over 20% Co/SiO2 catalysts. At least two compet-
ing theories exist to explain the positive water effect: (1) water may be adsorbed 
at reaction conditions to an extent that is sufficient to alter the pore-filling by 
heavier hydrocarbons, thereby removing intraparticle transport restrictions and 
thus enhancing FTS, as proposed by Dalai et al. [5], or (2) water may increase 
the amount of active surface carbon present predominantly as monomeric spe-
cies, as proposed by Bertole et al. [16]. To confirm the water effect resulting by 
changing the support from Al2O3 to SiO2, a kinetic study using the same kinetic 
model described above was conducted to define the water effect on the catalyst 
[12]. Preliminarily kinetic results in our group confirmed the positive water effect 
over a SiO2-supported catalyst. Thus, taking into account the consistency in the 
kinetic model in describing the results from kinetic and water co-feeding studies 
over both (though different) Co/SiO2 and Co/Al2O3 catalysts [10,17], the effective-
ness of the kinetic method for defining the water effect term over different Co/
support systems is demonstrated. In this contribution, we continue to investigate 
the catalyst performance parameters of Co/SiO2 catalysts with different inherent 
properties resulting from differences in pretreatment methods and Co loading. In 
the latter case, the kinetic approach was utilized.

There is mounting evidence to suggest that water effects during FTS may also 
be linked to Co particle size, as determined by the support interaction [18,19], 
even though the turnover frequencies of CO over the surface Co metal atoms on 
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supported Co catalysts have been reported to be quite constant at a given tempera-
ture [20]. Due to the rather weak interaction of SiO2 with Co oxide species, the tra-
ditional impregnation plus air calcination usually led to larger metal particles over 
Co/SiO2 catalysts. Recently, a novel calcination procedure using nitric oxide gas 
was reported to result in smaller cobalt crystallites over silica [19]. With the objec-
tive of investigating the sensitivity of Co particle size to water formed during FTS, 
we employed the traditional air calcination procedure and the new nitric oxide gas 
procedure to prepare both moderately and more heavily loaded supported cobalt 
catalysts, 15% Co/SiO2 and 25% Co/SiO2. The catalytic performance characteris-
tics of the two catalysts have been examined by testing in a 1 L stirred tank slurry 
reactor. Thus, in this chapter, the kinetics of the two air calcined catalysts and the 
sensitivity of the catalysts pretreated by air and nitric oxide are reported. Also, the 
catalysts studied in this chapter have been systematically characterized by hydrogen 
chemisorption/pulse reoxidation and EXAFS/XANES methods. Catalytic reaction 
results are explained quite well in the context of the characterization results, which 
are reported separately in this book.

3.2 E xperimental

3.2.1  Catalyst Preparation

Details of procedures for the preparation of 15% Co/SiO2 and 25% Co/SiO2 cat-
alysts are reported in Chapter 8 [18]. Briefly, a slurry phase method involving 
sequential impregnations (due to the solubility limit of cobalt nitrate) was used to 
load the desired amount of cobalt nitrate to the support. Following cobalt addi-
tion, the catalyst was dried at 80 and 100°C in a rotary evaporator. Finally, cata-
lysts were calcined in either flowing air or flowing 5% nitric oxide in nitrogen at 
a rate of 1 L/min for 4 h at 350°C.

3.2.2  Catalyst Characterization

The 15% Co/SiO2 and 25% Co/SiO2 prepared by either air calcination or nitric oxide 
calcination have been extensively characterized using BET measurements, temper-
ature-programmed reduction, hydrogen chemisorption with pulse reoxidation, and 
EXAFS/XANES, and a detailed description of the characterization techniques is 
reported in Chapter 8 [18]. Reduced catalysts prepared by the nitric oxide calcina-
tion method displayed higher Co active site densities, and Co cluster size decreased 
by Δ13 and Δ 19 nm by employing the nitric oxide calcination over the air calcina-
tion procedure for the 25% Co/SiO2 and 15% Co/SiO2 catalysts, respectively.

3.2.3  Catalyst Pretreatment

The calcined (~10 g) 15% Co or 25% Co supported on SiO2 catalyst was ground 
and sieved to 80 to 325 mesh before loading into a fixed-bed reactor for ex situ 
reduction at 350°C and atmospheric pressure for 10 h using a gas mixture of H2/
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He with the molar ratio of 1:3. The reduced catalyst was then transferred to a 1 
L CSTR under the protection of N2 inert gas, which was previously charged with 
315 g of melted Polywax 3000. The transferred catalyst was further reduced in 
situ at 230°C at atmospheric pressure using pure hydrogen for another 10 h before 
starting the FTS reaction.

3.2.4  Slurry Phase Catalyst Testing

The catalyst was tested in a 1 L CSTR. The kinetic experiment was conducted 
on the air calcined 15% Co/SiO2 and 25% Co/SiO2 catalysts through varying H2 
partial pressure between 1.27 and 0.51 MPa while maintaining a constant CO 
partial pressure of 0.51 MPa, and, conversely, by varying CO partial pressure 
between 0.32 and 0.81 MPa while holding a constant H2 partial pressure of 0.81 
MPa in the temperature range of 205 to 220°C. Throughout the test, total reaction 
pressure was maintained at 2.03 MPa by adjusting the inert gas (N2) flow to give a 
range of 12.5 to 50 vol.%. In total, four ratios of H2/CO (2.5, 2.0, 1.5, and 1.0) and 
four space velocities (20, 10, 5.5, and 3.3 Nl/g-cat/h) were used in the experiment. 
Space velocity was usually changed in a decreasing order for each ratio of H2/
CO. After testing at the four different space velocities for each ratio of H2/CO was 
completed, the reaction conditions were returned to a set of reference conditions 
of 220°C, 2.03 MPa atm, H2/CO = 2.5, and N2% =12.5, 10 Nl/g-cat/h in order to 
measure the extent of deactivation of the catalyst. In general, the reaction period 
for each space velocity was 24 h to ensure that the data point was achieved at close 
to steady state. Total mass closure during the kinetics experiment was 100 ± 3%. 
For testing the sensitivity of the reduced 25% Co/SiO2 and 15% Co/SiO2 catalysts 
prepared by air and nitric oxide calcination methods to deactivation phenomena, 
time on stream data were collected.

3.2.5  Product Analysis

Inlet and outlet gases were analyzed online by a Micro GC equipped with four 
packed columns. The liquid organic and aqueous products were analyzed using 
an HP 5890 GC with capillary column DB-5 and an HP 5790 GC with Porapak 
Q packed column, respectively. The reactor wax withdrawn periodically was ana-
lyzed by a high-temperature HP5890 GC employing an alumina-clad column.

3.3 R esults and Discussion

3.3.1 � Kinetics on Air Calcined 15% Co/
SiO2 and 25% Co/SiO2 Catalysts

The kinetic methodology used by The University of Kentucky Center for Applied 
Energy Research (CAER) for analyzing the kinetic data has been reported else-
where [10,12,17]. Using the same approach, we obtained the kinetic parameters for 
the reduced air calcined 15% Co/SiO2 and 25% Co/SiO2 catalysts (see Table 3.1).
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From Table 3.1, the orders of a and b for partial pressure of CO and H2 in the 
current study (15% Co/SiO2) are –0.22 and 0.6, respectively, which are in agree-
ment with the values of –0.19 and 0.51 on the 25% Co/SiO2 as well as with other 
values reported in literature [21]. This illustrates that the a and b values in this 
study are reasonable, and were not measurably impacted in the Co loading range 
of 15 to 25%. The results are consistent with the assumption that the orders of a 
and b reflect the extent of H2 and CO adsorption based on the nature of the sup-
ported Co catalyst [5]. As discussed, the reaction kinetic rate constant is a func-
tion of the catalyst and can be used to effectively compare catalyst activity. The k 
value at 220°C for the 15% Co/SiO2 catalyst is 0.0187 mol/g-cat/h/MPa0.38, which 
is less than half the value of 0.0381 obtained for the 25% Co/SiO2 catalyst. This is 
also consistent with the fact that higher per gram catalyst activities are observed 
with the more highly loaded Co catalysts. Characterization results [18] indicate 
lower degrees of reduction (~68 vs. ~80%) and smaller average Co cluster sizes 
(~27 vs. ~38 nm) for the reduced air calcined 25% Co/SiO2 catalyst relative to the 
reduced air calcined 15% Co/SiO2 catalyst. This suggests that the higher activity 
of the 25% Co/SiO2 catalyst is due to a particle size effect (i.e., a higher active site 
density of surface Co0).

The activation energies of the 15% Co/SiO2 and 25% Co/SiO2 catalysts were 
calculated to be 85.9 and 93.7 kJ/mol, respectively. These values are in agreement 
with the value of 86 kJ/mol in a study on Co/Zr/SiO2 by Chang et al. [22] and are 
consistent with several studies of Co-based catalysts [23,24].

For the water effect constant, m, negative values are obtained on the two cata-
lysts (Table 3.1), indicating a positive water effect for the Co/SiO2 catalysts in terms 
of the empirical kinetic model. However, the m value of –0.33 for 15% Co/SiO2 
differed significantly from the value of –1.11 obtained for the 25% Co/SiO2 cata-
lyst. This is clearly an indication of a stronger positive water effect on FTS for 
25% Co/SiO2. Considering the two proposed explanations for the water effect, the 
increased sensitivity of the 25% Co/SiO2 is better explained in terms of the ability 
of water to remove intraparticle transport restrictions by displacing heavy hydrocar-
bons residing in the pores. In that case, Co particles residing in the pores should be 
particularly sensitive to this effect. Comparing the two catalysts, despite the higher 
loading, the reduced air calcined 25% Co/SiO2 had an average Co cluster size of ~27 

Table 3.1
Summary of Kinetic Results on the 15% Co/SiO2 and 25% Co/SiO2 Catalystsa

Catalyst

Reaction Order
Activation 
Energy Ea, 

kJ/mol
Water Effect 
Constant m

Reaction Rate Constant
k, mol/g-cat/h/MPa(a+b)a b

15% Co/SiO2 –0.22 0.6 85.9 –0.33 0.0187

25% Co/SiO2 –0.19 0.51 93.7 –1.11 0.0381

a Kinetic model: –rCO = kPCO
aPH2

b/(1 + mPH2O/PH2
).
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nm, making it able to fit well into the pores of the SiO2, which possesses an average 
single-point pore diameter of ~28 nm. On the other hand, the reduced air calcined 
15% Co/SiO2 catalyst was observed to have an average Co cluster size of ~38 nm 
and would, therefore, possess a fraction of very large clusters that must reside exter-
nally to the pore interior, and perhaps even block the pores of SiO2. Therefore, the 
results of the reduced air calcined 25% Co/SiO2 (with the smaller Co particles rela-
tive to the 15% Co/SiO2 catalyst) exhibiting a greater positive kinetic effect of water 
are consistent with the proposal that water can remove transport restrictions caused 
by pore filling from heavy liquid hydrocarbons.

To examine the fitness of the kinetic model CAER used for study of the water 
effect, we conducted model discrimination using the kinetic data of 15% Co/SiO2 
by comparing values of the standard function of mean absolute relative residual 
(MARR), which is simply defined as

	

MARR,% = ×
−

=
∑

100 1

( )/

exp

x x x

N

CO CO CO

i 	 (3.2)

where i represents experiment, xCO  and xCO represent experimental and calcu-
lated CO conversion values, respectively, and Nexp is the number of experiments.

In this study, four other kinetic models with or without water inhibition from 
references [11,13,20,25] plus the CAER model are used to fit the experimental 
results of the 15% Co/SiO2 catalyst. The kinetic parameter values obtained based 
on the same analysis method along with MARR values are listed in Table 3.2.

Clearly, kinetic parameter values varied greatly with the kinetic models. The 
value of the water effect constant, m, generated by the CAER model is –0.33, but 
increased to –0.02 to –0.2 if using kinetic models e–f (Table 3.2). This shows 
that choosing the kinetic model is very important for analyzing the kinetic effect 
of water over supported cobalt catalysts. Among the kinetic models listed in 
Table 3.2, c–e are empirical power law equations, while f and g are Langmuir-
Hinshelwood-Hougen-Watson (LHHW) equations and are derived from carbide 
and enol mechanisms, respectively. Overall, empirical kinetic models are bet-
ter fitted to the experimental data than LHHW models for the cobalt catalyst. 
However, the best fit was obtained with the CAER model since the MARR value, 
17.6, is the smallest among the five numbers.

3.3.2 � Impact of Varying Calcination Procedures on FT 
Performance Parameters over 15% Co/SiO2

A comparison of catalyst activity and selectivities to hydrocarbon and CO2 over 
the reduced air calcined and nitric oxide calcined 15% Co/SiO2 catalysts is shown 
in Figures 3.1 through 3.4 and Table 3.3. Initial CO conversion at an SV of 10 
Nl/g-cat/h over the reduced air calcined sample was 33%, but was significantly 
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Figure 3.1  Change of CO conversion with time on stream on 15% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).

Table 3.2
Summary of Kinetic Parameter Values from Different Kinetic Models(a)

Kinetic Model

Kinetic Parameter

MARR(b) 
%a b Ea, kJ/mol m

k, mol/g-cat/h/
MPa(a+b)

rCO = –kPCO
aPH2

b/(1 + m
PH2 0/ PH2

)(c)
–0.22 0.6 85.9 –0.33 0.0187 17.6

rCO = –kPCO
aPH2

b(d) –0.22 0.6 78.1 N/A 0.0207 20.8

rCO = –kPCO
aPH2

b/(1 + 
mPCO)(e)

–0.22 0.6 78.2 –0.02 0.0192 18.0

rCO = –kPH2
/(1 + m PH2 0 

/PCO/PH2 )
(f)

0 1 70.1 –0.19 0.0228 20.9

rCO = –kPH2 /(1 + m PH2 0 

/PCO)
(g)

0 1 72.1 –0.20 0.0229 21.2

a Catalyst: 15%Co/SiO2.
b Mean absolute relative residual.
c CAER kinetic model.
d–g From references [20], [25], [11], and [13], respectively.
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Figure 3.2  Change of CH4 selectivity with time on stream on 15% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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Figure 3.3  Change of C5+ selectivity with time on stream on 15% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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higher, 60%, for the reduced nitric oxide calcined sample. In order to decrease 
the high deactivation rate observed at high CO conversion levels, we increased 
SV to 20 for the NO calcined sample after 28 h on stream. It can be seen that 
the SV used for the nitric oxide calcined sample is twice that of the air calcined 
sample, and the two catalysts showed similar CO conversion rates before 80 h of 
testing, indicating much higher activity on a per gram catalyst basis for the nitric 
oxide calcined 15% Co/SiO2 catalyst. A summary of CO consumption rates on a 
per gram catalyst basis is shown in Table 3.3 and indicates that in the first 75 h, 
the nitric oxide calcined sample was more active on a per gram catalyst basis than 
the air calcined sample by 77%, but decreased to 48% during 220 h of testing. 
This result, along with the curves in Figure 3.1, reflects faster deactivation for the 
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Figure 3.4  Change of CO2 selectivity with time on stream on 15% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).

Table 3.3
Effect of Calcination on Activity and Selectivity to Hydrocarbon and CO2 
of FTS over 15% Co/SiO2

Calcination

CO Consumption Rate, 
mol/g-cat/h

CH4 
Selectivity, 

mol%

C5+ 
Selectivity, 

mol% CO2 %

0–75 h 0–220 h 0–220 h 0–220 h 0–220 h

Air 0.034 0.0297 11.7 78.9 0.29

Nitric oxide 0.0606 0.044 10.9 79.7 0.19
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nitric oxide calcined sample (2.12%/day vs. 1.35%/day), even though twice the 
space velocity was used as the catalyst. Characterization results (see Chapter 8) 
[18] show that the nitric oxide calcination method resulted in, upon reduction, a 
higher Co active site density (versus the reduced air calcined catalyst) in spite of 
a decrease in the extent of reduction of Co oxide species, due to a smaller average 
cobalt crystallite size obtained (i.e., higher dispersion of metal clusters). This is 
consistent with the higher activity observed for the reduced nitric oxide treated 
sample on a per gram catalyst basis.

The application of the novel NO calcination method in lieu of the air calcina-
tion method not only benefited CO conversion, but also improved selectivities to 
heavier hydrocarbons (Figures 3.2 and 3.3 and Table 3.3). In the first 100 h, the 
nitric oxide method decreased methane selectivity and increased C5+ hydrocar-
bon selectivity by ~4.5%. Because of the faster deactivation of the nitric oxide 
calcined sample due to loss of Co active sites, CH4 increased and C5+ selectivities 
decreased after 100 h. Yet, measuring average values of the two parameters dur-
ing 220 h of testing still showed lower selectivity of CH4 and higher selectivity of 
C5+ for the nitric oxide treated sample (Table 3.3). This might be due to a Co clus-
ter size effect (i.e., small Co particles may enhance the selectivity toward heavy 
hydrocarbons [26]). Both catalysts showed an increasing trend of CH4 selectivity 
with time on stream, but a more rapid increase was observed for the nitric oxide 
treated sample. This may be related to one of a number of factors: (1) cobalt oxide 
formation for the smallest crystallites, (2) the formation of cobalt silicate com-
plexes, (3) carbon formation, or (4) sintering during FTS. The fourth factor may 
be a consequence of higher surface free energies of particles supported on SiO2 
versus Al2O3, since it is well known that even air calcination results in small Co 
particles with the more strongly interacting Co/Al2O3 catalyst.

Figure 3.4 and Table 3.3 show that CO2 selectivity over the 15% Co/SiO2 cata-
lyst is quite low, less than 0.4% regardless of the calcination procedure used, 
indicating a small extent of the water-gas shift (WGS) reaction over the catalysts. 
However, as shown in Table  3.3, a slightly lower average CO2 selectivity was 
observed over the NO calcined 15% Co/SiO2 catalyst compared to the air calcined 
one (0.19 vs. 0.29%), another indication that the NO calcination benefited FTS 
performance.

3.3.3 � Impact of Varying Calcination Procedures on FT 
Performance Parameters over 25% Co/SiO2

The reaction results for the reduced air and nitric oxide calcined 25% Co/SiO2 cat-
alysts are given in Figures 3.5 to 3.8 and Table 3.4. In agreement with the results 
obtained with 15% Co/SiO2, the nitric oxide calcination significantly increases 
catalyst activity on a per gram catalyst basis, as well as promotes heavier hydro-
carbon selectivity. From Table 3.4, using the nitric oxide calcination over the air 
calcination procedure led to an increase in the average CO consumption rate by 
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Figure 3.5  Change of CO conversion with time on stream on 25% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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Figure 3.6  Change of CH4 selectivity with time on stream on 25% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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Figure 3.7  Change of C5+ selectivity with time on stream on 25% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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Figure 3.8  Change of CO2 selectivity with time on stream on 25% Co/SiO2 (220°C, 
2.03 MPa, H2/CO = 2.5, and N2 = 12.5%).
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82.2% in the first 75 h for the 25% Co/SiO2 catalyst, but the increase was reduced 
to 58% by 175 h.

Examining the data for catalysts at SV 20 in Figure 3.5 and beginning near 
30% conversion, a much faster deactivation with the reduced nitric oxide calcined 
25% Co/SiO2 was observed (~5.7%/day in Figure  3.5) in comparison with the 
reduced 25% Co/SiO2 air calcined catalyst (~1.7%/day). Also, a faster deactivation 
was observed with the reduced 25% Co/SiO2 nitric oxide calcined catalyst (again, 
~5.7%/day) relative to the reduced 15% Co/SiO2 nitric oxide calcined catalyst 
(~2.1%/day). These results could signify a higher sensitivity of water for smaller 
cobalt particles. Recall that smaller Co particles were measured with the reduced 
25% Co/SiO2 nitric oxide calcined catalyst (~5.7%/day, ~14 nm) relative to the 
reduced 25% Co/SiO2 air calcined catalyst (~1.7%/day, ~27 nm); also, smaller Co 
particles were formed over the reduced 25% Co/SiO2 nitric oxide calcined cata-
lyst (again, ~5.7%/day, ~14 nm) relative to the reduced nitric oxide calcined 15% 
Co/SiO2 catalyst (~2.1%/day, ~19 nm).

Comparing the effect of cobalt loading on activity and selectivity of FTS leads 
to other meaningful results. From Figures 3.1 through 3.8 and Tables 3.3 and 3.4, 
the higher Co loading catalysts produce less CH4 and CO2 and higher selectivity 
to C5+ hydrocarbons. The methane selectivity on the 25% Co catalyst was 8.6 to 
9.6%, which increased to 11 to 11.7% on the 15% Co sample, while C5+ decreased 
from 83% to 80%, regardless of the calcination procedures employed. For the CO2 
selectivity, we obtained 0.15 to 0.19% over the 25% Co catalyst, but it increased 
to 0.19 to 0.28% on the 15% Co catalyst. As discussed, Co particle size may affect 
product selectivity, with smaller Co particles inhibiting methane and CO2 forma-
tion. This is evidenced by our correlations of CH4, CO2, and C5+ selectivities with 
Co cluster size, as shown in Figure 3.9a–c. There is an outlier point for selectivity 
of CH4 and C5+ at Co cluster size of 19 nm in Figure 3.9a and c, which is corre-
lated with the NO calcined 15% Co/SiO2 catalyst. The outlier may be a result of 
the fast deactivation of the catalyst. Nevertheless, the general trends reported are 
retained.

Table 3.4
Effect of Calcination on Activity and Selectivity to Hydrocarbon and CO2 
of FTS over 25% Co/SiO2

Calcination

CO Consumption Rate, 
mol/g-cat/h

CH4 
Selectivity, 

mol%

C5+ 
Selectivity, 

mol% CO2 %

0–75 h 0–175 h 0–175 h 0–175 h 0–175 h
Air 0.073 0.0619 9.81 82.6 0.19

Nitric oxide 0.133 0.0976 8.6 83.6 0.15



Effect of a Novel Nitric Oxide Calcination	 45

3.4  Conclusions

The regression of kinetic parameters was conducted on experimental data 
obtained using a 1 L slurry reactor over reduced air calcined 15% Co/SiO2 and 
25% Co/SiO2 catalysts. The model that provided the best fit was rCO = kPCO

a

PH2
b/(1 + mPH2 O/PH2

) with parameter values of k = 0.0187 mol/g-cat/h/MPa0.38 
(220°C), Ea = 85.9 kJ/mol, a = –0.22, b = 0.6, and m = –0.33 on the 15% Co/
SiO2, and of k = 0.0381 mol/g-cat/h/MPa0.32 (220°C), Ea = 93.7 kJ/mol, a = –0.19, 
b = 0.51, and m = –1.11 on the 25% Co/SiO2. Thus, the rate exhibits a positive 
water effect. Comparison of the kinetic results between the two air calcined Co 
catalysts suggests that the smaller Co particles (~27 nm) residing inside the SiO2 
pores (~28 nm diameter) on the reduced air calcined 25% Co/SiO2 catalyst are 
more sensitive to the kinetic effect of water in the SiO2-supported catalyst sys-
tem than the larger Co particles (~38 nm) found on the reduced air calcined 15% 
Co/SiO2 catalyst, which possess a greater fraction external to the SiO2 pores. 
Consistent with these findings, the water effect may be explained by the ability of 
water to displace heavy hydrocarbons from the pore, thereby removing intrapar-
ticle transport restrictions.

The nitric oxide calcination significantly improved catalyst activity on a per 
gram catalyst basis, as well as heavier hydrocarbon selectivity. This is ascribed 
to the ability of the nitric oxide treatment to (1) prevent the rapid decomposition 
of the cobalt nitrate precursor and (2) act as an oxygen scavenger, thus limiting 
agglomeration and resulting in a smaller average Co particle size upon reduc-
tion. Catalysts with smaller Co particles, and especially those produced by the 
nitric oxide calcination method, were found to be more sensitive to deactivation 
phenomena during FTS, and water may influence this behavior. Nevertheless, 
the nitric oxide treatment is a very useful procedure to increase the productivity 
toward heavier hydrocarbons during FTS over Co/SiO2. Further studies should 
focus on improving the stability of these catalysts.
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Figure 3.9  Effect of Co particle size on selectivities to (a) CH4, (b) CO2, and (c) C5+ 
on SiO2-supported Co catalysts (220°C, 2.03 MPa, H2/CO = 2.5, 10–20 Nl/g-cat/h, and 
N2 = 12.5%).



46	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Acknowledgments

This work was supported by NASA Contract NNX07AB93A and the 
Commonwealth of Kentucky.

References

	 1.	 Jacobs, G., Chaney, J.A., Patterson, P.M., Das, T.K., Maillot, J. C., and Davis, B.H. 
2004. Fischer-Tropsch synthesis: Study of the promotion of Pt on the reduction prop-
erty of Co/Al2O3 catalysts by in situ EXAFS of Co K and Pt LIII edges and XPS. J. 
Synch. Rad. 11:414–22.

	 2.	 Li, J.L., Jacobs, G., Das, T.K., Zhang, Y.Q., and Davis, B.H. 2002. Fischer-Tropsch 
synthesis: Effect of water on the catalytic properties of a Co/SiO2 catalyst. Appl. 
Catal. 236:67–76.

	 3.	 Li, J.L., Jacobs, G., Das, T.K., and Davis, B.H. 2002. Fischer-Tropsch synthesis: 
Effect of water on the catalytic properties of a ruthenium promoted Co/TiO2 catalyst. 
Appl. Catal. 233:255–62.

	 4.	 Li, J.L., Zhan, X.D., Zhang, Y.Q., Jacobs, G., Das, T.K., and Davis, B.H. 2002. 
Fischer-Tropsch synthesis: Effect of water on the deactivation of Pt promoted Co/
Al2O3 catalysts. Appl. Catal. 228:203–12.

	 5.	 Dalai, A.K., Das, T.K., Chaudhari, K.V., Jacobs, G., and Davis, B. H. 2005. Fischer-
Tropsch synthesis: Water effects on Co supported on narrow and wide-pore silica. 
Appl. Catal. 289:135–42.

	 6.	 Jacobs, G., Das, T.K., Patterson, P.M., Li, J.L., Sanchez, L., and Davis, B.H. 
2003. Fischer-Tropsch synthesis XAFS: XAFS studies of the effect of water on a 
Pt-promoted Co/Al2O3 catalyst. Appl. Catal. 247:335–43.

	 7.	 Vada, S., Hoff, A., Ådnane, E., Schanke, D., and Holmen, A. 1995. Fischer-Tropsch 
synthesis on supported cobalt catalysts promoted by platinum and rhenium. Topics 
Catal. 2:155–62.

	 8.	 Claeys, M., and van Steen, E. 2002. On the effect of water during Fischer-Tropsch 
synthesis with a ruthenium catalyst. Catal. Today 71:419–27.

	 9.	 Schulz, H., Claeys, M., and Harms, S. 1997. Effect of water partial pressure on 
steady state Fischer-Tropsch activity and selectivity of a promoted cobalt catalyst. 
Stud. Surf. Sci. Catal. 107:193–200.

	 10.	 Das, T.K., Zhan, X.D., Li, J.L., Jacobs, G., Dry, M.E., and Davis, B.H. 2007. Fischer-
Tropsch synthesis: Kinetics and effect of water for a Co/Al2O3 catalyst. Stud. Surf. 
Sci. Catal. 163:289–314.

	 11.	 Huff, G. A., Jr., and Satterfield, C. N. 1984. Intrinsic kinetics of the Fischer-Tropsch 
synthesis on a reduced fused-magnetite catalyst. Ind. Eng. Chem. Process Des. Dev. 
23:696–705.

	 12.	 Das, T. K., Conner, W.A., Li, J.L., Jacobs, G., Dry, M.E., and Davis, B.H. 2005. 
Fischer-Tropsch synthesis: Kinetics and effect of water for a Co/SiO2 catalyst. 
Energy & Fuels 19:1430–39.

	 13.	 Nettelhoff, H., Kokuun, R., Ledakpwicz, S., and Deckwer, W.D. 1985. Studies on the 
kinetics of Fischer-Tropsch synthesis in slurry phase. Ger. Chem. Eng. 8:177–85.

	 14.	 Krishnamoorthy, S., Tu, M., Ojeda, M. P., Pinna, D., and Iglesia, E. 2002. An investi-
gation of the effects of water on rate and selectivity for the Fischer-Tropsch synthesis 
on cobalt-based catalysts. J. Catal. 211:422–33.

	 15.	 Minderhoud, J.K., Post, M.F.M., Sie, S.T., and Sudholter, E.J.R. 1986. U.S. 
Patent 4628133.



Effect of a Novel Nitric Oxide Calcination	 47

	 16.	 Bertole, C.J., Mims, C.A., and Kiss, G. 2002. The effect of water on the cobalt-
catalyzed Fischer–Tropsch synthesis. J. Catal. 210:84–96.

	 17.	 Ma, W.P., Jacobs, G., Sparks, D.E., Spicer, R.L., Graham, U.M., and Davis, B. H. 
2008. Comparison of the kinetics of the Fischer-Tropsch synthesis reaction between 
structured alumina supported cobalt catalysts with different pore size. Prepr. Am. 
Chem. Soc. Div. Petro. Chem. 53:99–102. (see Chapter 8 of this book.)

	 18.	 Jacobs, G., Ma, W.P., Ji, Y.Y., Khalid, S., and Davis, B.H. 2008. Characterization of 
CO/silica catalysts prepared by a novel NO calcination method. Prepr. Am. Chem. 
Soc. Div. Petro. Chem. 53:78–83.

	 19.	 Sietsma, J.R.A., van Dillen, A.J., de Jongh, P.E., and de Jong, K.P. 2008. PCT 
International Application WO 2008029177.

	 20.	 Iglesia, E. 1997. Design, synthesis, and use of cobalt-based Fischer-Tropsch synthe-
sis catalysts. Appl. Catal. 161:59–78.

	 21.	 Zennaro, R., Tagliabue, M., and Bartholomew, C. 2000. Kinetics of Fischer-Tropsch 
synthesis on titania-supported cobalt. Catal. Today 58:309–19.

	 22.	 Chang, J., Teng, B.T., Bai, L., Chen, J.G., Zhang, R.L., Xu, Y.Y., Xiang, H.W., Li, 
Y.W., and Sun, Y.H. 2005. Detailed kinetic study of Fischer-Tropsch synthesis on 
Co/ZrO2/SiO2 catalyst. II. Construction and regression of kinetic models. Cuihua 
Xuebao 26:859–68.

	 23.	 Withers, H.P., Eliezer, K.F., and Mitchell, J.W. 1990. Slurry-phase Fischer-Tropsch 
synthesis and kinetic studies over supported cobalt carbonyl derived catalysts. Ind. 
Eng. Chem. Res. 29:1807–14.

	 24.	 Li, C., Cao, F.H., Ying, W.W., and Fang, D.Y. 2006. Intrinsic kinetics of ZrO2 modi-
fied Co-Ru/γ-Al2O3 catalyst for F-T synthesis. Huadong Ligong Daxue Xuebao 
Ziran Kexueban 32:1253–57.

	 25.	 Iglesia, E., Reyes, S.C., and Soled, S.L. 1993. Computer-aided design of catalysts, 
ed. R.E. Becker and C.J Pereira. New York: Marcel Dekker.

	 26.	 McDonald, M.A., Storm, D.A., and Boudart, M. 1986. Hydrocarbon synthesis from 
carbon monoxide-hydrogen on supported iron: Effect of particle size and intersti-
tials. J. Catal. 102:386–400.





49

4 The Formation and 
Influence of Carbon 
on Cobalt-Based 
Fischer-Tropsch 
Synthesis Catalysts
An Integrated Review

Denzil J. Moodley, Jan van de Loosdrecht, 
Abdool M. Saib, and Hans J. W. Niemantsverdriet

Contents

4.1	 Introduction and Scope............................................................................... 50
4.1.1	 Oxidation of Active Phase and Support Compound 

Formation........................................................................................ 51
4.1.2	 Poisoning by Contaminants in the Synthesis Gas Feed................. 51
4.1.3	 Sintering of the Cobalt Active Phase.............................................. 51
4.1.4	 Cobalt Reconstruction.................................................................... 52
4.1.5	 Fouling by Product Wax and Deposition of Carbon...................... 52

4.2	 Formation of Carbon Deposits on Cobalt Catalysts during FTS and 
Implications for Activity............................................................................. 52

4.3	 Classification of Carbon Types on Cobalt FTS Catalysts........................... 54
4.4	 Factors That Generally Influence Carbon Deposition on Catalysts for 

CO Hydrogenation...................................................................................... 56
4.4.1	 Temperature and Pressure.............................................................. 56
4.4.2	 Size and Crystallographic Nature of Metal Surface....................... 58
4.4.3	 Surface Coverage of Carbon........................................................... 58
4.4.4	 Nature of Gas Feed......................................................................... 59

4.5	 Studies Involving Carbon Formation on Cobalt Catalysts......................... 60
4.5.1	 Studies on Model Cobalt Systems at Model FT Conditions 

(CO + Syngas)................................................................................. 60
4.5.2	 Studies on Supported Catalysts at More Realistic Conditions....... 62

4.6	 Bulk Carbide Formation in the FTS?......................................................... 67



50	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Cobalt-based Fischer-Tropsch synthesis (FTS) catalysts are the systems of choice 
for use in gas-to-liquid (GTL) processes. As with most catalysts, cobalt systems 
gradually lose their activity with increasing time on stream. There are various 
mechanisms that have been proposed for the deactivation of cobalt-based cata-
lysts during realistic FTS conditions. These include poisoning, sintering, oxida-
tion, metal support compound formation, restructuring of the active phase, and 
carbon deposition. Most of the recent research activities on cobalt catalyst deac-
tivation during the FTS have focused on loss of catalyst activity due to oxidation 
of the metal and support compound formation. Relatively few recent studies have 
been conducted on the topic of carbon deposition on cobalt-based FTS catalysts. 
The purpose of this review is to integrate the existing open and patent literature 
with some of our own work on the topic of carbon deposition to provide a clearer 
understanding on the role of carbon as a deactivation mechanism.

4.1  Introduction and Scope

The Fischer-Tropsch synthesis is a process that converts synthesis gas into mix-
tures of higher molecular weight hydrocarbons.1 The FTS is at the heart of the 
GTL process, which converts natural gas to “clean” synfuels.2 This approach is 
attractive due to rising oil prices and the need to comply with more stringent leg-
islation on the quality of liquid fuels.3

The two catalytically active metals for FTS that are used in industry are iron 
(fused or precipitated) and cobalt (supported). Iron catalysts display higher water 
gas shift activities (CO + H2O → CO2 + H2) and are more suitable for use with coal- 
and biomass-derived synthesis gas feeds, which have lower hydrogen content.4 
Cobalt catalysts exhibit high per pass activities, have low water gas shift activity, 
which leads to improved carbon utilization, and are suitable for use on synthesis gas 
produced via reforming of natural gas.5 Cobalt FTS catalysts yield mainly straight-
chain hydrocarbons. Since cobalt is much more expensive than iron, dispersing the 
ideal concentration and size of metal nanoparticles onto a support can help reduce 
catalyst costs while maximizing activity and durability. However, as with almost 
all catalysts, cobalt FTS catalysts gradually deactivate with time on stream.

Various mechanisms have been proposed for the deactivation of cobalt-based 
catalysts during realistic FTS conditions. These include the following.
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4.1.1  Oxidation of Active Phase and Support Compound Formation

The oxidation of cobalt metal to inactive cobalt oxide by product water has 
long been postulated to be a major cause of deactivation of supported cobalt 
FTS catalysts.6–10 Recent work has shown that the oxidation of cobalt metal to 
the inactive cobalt oxide phase can be prevented by the correct tailoring of the 
ratio PH2 O/PH2

 and the cobalt crystallite size.11 Using a combination of model 
systems, industrial catalyst, and thermodynamic calculations, it was concluded 
that Co crystallites > 6 nm will not undergo any oxidation during realistic 
FTS, i.e., PH2O/PH2

 = 1–1.5.11–14 Deactivation may also result from the forma-
tion of inactive cobalt support compounds (e.g., aluminate). Cobalt aluminate 
formation, which likely proceeds via the reaction of CoO with the support, 
is thermodynamically favorable but kinetically restricted under typical FTS 
conditions.6

4.1.2  Poisoning by Contaminants in the Synthesis Gas Feed

One of the causes of deactivation is the strong chemisorption of poisons on 
the metallic cobalt phase. According to Bartholomew,15 poisons may (1) block 
active sites for the reaction, (2) electronically modify the metals nearest neigh-
bor, affecting chemisorption and dissociation of CO, and (3) cause reconstruc-
tion of the catalyst surface, resulting in a more stable configuration. Sulfur,16 
halides, and NH3/HCN17–20 are generally the major poisons for cobalt catalysts 
during FTS. Poisoning is synthesis gas feed related and can therefore be mini-
mized through synthesis gas purification steps; for example: (1) ZnO guard beds 
reduce sulfur levels significantly21 and (2) a synthesis gas washing step with 
an aqueous solution of alkaline ferrous sulfate promotes the absorption of the 
above-mentioned impurities.22

4.1.3  Sintering of the Cobalt Active Phase

To prepare a good catalyst in terms of activity and cost, cobalt nanoparticles have 
to be well dispersed on a support that typically consists of alumina, silica, or tita-
nia. Small metal particles have a high surface free energy and tend to minimize 
this by either changing shape or agglomerating together (sintering). Sintering 
results in deactivation via the loss of catalytic surface area and has previously 
been reported during FTS on cobalt catalysts.8,23,24 Sintering may occur via 
crystallite migration and coalescence or by atom migration/Oswald ripening.15 
The Hüttig temperature of cobalt, at which atoms at defects become mobile, is 
253°C,25 close to temperatures employed for realistic FTS conditions, support-
ing the above evidence for sintering. It should also be noted that sintering of the 
active phase may be facilitated by reaction water15 and the formation of mobile 
subcarbonyl species.26
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4.1.4  Cobalt Reconstruction

It has been observed that cobalt may undergo large-scale reconstruction under a 
synthesis gas environment.27 Reconstruction is a thermodynamically driven pro-
cess that results in the stabilization of less reactive surfaces. Recent molecular 
modeling calculations have shown that atomic carbon can induce the clock recon-
struction of an fcc cobalt (100) surface.28 It has also been postulated and shown 
with in situ x-ray adsorption spectroscopy (XAS) on cobalt supported on carbon 
nanofibers that small particles (<6 nm) undergo a reconstruction during FTS that 
can result in decreased activity.29

4.1.5  Fouling by Product Wax and Deposition of Carbon

Although the FTS is considered a carbon in-sensitive reaction,30 deactivation of 
the cobalt active phase by carbon deposition during FTS has been widely pos-
tulated.31–38 This mechanism, however, is hard to prove during realistic synthe-
sis conditions due to the presence of heavy hydrocarbon wax product and the 
potential spillover and buildup of inert carbon on the catalyst support. Also, stud-
ies on supported cobalt catalysts have been conducted that suggest deactivation 
by pore plugging of narrow catalyst pores by the heavy (>C40) wax product.39,40 
Very often, regeneration treatments that remove these carbonaceous phases from 
the catalyst result in reactivation of the catalyst.32 Many of the companies with 
experience in cobalt-based FTS research report that these catalysts are negatively 
influenced by carbon (Table 4.1).

The purpose of this review is to integrate the literature on this topic, along 
with some of the work we have performed, to provide a clearer understanding on 
the role of carbon as a deactivation mechanism. The minimization of carbon by 
promotion, regeneration of catalysts, and some selectivity implications will also 
be briefly discussed.

4.2 � Formation of Carbon Deposits on 
Cobalt Catalysts during FTS and 
Implications for Activity

Carbonaceous species on metal surfaces can be formed as a result of interaction 
of metals with carbon monoxide or hydrocarbons. In the FTS, where CO and H2 
are converted to various hydrocarbons, it is generally accepted that an elementary 
step in the reaction is the dissociation of CO to form surface carbidic carbon and 
oxygen.1 The latter is removed from the surface through the formation of gaseous 
H2O and CO2 (mostly in the case of Fe catalysts). The surface carbon, if it remains 
in its carbidic form, is an intermediate in the FTS and can be hydrogenated to 
form hydrocarbons. However, the surface carbidic carbon may also be converted 
to other less reactive forms of carbon, which may build up over time and influence 
the activity of the catalyst.15
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There are a number of ways that carbon may interact with a cobalt catalyst to 
affect its performance during FTS:

	 1.	Carbon deposits or heavy hydrocarbons (>C100) may block the catalyst 
pores causing diffusion problems.39

	 2.	Carbon may adsorb on the metal surface irreversibly, therefore acting as 
a poison.35 This irreversibly bonded carbon could also affect the adsorp-
tion and dissociation of neighboring species such as CO.

	 3.	Carbon could also go subsurface and play a role in electronic inhibition 
of activity by affecting the adsorption and dissociation of CO.41

	 4.	Carbon may bind to a metal surface and induce a surface reconstruc-
tion whereby a more active metal plane is transformed to one with a 
lower activity.28

	 5.	At higher temperatures, out of the typical FT regime, carbon could 
encapsulate the active metal, thereby blocking access to reactants. In 
extreme cases carbon filaments can also be formed that can result in the 
breakup of catalyst particles.42

Table 4.1
Carbon Deactivation Postulated for Industrial Cobalt Catalysts

Company Catalyst
Typical 

Conditions Comments Ref.

BP Co/ZnO 218ºC, 29 bar, 
H2/CO = 2

Deactivation due to the formation of 
small amounts of inert carbon 
species on the cobalt active phase; 
regeneration required to maintain 
activity

35

Conoco-
Phillips

Co/Al2O3 225ºC, 24 bar, 
H2/CO = 2

Regeneration process by steam 
needed due to coking of the catalyst 
caused by high support acidity or 
high temperatures in particles 
resulting from high initial 
conversions

38

ExxonMobil Co/TiO2 225ºC, 20 bar, 
H2/CO = 2

Regeneration process that is 
necessary due to the deposition of 
carbon or coke on catalyst

36

Shell Co/Zr/SiO2 220ºC, 25 bar, 
H2/CO = 2

Regeneration process needed to 
remove heavy products and 
carbonaceous deposits that diminish 
activity

37

Syntroleum Co/Al2O3 220ºC, 20 bar, 
H2/CO = 2

Accumulation of unreactive 
polymeric carbon with time on 
stream resulting in deactivation

34
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4.3 � Classification of Carbon Types 
on Cobalt FTS Catalysts

Figure 4.1 summarizes the different routes that can potentially lead to carbon 
deposition during FTS: (a) CO dissociation occurs on cobalt to form an adsorbed 
atomic carbon, which is also referred to as surface carbide, which can further 
react to produce the FT intermediates and products. The adsorbed atomic carbon 
may also form bulk carbide or a polymeric type of carbon. Carbon deposition may 
also result (b) from the Boudouard reaction and (c) due to further reaction and 
dehydrogenation of the FTS product (what is commonly called coke), a reaction 
that should be limited at typical FT reaction conditions. Carbon formed on the 
surface of cobalt can also spill over or migrate to the support. This is reported to 
readily occur on Co/Al2O3 catalysts.43 The chemical nature of the carbonaceous 
deposits during FTS will depend on the conditions of temperature and pressure, 
the age of the catalyst, the chemical nature of the feed, and the products formed.

It would be fitting at this stage to define in detail the various carbon species 
for this review, as often different terms are used in the literature. A representation 
of the various carbon species is shown in Figure 4.2. Surface carbide or atomic 
carbon can be defined as isolated carbon atoms with only carbon-metal bonds, 
resulting from CO dissociation or disproportionation, the latter of which is not 
favored on cobalt at normal FTS conditions. Recent theoretical and experimen-
tal work has indicated that the CO dissociation is preferred at the step sites, so 
absorbed surface carbide is expected to be located near these sites.44–46

CO Cads + Oads

C-C-CCHx Subsurface
carbon

Polymeric carbon,
GraphiteCo2C

Bulk carbide

H-containing
polymeric carbon

FT intermediates
and products (wax)

Hydrocarbons > C100

(b) 2CO 

(a)

CO2 + C Boudouard carbon

(     )y
2

– 2Cx–1 +                     H2 + CH4 “coke” (c) CxHy

Figure 4.1  Possible modes of carbon formation during FTS on cobalt catalysts.
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CHx and hydrocarbon wax are, respectively, the active intermediates formed 
by the hydrogenation of surface carbide and products of FTS formed by chain 
growth and hydrogenation of CHx intermediates. The hydrocarbon wax can con-
tain molecules with the number of carbon atoms in excess of 100. Bulk carbide 
refers to a crystalline CoxC structure formed by the diffusion of carbon into bulk 
metal. Subsurface carbon may be a precursor to these bulk species and is formed 
when surface carbon diffuses into an octahedral position under the first surface 
layer of cobalt atoms.

(b)(a)

(c) (d)

(e) (f)

(d)

Figure  4.2  Representation of different carbon types on cobalt. (a) Atomic carbon/
surface carbide in a threefold hollow site. (b) CHx species located in threefold hollow 
sites. (c) Subsurface carbon lying in octahedral positions below the first layer of cobalt. (d) 
Cobalt carbide (Co2C) with an orthorhombic structure. (e) Polymeric carbon on a cobalt 
surface. (f) A sheet of graphene lying on a cobalt surface. The darker spheres represent 
carbon atoms in all the figures.
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Polymeric carbon refers to chains of carbon monomers (surface carbide) that 
are connected by covalent bonds. It has been shown recently47 that the barrier for 
C–C coupling on flat surfaces (1.22 eV) is half that for a step site (2.43 eV), and 
may indicate that the growth of these polymeric species is favored on terraces. 
Polymeric carbon may also refer to carbon chains that contain hydrogen. In the 
case of CO hydrogenation on ruthenium catalysts, polymeric carbon has been 
identified as a less reactive carbon that forms from polymerization of CHx and 
has an alkyl group structure.48

Graphene is a single layer of carbon atoms densely packed into a benzene-ring 
structure and may be considered a precursor to graphite. In graphite each car-
bon atom is covalently bonded to three other surrounding carbon atoms. The flat 
sheets of carbon atoms are bonded into hexagonal structures, which are layered. 
These graphitic species (or free carbon, as they are often called) have strong car-
bon–carbon bonds and weaker bonds to the metal surface. The Boudouard reac-
tion (2CO → C + CO2) at FTS temperatures (around 230°C) has been reported on 
cobalt catalysts and also results in the deposition of atomic carbon and its trans-
formation to polymeric or graphitic forms of carbon on the surface.49 Typically 
at high temperature Boudouard carbon can diffuse in cobalt to form metastable 
bulk carbide species.50 The decomposition of the bulk carbide results in the for-
mation of filaments and other forms of carbon on the surface. Filaments consist 
of stacked cone-segment (frustum)-shaped graphite basal plane sheets, grow with 
a catalyst particle at their tip and, as can be expected, lead to the breakup of 
the catalyst.50 Another graphitic nanomaterial produced by carbon deposition is 
encapsulated metal nanoparticles.50 These are roughly spherical formations, con-
sisting of catalyst particles surrounded by graphitic carbon.

These different types of carbon tend to have different reactivities toward 
gases such as hydrogen, oxygen, or steam. Hence, a relatively simple technique 
such as temperature-programmed hydrogenation or oxidation can be used to clas-
sify them. Table 4.2 summarizes different reactivities of carbon species toward 
hydrogen.

4.4 � Factors That Generally Influence Carbon 
Deposition on Catalysts for CO Hydrogenation

4.4.1  Temperature and Pressure

Temperature plays an important role in determining the amount and type of the 
carbon deposit. Generally during FTS at higher temperatures the amount of car-
bon deposited will tend to increase,30,31 but the case is often not so straightfor-
ward. An example of temperature dependence on the rate of carbon deposition 
and deactivation is the case of nickel CO hydrogenation catalysts, as studied by 
Bartholomew.56 At temperatures below 325ºC the rate of surface carbidic carbon 
removal by hydrogenation exceeds that of its formation, so no carbon is depos-
ited. However, above 325ºC, surface carbidic carbon accumulates on the surface 



The Formation and Influence of Carbon	 57

since the rate of surface carbidic carbon formation is greater and exceeds that 
of its hydrogenation. As surface carbidic carbon accumulates (at 325–400ºC), 
it is converted to a polymeric type of carbon that deactivates the nickel catalyst; 
however, above 425ºC the rate of polymeric carbon hydrogenation exceeds that of 
formation and no deactivation occurs.

Higher temperatures will also aid in the transformation of surface carbon 
species into more stable species that will have decreased reactivity toward 
H2. Nakamura et al.49 showed that at 230ºC, carburization of a Co/Al2O3 cat-
alyst by CO results in formation of mainly carbidic carbon. Such carbidic 
carbon converts to graphitic carbon if the temperature is raised to around 
430°C.49 Increasing the exposure time to CO will also result in the formation 
of more stable carbon species.57 If the catalyst is exposed to a too high tem-
perature during FTS, undesired carbonaceous phases will be formed, which 
may damage the structural integrity of the catalyst (for example, carbon fibers 
or filaments).

Carbon deposition is a strong function of partial pressures of CO and H2 in the 
gas phase. Rostrup-Nielsen showed that the amount of carbon deposited on the 
catalyst uniformly increases with the combined hydrogen and carbon monoxide 
pressure.58 Moeller and Bartholomew59 showed that the amount of carbon depos-
ited on Ni catalysts was proportional to the partial pressure of CO. However, 
greater conversion at higher temperatures results in a corresponding decrease in 
PCO and PH2

, and may therefore lead to smaller amounts of carbon on the cata-
lyst.60 Higher conversions also lead to high water partial pressures, which can also 

Table 4.2
Examples of Various Carbon Species on Cobalt FTS Catalysts along with 
Their Hydrogenation Temperatures

Carbon Species Catalyst

Reaction Conditions in Study

Thyd (°C) Ref.
Temp. 
(°C)

H2/ 
CO 

Pressure 
(bar)

CHx fragments Co (0001) 220 1 1 <100 51,52

Surface carbide Co/Al2O3 250 CO onlya 1 180–200 31

Bulk carbide Na-Co/Al2O3 240 2 50 <250 53

Hydrocarbons, paraffinic 
wax

Co/Al2O3 225 2 24 250–350 34

Polymeric carbonb Co/Al2O3 225 2 24 >350 31,34

Graphite or graphene Co/SiO2 200 2 1 >620 54,55

a Surface carbide can be a product of both CO dissociation and disproportionation and can be formed 
from a mixture of H2/CO as well.

b Polymeric carbon includes both carbon with only C–C bonds and hydrogen containing polymeric 
species.
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influence carbon deposition, for example, by gasification of carbon or enhanced 
desorption of deleterious carbon/coke precursors. According to Dry, the forma-
tion rate of Boudouard carbon is a function of pressure for Fe catalysts.61 He 
showed that at higher total pressure and lower PH2

/(PCO)2 ratio, the rate of carbon 
formation decreased.

4.4.2  Size and Crystallographic Nature of Metal Surface

Two studies31,58 have suggested that carbon deposition rates are greater on smaller 
metal particles. This is most likely due to the presence of a higher concentration 
of defects on the small particles, which is known to enhance CO dissociation. 
Furthermore, in the case of Co/Al2O3 catalysts it was found that carbon formation 
rate and subsequent deactivation were higher for smaller cobalt particles.31 The 
dissociation of adsorbed CO on a cobalt catalyst is also sensitive to the crystal-
lographic structure of the surface, and it is known that dissociation of CO occurs 
readily on more open surfaces. The dissociation of COads and formation of surface 
carbidic carbon occurs preferentially on Co (1012) and (1120) than on Co (0001) 
and (1010) planes.57,62 It is argued that CO adsorption at step sites (which are 
widely available on high index surfaces) weakens the C–O bond, which enables 
dissociation at lower temperatures. However, the carbon formed at these highly 
reactive cobalt sites may have enhanced stability (i.e., be strongly bound), and 
therefore may act as a poison. Hence, the optimum cobalt site is one that dissoci-
ates CO rapidly without leading to irreversible bonding of carbon.

4.4.3  Surface Coverage of Carbon

As the surface coverage of carbon increases, the deposited carbon becomes less 
reactive, as suggested by Koerts.52 Using temperature-programmed hydrogena-
tion, he showed that the formation of reactive surface carbidic carbon decreased 
from 70% to 10% as the surface coverage of carbon was increased toward 100%. 
Agrawal et al.33 showed on Co/Al2O3 that greater CO concentrations resulting in 
an increased surface carbon concentration led to more rapid bulk carburization 
and rapid deactivation. Hence, the balance between dissociation and hydrogena-
tion (i.e., the production and removal of carbon) must be maintained.

Molecular modeling work performed by Sasol researchers on fcc cobalt (100) 
shows that increased coverage of 50% atomic carbon will induce a clock type 
reconstruction (Figure  4.3) similar to that observed for the classic case of Ni 
(100).28 The adsorption energy of the carbon is stabilized by 15 kJ/mol compared 
to the unreconstructed surface, resulting in a more stable surface.28 The recon-
struction results in a shorter distance between the carbon and cobalt but also 
an increase in coordination of the cobalt atoms and, thus, fewer broken bonds. 
The barrier for the carbon-induced clock reconstruction was found to be very 
small (1 kJ/mol), which suggested that the process is not kinetically hindered. The 
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atomic carbon may be hydrogenated in several bars of hydrogen that exist at FT 
conditions and the reconstruction can be lifted.

4.4.4  Nature of Gas Feed

The presence of a high concentration of H2, i.e., high H2/CO ratios, during FTS 
will make the formation of carbon deposits less favorable since the rate of hydro-
genation of carbonaceous intermediates will be increased. This has been dem-
onstrated by Sasol using model FTS tests (230ºC, 1 bar, H2/CO = 0.5–2) and 
subsequent temperature-programmed hydrogenation (TPH) experiments.63 TPH 
analysis of the postreaction catalysts tested at higher H2/CO ratios showed smaller 
amounts of less reactive carbonaceous phases, which may be detrimental to cata-
lyst activity (Figure 4.4). A transformation of reactive carbon to more stable spe-
cies was favored at low hydrogen concentration. Traces of poisons in the syngas 
feed also play a role in the deposition of carbon. The presence of low levels, i.e., 
ppm quantities, of sulfur in the feed stream resulted in a decrease in carbon depo-
sition on Co/Al2O3 catalysts, probably via an ensemble site blocking effect.64 It 
has been shown that increased water concentrations result in a decreased forma-
tion of carbon on nickel methanation catalysts.65

Figure 4.3  Left: The unreconstructed surface of 50% C/fcc Co (100). Right: The clock 
reconstructed surface of 50% C/fcc Co (100). The darker spheres represent cobalt atoms 
and the lighter ones (in the fourfold hollow sites) represent carbon atoms. (Reprinted from 
Ciobica, I. M., van Santen, R. A., van Berge, P. J., and van de Loosdrecht, J., “Adsorbate 
Induced Reconstruction of Cobalt Surfaces,” Surface Science, 602, 17–28. Copyright © 
2008, with permission from Elsevier.)



60	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

4.5 �S tudies Involving Carbon Formation 
on Cobalt Catalysts

4.5.1 � Studies on Model Cobalt Systems at Model 
FT Conditions (CO + Syngas)

Carbon deposition from CO on a cobalt catalyst at low pressures is known to 
be a structure-sensitive process. CO is adsorbed molecularly on the low index 
surfaces (Co (0001)), but its dissociation occurs on the Co (1012), Co (1120), and 
polycrystalline surfaces.57,62 Deposition of carbon on Co (1012) and the probable 
formation of Co3C have been established by Auger emission spectroscopy (AES) 
and low-energy electron diffraction (LEED) techniques.66

Two forms of carbon (carbidic and graphitic) have been observed by x-ray pho-
toelectron spectroscopy (XPS) on polycrystalline cobalt foil during the dispropor-
tionation of CO by Nakamura et al.57 The dissociation of adsorbed CO occurred 
at temperatures higher than 60ºC, and carbidic carbon and adsorbed oxygen were 
formed on the cobalt surface. After the surface is covered with adsorbed carbon and 
oxygen, no further dissociation of adsorbed CO occurs. Contrary to the dissociation 
of adsorbed CO, the deposition of carbon by the concerted Boudouard reaction con-
tinues on the carbidic carbon-deposited surface. The deposition of carbon increases 
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Figure 4.4  TPH profile of 20 wt% Co/Al2O3 catalysts tested in model FTS at different 
H2/CO ratios (230ºC, 1 bar). The PCO was kept constant at 0.33 bar, while PH2

 was varied 
between 0.17 and 0.66 bar.63
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with increasing exposure time, and there is an increase in its transformation to gra-
phitic carbon.57

Johnson et al.67 studied CO hydrogenation on bimetallic catalysts consisting 
of cobalt overlayers on W (100) and (110) single crystals at 200°C, 1 bar at a H2/
CO ratio of 2. AES spectra showed the postreaction Co/W surfaces to have high 
coverages of both carbon and oxygen, with carbon line shapes characteristic of 
bulk carbidic carbon.67 The catalytic activity apparently could not be correlated 
with surface carbon level.67

Lahtinen et al.68,69 studied CO hydrogenation on polycrystalline cobalt foil at 
various temperatures at 1 bar and H2/CO ratio of 1.24. The cobalt surface was then 
characterized by AES immediately after the reaction without any further sample 
treatment. The C/Co ratio was almost constant as temperature was increased to 
252ºC. No significant deactivation for CO hydrogenation was observed on the 
foils at these conditions. At 297ºC the C/Co ratio was significantly higher. From 
the peak shape of the carbon KLL Auger lines it was deduced that carbon formed 
at 297ºC is in the graphitic form. Deactivation of the cobalt surface by carbon was 
observed at 276°C. On these metal foils the hydrogenation of CO occurs in the 
presence of an active carbidic overlayer. The transformation of this overlayer into 
graphite leads to a decrease in the catalytic activity of the metal surfaces.

The activity for CO hydrogenation was studied on Co (1120)- and (1012)-ori-
ented single cobalt crystals by Geerlings et al.51 The height of cobalt Auger peak 
decreased, while that of carbon increased due to the carbonaceous species on the 
surface. On the grooved Co (1120) surfaces long-chain hydrocarbon fragments 
grew; however, on the stepped Co (1012) surface long-chain fragments were not 
observed. The authors state that under FTS conditions, the step sites, which are 
very reactive for CO dissociation under UHV conditions, are poisoned by carbon. 
As a result of very strong binding of carbon atoms to these sites, efficient hydro-
genation seems improbable. Hence, certain sites can aid carbon deposition and 
should be minimized. Beitel et al.70 studied CO hydrogenation on Co (0001) at 
250°C, 1 bar at a H2/CO ratio of 2. They showed that the activity of a sputtered 
surface was greater than that of an annealed surface. However, the activity of both 
surfaces declined over time. They proposed that this could be due to the blocking 
of CO dissociation active sites by carbon deposition or by blocking of CO dissoci-
ation by hydrocarbons and water at defects. They conducted the experiments with 
clean syngas, and sintering could be eliminated for the most compact surface, and 
hence the observed deactivation could only be due to carbon.

It has been shown that it is favorable for surface carbon to go into the first 
subsurface layer of cobalt.71 Diffusion to octahedral sites of the first subsurface 
layer is thermodynamically preferred by 50 to 120 kJ/mol and the corresponding 
activation energy is low. Theoretical calculations on the conversion of surface 
carbidic to subsurface carbon on Co (0001) found that the electron withdrawing 
power, and therefore the poisoning effect on potential CO adsorption, is maximal 
for subsurface carbon.41 Metal dxz orbitals are less likely to accept electrons from 
the CO 5σ orbital, and thus metal-CO bonding will weaken. The dxz orbital will 
in turn be less able to back-donate into the CO 2π orbital, resulting in additional 
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metal-CO bond weakening as well as reduced C–O bond weakening. The net result 
is that the presence of subsurface carbon is likely to reduce both CO adsorption 
and dissociation processes on nearby atoms. This electronic effect may be related 
to experimental work by Choi et al.,72 who investigated the surface properties of 
5 wt% Co/Al2O3 catalysts, exposed to CO at 250°C, by employing infrared (IR) 
and temperature-programmed desorption (TPD) techniques. They found that a 
carbon-deposited cobalt catalyst adsorbs CO more weakly, as evidenced by a new 
IR band at 2,073 cm–1.

4.5.2  Studies on Supported Catalysts at More Realistic Conditions

Lee et al. deposited carbon by CO disproportionation on Co/Al2O3 catalysts with 
different loadings (2–20 wt% Co) at different CO deposition temperatures (250–
400ºC).31 Two forms of carbon where observed upon temperature-programmed 
surface reaction with hydrogen: an atomic or surface carbidic carbon (hydroge-
nated at ~190ºC) and polymeric carbon (hydrogenated at 430ºC). A fraction of 
the carbon was also resistant to hydrogenation at 600ºC. They found that with 
increasing temperature of deposition, the amount of carbon deposited increased 
and surface carbidic carbon appeared to be transformed into polymeric and gra-
phitic carbon (Figure 4.5a). These catalysts where carbon was artificially depos-
ited were tested in the FTS at 250 to 300°C, H2/CO = 2, and 1 bar, and exhibited 
lower activities when compared to the fresh catalyst (Figure 4.5b). The loss of 
activity was ascribed to the blockage of active sites by polymeric or graphitic 
carbon, which is irreversibly bound to the metal surface. Bulk carbide was not 
observed by AES, and as such, the authors argue that the deactivation was not 
due to an electronic effect. This experiment clearly establishes that stable carbon 
species generated from CO can be a poison in FTS.

Agrawal et al.33 performed studies of Co/Al2O3 catalysts using sulfur-free feed 
synthesis gas and reported a slow continual deactivation of Co/Al2O3 methanation 
catalysts at 300ºC due to carbon deposition. They postulate that the deactivation 
could occur by carburization of bulk cobalt and formation of graphite deposits on 
the Co surface, which they observed by Auger spectroscopy.

Thermogravimetric techniques such as thermogravimetric analysis–mass spec-
trometry (TGA-MS) have been used to show that polymeric or graphitic carbon 
deposits may form on catalysts during realistic FTS (215–232ºC, 19–28 bar, H2/
CO = 1.98–2.28) in a two-stage slurry bubble column reactor.34 The deposits are 
resistant to hydrogenation at temperatures well above those typical for FT (350°C). 
Gruver et al.34 have shown that there is an increase in the amount of carbon resis-
tant to hydrogen on Co/Al2O3 catalysts with an increase in time online (9 to 142 
days), which could be related to catalyst activity, as indicated in Figure 4.6a. The 
carbon formed was even resistant to a regeneration procedure under O2, indicat-
ing that it is quite stable. After 142 days the amount of hydrogen-resistant carbon 
formed on the catalyst was 1 wt%, which was sufficient to block the available sur-
face cobalt atoms. Chemisorption measurements showed a linear decrease in H2 
chemisorption capacity with an increase in amount of residual carbon remaining 
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Figure 4.5  (a) The total amount of carbon (■) and ratio of polymeric to atomic carbon 
() deposited by the disproportionation of CO on Co/Al2O3 catalysts at various tempera-
tures. (b) A loss of FTS activity (250°C, H2/CO = 2, 1 bar) compared to a fresh catalyst is 
noted with increasing amounts of polymeric carbon on Co/Al2O3 catalysts. (Drawn from 
data provided in Lee et al.31)
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after a regeneration step (Figure 4.6b). The deposited polymeric carbon was pro-
posed as one of the causes of deactivation in the FTS. The authors do not make 
mention of the effect on sintering and poisons on the chemisorption capacity, 
nor did they determine whether the hydrogen-resistant carbon was located on the 
support or on cobalt. No bulk cobalt carbide was detected by x-ray diffraction 
(XRD). The slow accumulation of small amounts of deactivating stable carbon 
species on the cobalt active phase was also reported for Co/ZnO catalysts35 tested 
in extended runs (218ºC, 29 bar, H2/CO = 2).

Carbon formation/deposition is a difficult deactivation mechanism to charac-
terize on cobalt-based FTS catalysts. This is due to the low quantities of carbon 
that are responsible for the deactivation (<0.5 m%) coupled with the presence of 
wax that is produced during FTS. Furthermore, carbon is only detrimental to the 
FT performance if it is bound irreversibly to an active site or interacts electroni-
cally with it. Hence, not all carbon detected will be responsible for deactivation, 
especially if the carbon is located on the support.

Recently, we also undertook a study on carbon deposition of cobalt-based cata-
lysts tested in a 100 bbl/day demonstration unit slurry bubble column operating 
at realistic FTS conditions.73 Catalyst samples were removed from the reactor 
operated over a period of 6 months. The catalyst samples were wax extracted with 
tetrahydrofuran (THF) under argon at mild conditions (around 65ºC) and trans-
ferred into a glove box in a protected environment, for passivation. In order to 
follow the accumulation and reactivity of the carbon on the passivated catalysts, a 
combination of TPH and TPH/TPO was used. TPH of the used catalysts showed 
the presence of three broad types of carbonaceous species (Figure 4.7). The least 
reactive species toward hydrogen (peak 3, ~430ºC) was identified as polymeric 
carbon based on previous literature31 and measurements of reference carburized 
compounds.73 Coupled TPH/TPO experiments were performed to remove the less 
reactive carbon species and showed an increase in the polymeric type of carbon in 
amounts that were significant to block the available cobalt surface (Figure 4.8).

As mentioned earlier, the location of the inert polymeric carbon is believed to 
be a key issue in determining its effect on catalyst activity. Using a combination of 
hydrogen chemisorption, carbon and cobalt mapping with energy-filtered trans-
mission electron microscopy (EFTEM), and low-energy ion scattering (LEIS), 
we were able to determine that the polymeric carbon was located on both cobalt 
and the alumina support.73 The polymeric carbon located on the cobalt was pos-
tulated as one of the causes of activity decline in the extended FTS run. Indeed, 
regeneration of the catalyst to remove the polymeric carbon resulted in a dramatic 
recovery in the FTS activity.73

Barbier et al.54 employed temperature-programmed hydrogenation on the car-
bon species on used Co/SiO2 FTS catalysts (200°C, H2/CO = 2, 1 bar) and showed 
that resulting methane evolution could be resolved into four peaks, representing 
different types of carbon, which vary in reactivity toward hydrogen. They showed 
that the formation of easily hydrogenated carbon decreased with increasing time on 
stream, while the carbon that was hydrogenated at higher temperatures increased 
with time on stream. This observation points to the fact that during the course of the 
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reaction the slow formation of carbon phases that are resistant to H2 occurs. They 
postulated that the nature of this carbon may be polymeric or even graphitic.

Pore blockage by carbon or heavy products may cause a loss in activity over 
time. Niemela and Krause39 reported a loss of turnover frequency for Co/SiO2 
FTS catalysts due to preferential blocking of the narrowest catalyst pores by car-
bon. Puskas74 found unusually high amounts of wax in the pores on a Co/Mg/
diatomaceous earth catalyst tested in the FTS at 190°C, 1–2 bar, H2/CO = 2.55 
for 125 days. In a separate study it was concluded that pore plugging by the waxy 
products resulted in a fast deactivation of such catalysts.75

From the work reported in literature it can be thus concluded that there will 
be various forms of carbonaceous species, which vary in reactivity, that exist on 
the catalyst or support during FTS. Some forms of this carbon are active (atomic 
surface carbide and CHx species) and even considered as intermediate species in 
FTS. However, it is also clear that especially during extended runs there may be a 
build up/transformation to less reactive forms of carbon (e.g., polymeric carbon). 
The amounts of these species may be small, but depending on their location, 
they may be responsible for a part of deactivation observed on cobalt-based FTS 
catalysts. The electronic interaction of carbon with the catalyst surface may also 
result in decreased activity.

4.6 B ulk Carbide Formation in the FTS?

The formation and influence of bulk cobalt carbide during FTS has been a topic of 
interest for many research groups.76–79 There is a general trend of decreasing bulk 
carbide stability as one goes from the left to the right of the periodic table through 
the transition metals. It has been shown that the activation energy for the diffu-
sion of carbon into cobalt (145 kJ/mol) is much higher than that for iron (44–69 
kJ/mol). This translated to a 105 times slower diffusion of carbon into cobalt than 
into iron.80 Thus, it is reasonable to expect that cobalt will have a lesser tendency 
to form carbides than iron. Two forms of cobalt carbide are generally known for 
cobalt: Co2C, which has an orthorhombic structure, and Co3C, which has struc-
ture similar to that of cementite.

The formation of bulk cobalt carbide is quite a slow process since it requires 
the diffusion of carbon into the cobalt bulk. It was reported that the full con-
version of unsupported and reduced Co to Co2C only occurred after 500 h of 
exposure to pure CO at 230°C. Increasing the reaction temperature resulted in a 
faster rate of carburization.81 Bulk cobalt carbides are considered to be thermody-
namically metastable species, and therefore Co2C will decompose to hcp cobalt 
and graphite, while Co3C will decompose to fcc cobalt and methane. Thermal 
decomposition of bulk carbides under an inert atmosphere is believed to occur at 
400°C.81 Hydrogenation of the bulk carbides is believed to be a fast process and 
occurs around 200°C.82,83

Early work at the Bureau of Mines on Co/ThO2/kieselguhr catalysts showed 
that bulk carbide was not an intermediate in the FTS, nor was it catalytically 
active.82 Excessive amounts of carbides, produced by CO exposure prior to the 
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reaction, were found to severely inhibit the FTS activity. Carbiding of Co/ThO2/
kieselguhr catalysts in CO at 208°C had a dramatic effect on catalyst activity, 
decreasing conversion by 20% and increasing the formation of lighter hydrocar-
bons. The BET surface area of the catalysts remained constant; however, the CO 
chemisorption capacity decreased to 30% of the initial values before carbiding. 
In some cases a fourfold increase in activity was noticed after the hydrogenation 
of the carbide at 150–194°C. Also, it should be noted that XRD still showed the 
presence of bulk cobalt carbide postreaction in the case of the precarbided cata-
lysts exposed to synthesis gas. This indicates that while the bulk carbide can be 
readily hydrogenated in pure hydrogen, it is stable for a considerable amount of 
time in synthesis gas mixtures at FTS conditions.

Recent work done by Xiong et al.84 on Co/AC (activated carbon) catalysts 
showed that a Co2C species formed during the catalyst reduction in hydrogen at 
500°C. Evidence for the carbide in the Co/AC catalysts was obtained by x-ray dif-
fraction and XPS measurements, and the formation of this Co2C species reduced 
the FTS activity over the Co-based catalysts. The presence of bulk carbide also 
seems to enhance alcohol selectivity.85

Several workers have reported that bulk carbide does not form readily dur-
ing normal FTS conditions.76,82 Bureau of Mines work, using laboratory XRD 
measurements, showed that detectable amounts of bulk carbide were not formed 
under synthesis conditions.82

Work by Syntroleum on its Co/Al2O3 proprietary catalyst showed that bulk 
carbide is formed during FTS in a continuously stirred tank reactor (CSTR) reac-
tor (216°C and 37 bar) in the presence of CO only for a period of 8 h (upset con-
ditions).76 The performance of the catalyst was severely affected when standard 
H2/CO ratio (2) was reintroduced as the CO conversion dropped more than half 
and the methane selectivity doubled. An interesting observation was that the bulk 
carbide was hydrogenated to hexagonal cobalt at 225°C by treatment in a pure 
hydrogen stream. In general, small supported and reduced cobalt particles (<40 
nm) are cubic in nature.76,85,86 Similarly, recent work at Sasol63 has shown that 
even exposure to pure CO for 2 h can be detrimental to activity and selectivity 
(Figure 4.9). Even several hours of operating with a standard H2/CO ratio of 2, 
thereafter, could not recover the activity or methane selectivity. XRD analysis of 
the spent catalyst showed the presence of bulk cobalt carbide (Figure 4.10). The 
above experiment shows that if bulk cobalt carbide forms, it can be stable in a 
syngas environment for a considerable period of time.

Pankina et al.87 performed ex situ postreaction TPH/magnetic studies on wax-
extracted cobalt alumina catalysts tested in FTS and stated that methane evolu-
tion at 250°C corresponds to an increase in magnetization, which indicates the 
hydrogenation of cobalt carbide. The reduction of CoO was excluded as a cause 
of the increased magnetization. They argued that although cobalt carbide is said 
to be thermodynamically metastable during the FTS, it could be stable for small 
Co crystallites. This is due to the contribution of the surface free energy of small 
Co crystallites to the overall thermodynamic calculations.
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Co2C is rarely observed in the FTS by ex situ techniques (see Table  4.3). 
Ducreux et al.88 observed the formation of Co2C on Co/Al2O3 and Co/Ru/TiO2 
FTS catalysts by in situ XRD techniques and related it with a deactivation pro-
cess (230°C, 3 bar, H2/CO = 9; no wax). Machocki89 also showed the formation 
of Co2C on Co/SiO2 catalysts after an initial 20 h induction period in the FTS 
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(275°C, 1 bar, H2/CO = 1.1). This induction period is apparently needed to form 
a stable carbide nucleus. However, he also noted that bulk carburization occurs 
more readily on iron catalysts due to the stronger Fe–C bond, and that the hydro-
genating ability of cobalt considerably decreases the amount of surface carbon 
that can migrate into bulk cobalt metal. Jacobs et al.,90 employing synchrotron 
XRD, detected a small amount of Co2C that may also have been formed during 
the synthesis (220°C, 18 bar, H2/CO = 2). In a recent study Tavasoli et al.91 showed 
the presence of cobalt carbide in used 30 wt% Co/Ru/Al2O3 catalysts that were 
tested at 220°C, 20 bar, and a H2/CO ratio of 2 for over 40 days.

Pennline et al.32 used bifunctional Co/ThO/ZSM-5 catalysts at 280°C, 21 bar, 
H2/CO = 1 in the FTS. XRD of the used catalyst indicated that cobalt carbide is 
present. They found that the relative amount of the carbide species is larger on the 
used catalyst operated at 280ºC than on the used catalyst operated at 320ºC. They 
argued that this is because cobalt carbide begins to decompose around 300ºC. 
Since this catalyst lacked high water gas shift activity, and a low feed gas ratio of 

Table 4.3
An Overview of Reported Claims of Bulk Cobalt Carbide Being Observed 
after/when Performing Fischer-Tropsch Synthesis over Supported Cobalt-
Based Catalysts

Catalyst 

Reaction Conditions

Technique
Effect on 
Activity Ref.

H2/CO 
Ratio

Temp. 

(°C)
Pressure 

(bar)

Co/Pt/Al2O3 2 220 18 Synchrotron 
XRD

n.s. 90

Co/Ru/Al2O3 2 220 20 XRD n.s. 91

Co/Al2O3 and TiO2 9a 230 3 In situ XRD → 88

Co/ThO2/ZSM-5/
Al2O3

1 280 21 XRD → 32

Co/SiO2 1.1 275 1 XRD → 89

Co/Al2O3 2 220 1 TPH with 
magnetic 
measurements

n.s. 87

Fe/Co metal/oxide 
composite

1 230 10 XRD, TEM, 
and XPS

n.s. 79

Co/Al2O3
a 9 400 1 AES line shape → 33

Na-Co/Al2O3 2 240 50 TPH with 
magnetic 
measurements, 
XPS, and XRD

n.s. 53

a Methanation conditions; n.s., not specified in study.
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H2/CO = 1 was used, the usage ratio of hydrogen to carbon monoxide was always 
greater than the feed ratio, and thus the catalyst was uniformly exposed to a low 
H2/CO ratio, which increases the chance for carbide formation.

To summarize, from literature there does not seem to be much consensus on 
whether bulk cobalt carbide forms during realistic FTS conditions. Bulk carbide 
is generally considered a metastable species. However, it is clear that it may form 
under upset conditions. Furthermore, there is strong evidence to show that if bulk 
cobalt carbide is present, it is deleterious in terms of both catalyst activity and 
selectivity. With this in mind, it would be prudent to operate the catalyst in a 
regime (sufficiently high H2/CO ratio) where bulk carbide formation is avoided.

4.7 � Minimization of Carbon Deposits on 
Cobalt FTS Catalysts by Promotion

Additives such as rare earth or noble metals are generally introduced into indus-
trial cobalt FTS catalysts as structural or reduction promoters.92 The addition of 
various promoters to cobalt catalysts has also been shown to decrease the amount 
of carbon produced during the FTS.84,87,93,94 Also, the addition of promoter ele-
ments may decrease the temperature of regeneration, preventing the possible sin-
tering of supported cobalt particles during such treatments.92

In the case of cobalt foils it has been found that 0.1 monolayer of potassium 
coverage reduces the formation of graphite at high FTS temperatures (307ºC).93 
It is not exactly clear how the potassium reduced the formation of graphitic car-
bon deposits in this study. It is known that alkali ad-atoms on a transition metal 
surface exist in a partially ionic state, resulting in a work function decrease of 
the metal.95 Potassium promotion results in a weakening of the C–O bond and 
an increase in the CO dissociation rate, resulting in increased coverage of active 
surface carbidic carbon.96 Besides having an electronic effect, potassium could 
play a structural role in preventing graphite formation according to Wesner et al.97 
They argue that the epitaxial growth of graphite is favored on clean hexagonal 
cobalt and the promotion of the cobalt with potassium will disrupt the formation 
of epitaxial graphite islands by site blocking. However, already at the early stage 
of FT research it was shown that for supported cobalt catalyst, potassium was a 
poison.98 The mobility of potassium during FTS conditions could also result in 
being distributed on the support.

Also, manganese added to cobalt on activated carbon catalysts resulted in a 
decrease in bulk carbide formation during reduction and a decrease in the sub-
sequent deactivation rate.84 Magnesium and yttrium added to the support in alu-
mina-supported cobalt catalysts showed a lower extent of carburization. This was 
explained by a decrease in Lewis acidity of the alumina surface in the presence 
of these ions.87

It has also been postulated using molecular modeling and proven experi-
mentally using temperature-programmed techniques that promotion with boron 
inhibits detrimental carbon formation.71 Ab initio calculations indicate that boron 
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behaves rather similarly to carbon and prefers to adsorb in the octahedral sites of 
the first subsurface layer of cobalt. The boron thus forces the carbon to remain on 
the surface in an active form. Additionally, boron present in the first subsurface 
layer reduces the surface carbon binding energy, lowering the carbon coverage, 
and may prevent the nucleation of graphene islands.71

It is also known that the common reduction promoters (e.g., Pt and Ru) aid in 
carbon gasification. Iglesia et al.,94 using thermogravimetry and XPS, showed 
that in the case of ruthenium-promoted cobalt on titania catalysts, the promoter 
inhibits the deposition of carbon during FTS. Ruthenium may promote hydrog-
enolysis during the reaction, and the intimate association of ruthenium with 
cobalt might allow carbon deposits on the catalyst to be gasified via hydrog-
enolysis at lower temperatures, as opposed to carbon gasification via combus-
tion with oxygen.

4.8 �R egeneration Processes to 
Remove Carbon Deposits

Regeneration of cobalt-based Fischer-Tropsch synthesis catalysts is a cost-effec-
tive way to increase the life of the cobalt catalyst. In fact, workers at BP reported 
that the only way to manage activity decline and ensure a 4-year catalyst life 
was to regenerate their catalyst in situ.35 This is important due to the high cost of 
cobalt, which can be a considerable proportion of the overall operating cost. In 
most cases the regeneration process relies on the effective removal of carbon.36–38 
The deleterious carbonaceous deposits can be removed by gasification with O2, 
H2O, and H2,15 which makes regeneration feasible. The order of decreasing reac-
tion rate of carbon as O2 > H2O > H2 can be generalized.

Already in the early stages of the industrial application of cobalt catalysts it 
was noted that to secure longer catalyst lifetime, regeneration with hydrogen was 
required.99 Over the next few years new regeneration technologies were developed 
and improved for cobalt-based FTS catalysts. The regeneration can be performed 
in a few manners: (1) reductive regeneration, (2) oxidative regeneration, and (3) 
steam/water regeneration. All these regeneration procedures focus on the removal 
of deleterious carbon types, i.e., polymeric and graphitic.

Carbon-deactivated FTS catalysts can be rejuvenated or regenerated by treat-
ment in hydrogen.99–101 This can be done in both an in situ99 and an ex situ man-
ner.101 Nondesorbing reaction products (heavy waxes) can also be removed from 
catalysts by treatment with hydrogen, or gases or vapors containing hydrogen.101,102 
Often it is necessary to remove wax and hydrocarbons from a spent catalyst before 
exposing it to regenerating gas such as oxygen, in order to limit exotherms that 
may result in damage to catalyst integrity. Various patents and publications claim 
that carbon-deactivated catalysts can best be regenerated by conventional wax 
removal, oxidation, and re-reduction techniques.35–37,103,104 Steam regeneration can 
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also be used to remove carbon from deactivated catalysts. Steam reacts with the 
carbon on the catalyst surface and forms CO and H2, thus cleaning the surface.38 
The important message is that regeneration efforts focus largely on the removal 
of carbon.

4.9 Th e Effect of Carbon on FTS Selectivities

Along with catalyst activity, product selectivity is a key issue in cobalt-based 
FTS.1 For GTL processes the preferred product is long-chain waxy hydrocarbons. 
It is well known that FT reaction conditions have an important effect on prod-
uct selectivities. High temperatures and H2/CO ratios are associated with higher 
methane selectivity, lower probability of hydrocarbon chain growth, and lower 
olefinicity in the products.105

The deposition of the different types of inactive carbon species during FTS 
may have different influences on the product selectivities. It has been shown 
with CO adsorption studies on cobalt and molecular modeling that the pres-
ence of carbon will affect the CO adsorption strength and therefore the CO 
dissociation rate.41,72 Consequently, the surface coverage of active carbon may 
decrease, leading to shorter-chained hydrocarbons. Indeed, Bertole et al.,106 
using isotopic transient experiments, showed that an increase in the amount 
of surface active carbon (surface carbide) will result in a higher chain growth 
probability and, thus, an increase in desired selectivity for Co/SiO2 FTS cata-
lysts. Furthermore, it has been shown that the presence of bulk cobalt carbide 
results in a dramatic increase in methane selectivity during the FTS.76,82,84 It is 
also plausible that as the carbon becomes more stable, i.e., graphitic, the inter-
action with the metal would decrease and it would have a lesser effect on the 
product distribution.

Co/Al2O3 catalysts that contain higher amounts of less reactive polymeric car-
bon not only exhibited enhanced deactivation when tested in FTS when com-
pared to the fresh catalyst, but also showed an increase in selectivity to olefinic 
products.31 The authors postulated that this was probably due to the reduction in 
hydrogenation ability of the carbon deposited catalyst to convert primarily formed 
olefins into the corresponding paraffins.

Iglesia et al. showed that the pore diameter of the catalyst is an important 
parameter for tailoring selectivity.107 Hence, carbon deposition leading to physi-
cal blocking of the pores could have an influence on the selectivity. Niemela and 
Krause39 reported that for a Co/SiO2 catalyst the relative turnover number for the 
C2+ species may increase significantly during the initial phase of carbon deacti-
vation due to preferential blocking of the narrowest catalyst pores. Puskas74 also 
showed a decrease in the hydrocarbon growth rate of Co/Mg/diatomaceous earth 
catalyst with increasing time online, which they ascribed to pore blocking.
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4.10 � Integrated Understanding of Carbon in Cobalt-
Based FTS under Realistic Synthesis Conditions

Using the available literature34,35,90,91 and our own work we have integrated our 
opinion on the presence of various carbon species on supported cobalt-based 
FTS catalysts operated under realistic FTS conditions (200–240°C, 10–40 bar, 
H2/CO = ~1–2), and this is shown in Table 4.4. It is clear that only a few papers 
on supported cobalt catalysts tested at realistic FT conditions have been pub-
lished on this topic.34,35,90,91 It is believed that CHx, surface carbide, paraffinic 
wax, and polymeric carbon are present during realistic conditions. The pres-
ence of small amounts of bulk carbide, although not observed in our work by 
XRD, cannot be excluded. Similarly, a graphite formation is expected to be 
unfavored at realistic FTS conditions. Boudouard carbon would be formed only 
in small amounts due to the relatively low temperature at realistic conditions 
and the presence of several bars of hydrogen. The amount of CO2, which is a 
product of the Boudouard reaction, is also small over cobalt-based catalysts. 
Coke formation generally consists of dehydrogenation and cyclization reactions 
over acidic sites. The coke formation should be minimized taking into account 
the strong hydrogenation tendency of cobalt; the support is selected due to its 
low acidity and reaction temperatures under 250ºC.63 The primary products of 
the reaction are olefins but they are rapidly transformed to paraffins due to the 
hydrogenation ability of cobalt. It is well known that coking rates are lowest for 
paraffins.30

Additionally, the following factors are believed to have an increase in the 
amount of carbon deposited on cobalt catalysts: higher reaction temperature,39,63 
lower H2/CO ratio,63 higher CO partial pressures,59 and cleaner (sulfur-free) syn-
thesis gas.33,64

4.11  Conclusions

It is clear that the FTS over cobalt catalysts occurs in the presence of an active 
surface carbidic overlayer and in the presence of various hydrocarbon products. 
The conversion of this active surface carbidic carbon to other inactive forms over 
time results in deactivation of the catalyst. This integrated review has shown that 
the following carbon species can form on supported cobalt catalysts during real-
istic FTS: (1) CHx species, (2) surface carbide, (3) wax, and (4) polymeric car-
bon. On the other hand, the following species are believed to be absent/minimal 
during FTS: (1) bulk cobalt carbide, (2) graphite or graphene, (3) carbon from 
the Boudouard reaction, and (4) carbon from coke formation. Additionally, it is 
evident that nondesorbing, heavy hydrocarbon wax can lead to pore plugging and 
deactivation. From the available literature and regeneration patents it does seem 
that deactivation by carbon deposits is an important deactivation pathway for 
cobalt-based FTS catalysts under realistic conditions that warrants further study.



The Formation and Influence of Carbon	 75

Ta
b

le
 4

.4
Th

e 
Pr

es
en

ce
 o

f V
ar

io
us

 C
ar

bo
n 

Sp
ec

ie
s 

in
 S

up
po

rt
ed

 C
ob

al
t 

FTS
 

C
at

al
ys

ts
 a

s 
O

pe
ra

te
d 

un
de

r 
R

ea
lis

ti
c 

FTS
 

C
on

di
ti

on
s 

(2
00

–2
40

ºC
, 1

0
–4

0 
ba

r,
 H

2/
C

O
 =

 1
–2

)

C
ar

bo
n 

Sp
ec

ie
s

C
at

al
ys

t

R
ea

ct
io

n 
C

on
di

ti
on

s 
in

 S
tu

dy

T h
yd

 (°
C

)

A
m

ou
nt

 o
f 

C
ar

bo
n 

(m
%

)
O

bs
er

ve
d 

in
 

St
ud

y
R

ef
.

Te
m

p.
 (

°C
)

H
2/

C
O

Pr
es

su
re

 
(b

ar
)

C
H

x 
fr

ag
m

en
ts

20
 w

t%
 C

o/
Pt

/A
l 2

O
3

23
0

1.
0-

2.
0

20
<

10
0

—
N

o
O

w
n 

w
or

k

Su
rf

ac
e 

ca
rb

id
e

20
 w

t%
 C

o/
Pt

/A
l 2

O
3

23
0

1.
0-

2.
0

20
18

0–
20

0
—

Pe
ak

 1
O

w
n 

w
or

k

B
ul

k 
ca

rb
id

e
20

 w
t%

 C
o/

Pt
/A

l 2
O

3
23

0
1.

0–
2.

0
20

<
25

0
—

N
o

O
w

n 
w

or
k

C
o/

A
l 2

O
3

21
5–

23
0

2.
0–

2.
3

19
–2

8
M

in
or

N
o

34

20
 w

t%
 C

o/
Pt

/A
l 2

O
3

22
0

2.
0

18
M

in
or

Y
es

90

30
w

t%
 C

o/
Pt

/A
l 2

O
3

22
0

2.
0

20
Y

es
91

H
yd

ro
ca

rb
on

s,
 p

ar
af

fin
ic

 
w

ax
20

 w
t%

 C
o/

Pt
/A

l 2
O

3
23

0
1.

0–
2.

0
20

25
0–

35
0

—
Pe

ak
 2

O
w

n 
w

or
k

C
o/

A
l 2

O
3

21
5–

23
0

2.
0–

2.
3

19
–2

8
—

34

Po
ly

m
er

ic
 c

ar
bo

n
20

 w
t%

 C
o/

Pt
/A

l 2
O

3
23

0
1.

0–
2.

0
20

>
35

0
2.

0
Pe

ak
 3

O
w

n 
w

or
k

C
o/

A
l 2

O
3

21
5–

23
0

2.
0–

2.
3

19
–2

8
1.

0
34

C
o/

Z
nO

21
8

2.
0

29
Sm

al
l

35

G
ra

ph
ite

 o
r 

gr
ap

he
ne

20
 w

t%
 C

o/
Pt

/A
l 2

O
3

23
0

1.
0–

2.
0

20
>

62
0

—
N

o
O

w
n 

w
or

k

C
o/

A
l 2

O
3

21
5–

23
0

2.
0–

2.
3

19
–2

8
1.

0
Po

ss
ib

ly
34



76	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

References

	 1.	 Steynberg, A. P. 2004. Introduction to Fischer-Tropsch technology. Stud. Surf. Sci. 
Catal. 152:1–63.

	 2.	 Eilers, J., Posthuma, S. A., and Sie, S. T. 1990. The Shell middle distillate synthesis 
process (SMDS). Catal. Lett. 7:253–69.

	 3.	 Gas-to-liquids: Peering into the crystal ball. 2005. Catalyst Review Newsletter, p. 4.
	 4.	 Rao, V. U. S., Stiegel, G. J., Cinquegrane, G. J., and Srivastava, R. D. 1992. Iron-

based catalysts for slurry-phase Fischer-Tropsch process: Technology review. Fuel 
Process. Technol. 30:83–107.

	 5.	 van Berge, P. J., Barradas, S., van de Loodsrecht, J., and Visagie, J. L. 2001. Advances 
in the cobalt catalyzed Fischer-Tropsch synthesis. Erd. Erdgas Kohle 117:138–42.

	 6.	 van Berge, P. J., van de Loosdrecht, J., Barradas, S., and van der Kraan, A. M. 2000. 
Oxidation of cobalt based Fischer-Tropsch catalysts as a deactivation mechanism. 
Catal. Today 58:321–34.

	 7.	 Jacobs, G., Das, T. K., Patterson, P. M., Li, J., Sanchez, L., and Davis, B. H. 
2003. Fischer-Tropsch synthesis XAFS: XAFS studies of the effect of water on a 
Pt-promoted Co/Al2O3 catalyst. Appl. Catal. A 247:335–43.

	 8.	 Kiss, G., Kliewer, C. E., DeMartin, G. J., Culross, C. C., and Baumgartner, J. E. 
2003. Hydrothermal deactivation of silica-supported cobalt catalysts in Fischer-
Tropsch synthesis. J. Catal. 217:127–40.

	 9.	 Hilmen, A. M., Schanke, D., Hanssen, K. F., and Holmen, A. 1999. Study of the 
effect of water on alumina supported cobalt Fischer-Tropsch catalysts. Appl. Catal. 
A 186:169–88.

	 10.	 Li, J., Zhan, X., Zhang, Y., Jacobs, G., Das, T., and Davis, B. H. 2002. Fischer-
Tropsch synthesis: Effect of water on the deactivation of Pt promoted Co/Al2O3 cata-
lysts. Appl. Catal. A 228:203–12.

	 11.	 Saib, A. M., Borgna, A., van de Loosdrecht, J., van Berge, P. J., and 
Niemantsverdriet, J. W. 2006. XANES study of the susceptibility of nano-sized 
cobalt crystallites to oxidation during realistic Fischer-Tropsch synthesis. Appl. 
Catal. A 312:12–19.

	 12.	 van de Loosdrecht, J., Balzhinimaev, B., Dalmon, J.-A., Niemantsverdriet, J. W., 
Tsybulya, S. V., Saib, A. M., van Berge, P. J., and Visagie, J. L. 2007. Cobalt Fischer-
Tropsch synthesis: Deactivation by oxidation? Catal. Today 123:293–302.

	 13.	 Saib, A. M., Borgna, A., van de Loosdrecht, J., van Berge, P. J., and Niemantsverdriet, 
J. W. 2006. In situ surface oxidation study of a planar Co/SiO2/Si(100) model cata-
lyst with nanosized cobalt crystallites under model Fischer-Tropsch synthesis condi-
tions. J. Phys. Chem. B 110:8657–64.

	 14.	 Saib, A. M., Borgna, A., van de Loosdrecht, J., van Berge, P. J., Geus, J. W., and 
Niemantsverdriet, J. W. 2006. Preparation and characterization of spherical Co/SiO2 
model catalysts with well-defined nano-sized cobalt crystallites and a comparison of 
their stability against oxidation with water. J. Catal. 239:326–39.

	 15.	 Bartholomew, C. H. 2001. Mechanisms of catalyst deactivation. Appl. Catal. A 
212:17–60.

	 16.	 van Berge, P. J., and Everson, R. C. 1997. Cobalt as an alternative Fischer-Tropsch 
catalyst to iron for the production of middle distillates. Stud. Surf. Sci. Catal. 
107:207–12.

	 17.	 Baumann, P. R. F., Degeorge, C. W., and Leviness, S. C. 1997. WO 98/50485, to Exxon.
	 18.	 Behrmann, W. C., and Leviness, S. C. 1997. WO 98/50486, to Exxon.
	 19.	 Leviness, S. C., and Mitchell, W. N. 1997. WO 98/50488, to Exxon.
	 20.	 Chang, M., Stephen, J., and Mart, C. J. 1997. WO 98/50489, to Exxon.



The Formation and Influence of Carbon	 77

	 21.	 Rostrup-Nielsen, J. R. 1984. In Catalysis science and technology, ed. J. R. Anderson 
and M. Boudart. Berlin: Springer-Verlag, 1–117.

	 22.	 Posthuma, S. A., and de Graaf, J. D. 1989. Great Britain Patent 2 231 581, to Shell.
	 23.	 Bian, G.-Z., Fujishita, N., Mochizuki, T., Ning, W.-S., and Yamada, M. 2003. 

Investigations on the structural changes of two Co/SiO2 catalysts by performing 
Fischer-Tropsch synthesis. Appl. Catal. A 252:251–60.

	 24.	 Overett, M. J., Breedt, B., du Plessis, E., Erasmus, W., Maloka, J., and van de 
Loosdrecht, J. 2008. Sintering as a deactivation mechanism for an alumina sup-
ported cobalt Fischer Tropsch synthesis catalyst. Prepr. Pap.-Am. Chem. Soc. Div. 
Pet. Chem. 53:126–28.

	 25.	 Moulijn, J. A., van Diepen, A. E., and Kapteijn, F. 2001. Catalyst deactivation: Is it 
predictable? What to do? Appl. Catal. A 212:3–16.

	 26.	 Agnelli, M., Swaan, H. M., Marquez-Alvarez, C., Martin, G. A., and Mirodatos, C. 
1998. CO hydrogenation on a nickel catalyst. II. A mechanistic study by transient 
kinetics and infrared spectroscopy. J. Catal. 175:117–28.

	 27.	 Wilson, J., and de Groot, C. 1995. Atomic-scale restructuring in high-pressure catal-
ysis. J. Phys. Chem. 99:7860–66.

	 28.	 Ciobica, I. M., van Santen, R. A., van Berge, P. J., and van de Loosdrecht, J. 2008. 
Adsorbate induced reconstruction of cobalt surfaces. Surf. Sci. 602:17–27.

	 29.	 Bezemer, G. L., Bitter, J. H., Kuipers, H. P. C. E., Oosterbeek, H., Holewijn, J. E., 
Xu, X., Kapteijn, F., van Dillen, A. J., and de Jong, K. P. 2006. Cobalt particle size 
effects in the Fischer-Tropsch reaction studied with carbon nanofiber supported cata-
lysts. J. Am. Chem. Soc. 128:3956–64.

	 30.	 Menon, P. G. 1990. Coke on catalysts—Harmful, harmless, invisible and beneficial 
types. J. Mol. Catal. 59:207–20.

	 31.	 Lee, D.-K., Lee, J.-H., and Ihm, S.-K. 1988. Effect of carbon deposits on carbon 
monoxide hydrogenation over alumina-supported cobalt catalysts. Appl. Catal. 
36:199–207.

	 32.	 Pennline, H. W., Gormley, R. J., and Schehl, R. R. 1984. Process studies with a pro-
moted transition metal-zeolite catalyst. Ind. Eng. Chem. Prod. Res. Dev. 23:388–93.

	 33.	 Agrawal, P. K., Katzer, J. R., and Manogue, W. H. 1981. Methanation over transition 
metal catalysts. II. Carbon deactivation of cobalt/alumina in sulfur-free studies. J. 
Catal. 69:312–26.

	 34.	 Gruver, V., Young, R., Engman, J., and Robota, H. J. 2005. The role of accumulated 
carbon in deactivating cobalt catalysts during FT synthesis in a slurry-bubble-column 
reactor. Prepr. Pap.-Am. Chem. Soc. Div. Pet. Chem. 50:164–66.

	 35.	 Font Freide, J. J. H. M., Gamlin, T. D., Hensman, J. R., Nay, B., and Sharp, C. 
2004. Development of a CO2 tolerant Fischer-Tropsch catalyst: From laboratory to 
commercial-scale demonstration in Alaska. J. Nat. Gas Chem. 13:1–9.

	 36.	 Soled, S. L., Iglesia, E., Fiato, R.M. and Ansell, G. B. 1995. U.S. Patent 5 397 806, 
to Exxon.

	 37.	 van der Burgt, M. J., and Ansorge, J. 1988. Great Britain Patent 2 222 531, to Shell.
	 38.	 Wright, H. A. 2002. U.S. Patent 6 486 220, to Conoco.
	 39.	 Niemela, M. K., and Krause, A. O. I. 1996. The long-term performance of Co/SiO2 

catalysts in CO hydrogenation. Catal. Lett. 42:161–66.
	 40.	 Pennline, H. W., and Pollack, S. S. 1986. Deactivation and regeneration of a pro-

moted transition-metal-zeolite catalyst. Ind. Eng. Chem. Prod. Res. Dev. 25:11–14.
	 41.	 Zonnevylle, M. C., Geerlings, J. J. C., and van Santen, R. A. 1990. Conversion of 

surface carbidic to subsurface carbon on cobalt(0001): A theoretical study. Surf. Sci. 
240:253–62.



78	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

	 42.	 Borko, L., Horvath, Z. E., Schay, Z., and Guczi, L. 2007. The role of carbon nanospe-
cies in deactivation of cobalt based catalysts in CH4 and CO transformation. Stud. 
Surf. Sci. Catal. 167:231–36

	 43.	 Boskovic, G., and Smith, K. J. 1997. Methane homologation and reactivity of carbon 
species on supported Co catalysts. Catal. Today 37:25–32.

	 44.	 Gong, X.-Q., Raval, R., and Hu, P. 2005. CHx hydrogenation on Co(0001). A density 
functional theory study. J. Chem. Phys. 122:24711/1–11/6.

	 45.	 Ge, Q., and Neurock, M. 2006. Adsorption and activation of CO over flat and stepped 
Co surfaces: A first principles analysis. J. Phys. Chem. B 110:15368–80.

	 46.	 Geerlings, J. J. C., Zonnevylle, M. C., and De Groot, C. P. M. 1991. Studies of the 
Fischer-Tropsch reaction on cobalt(0001). Surf. Sci. 241:302–14.

	 47.	 Cheng, J., Gong, X.-Q., Hu, P., Lok, C. M., Ellis, P., and French, S. 2008. A quan-
titative determination of reaction mechanisms from density functional theory cal-
culations: Fischer-Tropsch synthesis on flat and stepped cobalt surfaces. J. Catal. 
254:285–95.

	 48.	 Winslow, P., and Bell, A. T. 1985. Studies of the surface coverage of unsupported 
ruthenium by carbon- and hydrogen-containing adspecies during carbon monoxide 
hydrogenation. J. Catal. 91:142–54.

	 49.	 Nakamura, J., Tanaka, K., and Toyoshima, I. 1987. Reactivity of deposited carbon on 
cobalt-alumina catalyst. J. Catal. 108:55–62.

	 50.	 Nolan, P. E., Lynch, D. C., and Cutler, A. H. 1998. Carbon deposition and hydrocar-
bon formation on Group VIII metal catalysts. J. Phys. Chem. B 102:4165–75.

	 51.	 Geerlings, J. J. C., Zonnevylle, M. C., and De Groot, C. P. M. 1990. The Fischer-
Tropsch reaction on a cobalt (0001) single crystal. Catal. Lett. 5:309–14.

	 52.	 Koerts, T. 1992. The reactivity of surface carbonaceous intermediates. PhD thesis, 
Eindhoven University of Technology, The Netherlands.

	 53.	 Mirodatos, C., Brum Pereira, E., Gomez Cobo, A., Dalmon, J. A., and Martin, G. A. 
1995. CO hydrogenation over Ni- and Co-based catalysts: Influence of alkali addi-
tion on morphological and catalytic properties. Top. Catal. 2:183–92.

	 54.	 Barbier, A., Tuel, A., Arcon, I., Kodre, A., and Martin, G. A. 2001. Characterization 
and catalytic behavior of Co/SiO2 catalysts: Influence of dispersion in the Fischer-
Tropsch reaction. J. Catal. 200:106–16.

	 55.	 Potoczna-Petru, D. 1991. The interaction of model cobalt catalysts with carbon. 
Carbon 29:73–79.

	 56.	 Bartholomew, C. H. 1982. Carbon deposition in steam reforming and methanation. 
Catal. Rev.-Sci. 24:67–111.

	 57.	 Nakamura, J., Toyoshima, I., and Tanaka, K. 1988. Formation of carbidic and graphitic 
carbon from carbon monoxide on polycrystalline cobalt. Surf. Sci. 201:185–94.

	 58.	 Rostrup-Nielsen, J. R. 1974. Coking on nickel catalysts for steam reforming of 
hydrocarbons. J. Catal. 33:184–201.

	 59.	 Moeller, A. D., and Bartholomew, C. H. 1982. Deactivation by carbon of nickel, 
nickel-ruthenium, and nickel-molybdenum methanation catalysts. Ind. Eng. Chem. 
Proc. Des. Dev. 21:390–97.

	 60.	 Mukkavilli, S., Wittmann, C., and Tavlarides, L. L. 1986. Carbon deactivation of 
Fischer-Tropsch ruthenium catalyst. Ind. Eng. Chem. Proc. Des. Dev. 25:487–94.

	 61.	 Dry, M. E. 1982. Sasol’s Fischer-Tropsch experience. Hydrocarb. Process. 
61:121–24.

	 62.	 Hooker, M. P., and Grant, J. T. 1977. The use of Auger electron spectroscopy to char-
acterize the adsorption of carbon monoxide transition metals. Surf. Sci. 62:21–30.

	 63.	 Moodley, D. J. 2008. Phd thesis, Eindhoven University of Technology, The Netherlands.



The Formation and Influence of Carbon	 79

	 64.	 Kim, M. S., Rodriguez, N. M., and Baker, R. T. K. 1993. The interplay between 
sulfur adsorption and carbon deposition on cobalt catalysts. J. Catal. 143:449–63.

	 65.	 Gardner, D. C., and Bartholomew, C. H. 1981. Kinetics of carbon deposition during 
methanation of carbon monoxide. Ind. Eng. Chem. Prod. Res. Dev. 20:80–87.

	 66.	 Prior, K. A., Schwaha, K., and Lambert, R. M. 1978. Surface chemistry of the non-
basal planes of cobalt: The structure, stability, and reactivity of Co (101&#x0304;2)-
CO. Surf. Sci. 77:193–208.

	 67.	 Johnson, B. G., Bartholomew, C. H., and Goodman, D. W. 1991. Role of surface 
structure and dispersion in carbon monoxide hydrogenation on cobalt. J. Catal. 
128:231–47.

	 68.	 Lahtinen, J., Anraku, T., and Somorjai, G. A. 1993. Carbon monoxide hydrogenation 
on cobalt foil and on thin cobalt film model catalysts. J. Catal. 142:206–25.

	 69.	 Lahtinen, J., Anraku, T., and Somorjai, G. A. 1994. C, CO and CO2 hydrogenation 
on cobalt foil model catalysts: Evidence for the need of CoO reduction. Catal. Lett. 
25:241–55.

	 70.	 Beitel, G. A., de Groot, C. P. M., Oosterbeek, H., and Wilson, J. H. 1997. A com-
bined in-situ PM-RAIRS and kinetic study of single-crystal cobalt catalysts under 
synthesis gas at pressures up to 300 mbar. J. Phys. Chem. B 101:4035–43.

	 71.	 Xu, J., Tan, K. F., Borgna, A., and Saeys, M. 2006. First principles based promoter 
design for heterogeneous catalysis. Poster 476ae, AIChE Annual meeting, San 
Francisco, November. http://aiche.confex.com/aiche/2006/techprogram/S2113.htm

	 72.	 Choi, J. G., Rhee, H. K., and Moon, S. H. 1985. IR and TPD study of fresh and car-
bon-deposited aluminum oxide-supported cobalt catalysts. Appl. Catal. 13:269–80.

	 73.	 Moodley, D. J., van de Loosdrecht, J., Saib, A. M., Overett, M. J., Datye, A. K., 
and Niemantsverdriet, J. W. 2009. Carbon deposition as a deactivation mechanism 
of cobalt-based Fischer-Tropsch synthesis catalysts under realistic conditions. Appl. 
Catal. A, 354:102–10.

	 74.	 Puskas, I. 1993. Unusual reactions on a cobalt-based Fischer-Tropsch catalyst. Catal. 
Lett. 22:283–88.

	 75.	 Puskas, I., Meyers, B. L., and Hall, J. B. 1993. A fast deactivating Fischer-Tropsch 
catalyst. Prepr. Pap.-Am. Chem. Soc. Div. Pet. Chem. 38:905–8.

	 76.	 Gruver, V., Zhan, X., Engman, J., Robota, H. J., Suib, S. L., and Polverejan, M. 
2004. Deactivation of a Fischer-Tropsch catalyst through the formation of cobalt 
carbide under laboratory slurry reactor conditions. Prepr. Pap.-Am. Chem. Soc. Div. 
Pet. Chem. 49:192–94.

	 77.	 Hofer, L. J. E., Cohn, E. M., and Peebles, W. C. 1949. Isothermal decomposition 
of the carbide in a carburized cobalt Fischer-Tropsch catalyst. J. Phys. Coll. Chem. 
53:661–69.

	 78.	 Weller, S., Hofer, L. J. E., and Anderson, R. B. 1948. The role of bulk cobalt carbide 
in Fischer-Tropsch synthesis. J. Am. Chem. Soc. 70: 799–801.

	 79.	 Tihay, F., Pourroy, G., Richard-Plouet, M., Roger, A. C., and Kiennemann, A. 2001. 
Effect of Fischer-Tropsch synthesis on the microstructure of Fe-Co-based metal/spi-
nel composite materials. Appl. Catal. A 206:29–42.

	 80.	 Niemantsverdriet, J. W., and van der Kraan, A. M. 1981. On the time-dependent 
behavior of iron catalysts in Fischer-Tropsch synthesis. J. Catal. 72:385–88.

	 81.	 Hofer, L. J. E., and Peebles, W. C. 1947. X-ray diffraction studies of the action 
of carbon monoxide on cobalt-thoria-kieselguhr catalysts. I. J. Am. Chem. Soc. 
69:2497–500.

	 82.	 U.S. Bureau of Mines. 1948–1959. Synthetic liquid fuels from hydrogenation of 
carbon monoxide, 19. Bulletin 578. Washington, DC: U.S. Government Print 
Office. http://www.fischer-tropsch.org.



80	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

	 83.	 Weller, S. E. 1947. Kinetics of carbiding and hydrocarbon synthesis with cobalt 
Fischer-Tropsch catalysts. J. Am. Chem. Soc. 69:2432–36.

	 84.	 Xiong, J., Ding, Y., Wang, T., Yan, L., Chen, W., Zhu, H., and Lu, Y. 2005. The for-
mation of Co2C species in activated carbon supported cobalt-based catalysts and its 
impact on Fischer-Tropsch reaction. Catal. Lett. 102:265–69.

	 85.	 Leclercq, L., Almazouari, A., Dufour, M., and Leclercq, G. 1996. Carbide-oxide 
interactions in bulk and supported tungsten carbide catalysts for alcohol synthesis. 
In Chemistry of transition metal carbides and nitrides, ed. S. T. Oyama, 345–61. 
Glasgow: Blackie.

	 86.	 Kitakami, O., Sato, H., Shimada, Y., Sato, F., and Tanaka, M. 1997. Size effect on the 
crystal phase of cobalt fine particles. Phys. Rev. B 56:13849–54.

	 87.	 Pankina, G. V., Chernavskii, P. A., Lermontov, A. S., and Lunin, V. V. 2002. Study of 
carbon deposits on the surface of supported cobalt catalysts in the Fischer-Tropsch 
process. Petrol. Chem. 42:217–20.

	 88.	 Ducreux, O., Lynch, J., Rebours, B., Roy, M., and Chaumette, P. 1998. In situ char-
acterization of cobalt based Fischer-Tropsch catalysts: A new approach to the active 
phase. Stud. Surf. Sci. Catal. 119:125–30.

	 89.	 Machocki, A. 1991. Formation of carbonaceous deposit and its effect on carbon 
monoxide hydrogenation on iron-based catalysts. Appl. Catal. 70:237–52.

	 90.	 Jacobs, G., Patterson, P. M., Zhang, Y., Das, T., Li, J., and Davis, B. H. 2002. Fischer-
Tropsch synthesis: Deactivation of noble metal-promoted Co/Al2O3 catalysts. Appl. 
Catal. A 233:215–26.

	 91.	 Tavasoli, A., Malek Abbaslou, R. M., and Dalai, A. K. 2008. Deactivation behavior 
of ruthenium promoted Co/α-Al2O3 catalysts in Fischer–Tropsch synthesis. Appl. 
Catal. A 346:58–64.

	 92.	 Morales, F., and Weckhuysen, B. M. 2006. Promotion effects in Co-based Fischer-
Tropsch catalysis. Catalysis 19:1–40.

	 93.	 Lahtinen, J., and Somorjai, G. A. 1998. The effects of promoters in carbon monoxide 
hydrogenation on cobalt foil model catalysts. J. Mol. Catal. A 130:255–60.

	 94.	 Iglesia, E., Soled, S. L., Fiato, R. A., and Via, G. H. 1993. Bimetallic synergy in 
cobalt-ruthenium Fischer-Tropsch synthesis catalysts. J. Catal. 143:345–68.

	 95.	 Campbell, C. T., and Goodman, D. W. 1982. A surface science investigation of the 
role of potassium promoters in nickel catalysts for carbon monoxide hydrogenation. 
Surf. Sci. 123:413–26.

	 96.	 Snoeck, J.-W., Froment, G. F., and Fowles, M. 2002. Steam/CO2 reforming of meth-
ane. Carbon formation and gasification on catalysts with various potassium contents. 
Ind. Eng. Chem. Res. 41:3548–56.

	 97.	 Wesner, D. A., Linden, G., and Bonzel, H. P. 1986. Alkali promotion on cobalt: 
Surface analysis of the effects of potassium on carbon monoxide adsorption and 
Fischer-Tropsch reaction. Appl. Surf. Sci. 26:335–56.

	 98.	 Pichler, H. 1952. Twenty-five years of synthesis of gasoline by catalytic conversion 
of carbon monoxide and hydrogen. Adv. Catal. 4: 271–341.

	 99.	 Arcuri, K. B., and Leviness, S. C. 2003. The regeneration of hydrocarbon synthesis cata-
lyst, a partial review of the related art published during 1930 to 1952. Paper presented at 
the AIChE Spring National Meeting, New Orleans, April 2. www.fischer-tropsch.org.

	100.	 Roelen, O., Heckel, H., and Hanisch, F. 1942. U.S. Patent 2 289 731, to Hydrocarbon 
Synthesis Corporation.

	101.	 Iglesia, E., Soled, S. L., and Fiato, R. 1988. U.S. Patent 4 738 948, to Exxon.
	102.	 Feisst, W., and Roelen, O. 1945. U.S. Patent 2 369 956, to Hydrocarbon Synthesis 

Corporation.



The Formation and Influence of Carbon	 81

	103.	 Huang, R., Agee, K. L., Arcuri, B. A., and Schubert, P. F. 2002. U.S. Patent 6 812 
179, to Syntroleum Corporation.

	104.	 Zhan, X., Arcuri, K., Huang, R., Agee, K., Engman, J., and Robota, H. J. 2004. 
Regeneration of cobalt-based slurry catalysts for Fischer-Tropsch synthesis. Prep. 
Pap.-Am. Chem. Soc. Div. Pet. Chem. 49:179–81.

	105.	 Espinoza, R. L., Steynberg, A. P., Jager, B., and Vosloo, A. C. 1999. Low temperature 
Fischer-Tropsch synthesis from a Sasol perspective. Appl. Catal. A 186:13–26.

	106.	 Bertole, C. J., Kiss, G., and Mims, C. A. 2004. The effect of surface-active carbon on 
hydrocarbon selectivity in the cobalt-catalyzed Fischer-Tropsch synthesis. J. Catal. 
223:309–18.

	107.	 Iglesia, E., Soled, S. L., Baumgartner, J. E., and Reyes, S. C. 1995. Synthesis and 
catalytic properties of eggshell cobalt catalysts for the Fischer-Tropsch synthesis. J. 
Catal. 153:108–22.





83

5 Catalytic Performance 
of Ru/Al2O3 and Ru/
Mn/Al2O3 for Fischer-
Tropsch Synthesis

Mohammad Nurunnabi, Kazuhisa 
Murata, Kiyomi Okabe, Megumu 
Inaba, and Isao Takahara

Mn-modified Ru/Al2O3 catalyst was investigated for catalytic activity, selectivity, 
and stability for Fischer-Tropsch synthesis in a continuous stirred tank reactor 
(CSTR) under pressurized conditions. Without Mn, the Ru/Al2O3 catalyst showed 
low CO conversion and the deactivation rate was clearly observed at low (493 K) 
reaction temperature. In contrast, a small amount of Mn addition (Mn/Al = 1/19) 
on Ru/Al2O3 enhanced both CO conversion and C5

+ selectivity for Fischer-Tropsch 
synthesis. Under pressurized conditions (20 to 60 bar), high catalytic activity 
and high resistance to catalyst deactivation with time on stream were observed 
over Ru/Mn/Al2O3. At 60 bar, equilibrium CO conversion was estimated to be 
about 96%. Characterization results—BET surface area x-ray diffraction (XRD), 
temperature-programmed reduction (TPR), transmission electron microscopy 
(TEM), and x-ray photoelectron spectroscopy (XPS)—indicate that the addition 
of Mn increases the concentration of metallic Ru active species on the catalyst 
surface by removing chlorine atoms from RuCl3, thus increasing catalytic activity 
while inhibiting catalyst deactivation.
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5.1  Introduction

A sustainable energy future requires a combination of factors, such as renew-
able resources and advanced energy technologies. Biomass has recently received 
increased attention as one potential source of renewable energy. Among all biomass 
conversion processes, the biomass-to-liquid (BTL) process is one of the most prom-
ising ways to utilize biomass in remote or local areas to form sulfur-free transporta-
tion fuels.1 The development of catalysts for the Fischer-Tropsch (FT) synthesis is 
one of the key technologies required for the BTL process. It is well known that Ru, 
Co, and Fe can be utilized for FT synthesis in any way.2,3 However, Ru metal, from 
RuCl3•nH2O, improves middle distillate yields and higher wax formation, which 
can then be cracked into middle distillates by using suitable catalyst supports. The 
problem with slurry phase FT reactors (which inhibit hot spot formation) is catalyst 
deactivation.4 Therefore, new catalysts with high activity and stability are needed. 
Mn addition can promote FT activity. The effects of Mn addition strongly depend 
on the supports and on the preparation methods used to generate a catalyst with 
improved stability, activity, and selectivity toward carbon chain growth probabil-
ity.5,6 Previous reports suggested that a γ-Al2O3 support is more effective in the 
presence of Mn for FT synthesis.6,7 In this paper, we have studied the catalytic per-
formance (activity, selectivity, and stability) for Ru/Al2O3 and Ru/Mn/Al2O3 cata-
lysts in the FT reaction under different Mn to Al ratios and pressures.

5.2 E xperimental

5.2.1  Catalyst Preparation

Ru catalysts were prepared by the impregnation method using γ-Al2O3 
(Soekawa Chemicals, Japan) and an aqueous solution of RuCl3•nH2O (Soekawa 
Chemicals, Japan). After removal of the solvent by heating, the catalyst was 
dried in an oven overnight at 383 K. Subsequently, the catalyst was calcined in 
air at 673 K for 4 h. The prepared catalyst is denoted as Ru/Al2O3. The addition 
of Mn to Ru/Al2O3, denoted as Ru/Mn/Al2O3, was prepared in two steps. At 
first the support was impregnated with an aqueous solution of Mn(NO3)2•6H2O 
(Wako Pure Chemical Industries Ltd., Japan) and then removed the solvent by 
evaporation at 348 K. After drying at 383 K overnight, the sample was calcined 
in air at 873 K for 5 h. In this study, Mn/Al molar ratios of 1/2 to 1/19 were 
used. In the second step, the Ru impregnation procedure was the same as the 
one used for the reference Ru/Al2O3. The loading amount of Ru used was 5 
wt%. The BET surface area of these catalysts (from nitrogen porosimetry) is 
listed in Table 5.1.

5.2.2  Catalytic Reaction

FT synthesis was carried out in a 0.3 L autoclave-type slurry continuous stirred 
tank reactor under pressurized conditions. The catalyst was reduced with hydrogen 
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at 473 K, 20 bar for 5 h. After the pretreatment, the catalyst was suspended by 
using 80 g hexadecane as a solvent under atmospheric pressure and room tem-
perature. The amount of catalyst used was 2.5 g and the partial pressure ratio 
of reactants was H2/CO/Ar = 6/3/1. The reactions were carried out at T = 493 K, 
P = 10–60 bar, GHSV = 1,800 h–1. The product gas was periodically analyzed 
with Shimadzu online gas chromatographs (GC-2014) in both flame ionization 
detector (FID) and thermal conductivity detector (TCD) detector, and the liquid 
hydrocarbons were analyzed by another Shimadzu gas chromatograph (GC-8A). 
Experimental details have been described in a previous report.7

5.2.3  Catalyst Characterization

The surface area of the catalysts was determined by the BET method using a 
Gemini (Micromeritics) instrument. X-ray diffraction (XRD) was measured by 
using a Mac Science M18XHF22-SRA diffractometer with Cu Kα radiation at 40 
kV and 150 mA. The reducibility of the catalysts was characterized by a temper-
ature-programmed reduction with H2 (H2-TPR) technique. Before the TPR mea-
surement, the samples were heated at 773 K for 20 min (heating rate, 10 K/min) 
under Ar gas flow of 30 ml/min in order to remove any adsorbed species such as 
CO2. After the sample was cooled down to room temperature under Ar flowing, 
the reactor was heated again from room temperature to 773 K at a heating rate 
of 10 K/min, and then the temperature was maintained for 0.5 h in a 5% H2/Ar 
mixture with a gas flow of 35 ml/min. The temperature was measured by using 
a thermocouple located in the catalyst bed. The H2 consumption was continu-
ously monitored by TCD-GC. X-ray photoelectron spectroscopy (XPS) data were 
estimated by using a Shimadzu ESCA-850 with Mg-Kα irradiation (8 kV, 30 mA) 
and without exposure to open air after reduction treatment in H2 flow at 473 K for 
3 h within the prechamber of the apparatus. The binding energies of XPS were 
referred to contamination C on the surface of the sample as the internal standard 
with C1s level at 284.6 eV. A transmission electron microscope (TEM) image was 
obtained on the H9000NAR (HITACHI) operated at 300 kV. The catalyst was 

Table 5.1
Properties of BET, TPR, and XPS on Ru/Al2O3 and Ru/Mn/Al2O3

a

Catalyst
BET 

(m2/g)
H2 Consumptionb 

(10–8 mol/g)

Surface Atomic Concentrations in XPS (%)c

Ru Mn Cl O Al

Ru/Al2O3 81 82 1.3 — 0.9 60.0 37.8

Ru/Mn/Al2O3 80 111 2.3 0.3 0.7 60.0 36.7

a Mn to Al ratio was 1/19.
b Amount of hydrogen consumption on Ru reduction in TPR profiles at 380–600 K, where H2-TPR 

reaction was Ru4+ + 2H2 → Ru0 + 4H+.
c H2 reduction at 473 K for 3 h with XPS experiment.
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reduced with H2 at 473 K for 5 h under 20 bar. After this reduction, the TEM 
sample was deposited as dry powder on a microgrid mounted on a copper grid. A 
lot of metallic particles were observed over the catalyst. The average particle size 
(d) was estimated using the equation of

 	 d n d n di i i i

ii

= ∑∑ 3 2/

(ni, number of the particles; di, particle size).

5.3 R esults and Discussion

Figure 5.1 shows the effect of Ru loading on Ru/Mn/Al2O3 with CO conversion, 
C5

+ selectivity, and CH4 selectivity during FT synthesis. CO conversion increased 
with increasing Ru loading up to 5 wt%. For this loading, CH4 selectivity and 
C5

+ selectivity were almost constant, and at 5 wt% Ru loading the catalyst 
showed much higher CO conversion. When Ru increased from 5 to 10 wt%, CO 
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Figure 5.1  Effect of Ru loading on Ru/Mn/Al2O3 with CO conversion, C5
+ selectiv-

ity, and CH4 selectivity for FT synthesis. (∆) CO conversion, (◦) C5
+ selectivity, (×) CH4 

selectivity. Reaction conditions: catalyst weight = 2.5 g, T = 493 K, P = 20 bar, H2/CO = 
2, GHSV = 1,800 h–1, H2 reduction = 473 K.
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conversion and C5
+ selectivity decreased while CH4 selectivity increased almost 

linearly (Figure 5.1). These results indicate that, at these conditions, 5 wt% Ru on 
Ru/Mn/Al2O3 is the preferred loading for this type of FT synthesis.

Figure 5.2 shows the effect of Mn concentration (in Ru/Mn/Al2O3) on CO con-
version, C5

+ selectivity, and deactivation rate for FT synthesis at 493 K and 20 bar. 
Ru/Al2O3 exhibited moderate CO conversion, and a deactivation rate was clearly 
observed. On the other hand, the addition of small amounts of Mn to Ru/Al2O3 

enhanced the catalyst activity significantly. When a Mn to Al ratio between 1/19 
and 1/4 was used, the Ru/Mn/Al2O3 catalyst showed higher CO conversion than 
Ru/Al2O3, and its deactivation rate was negligible with time on stream. In these 
Mn/Al ranges, the values of CO conversion, C5

+ selectivity, CH4 selectivity, and 
carbon chain growth probability were about 84%, 95%, 3%, and 0.92, respec-
tively. When Mn loading increased from 1/4 to 1/2 in Ru/Mn/Al2O3, CO conver-
sion and C5

+ selectivity dramatically decreased and deactivation rate increased 
almost linearly. The Ru/Mn/Al2O3 catalyst with Mn/Al = 1/2 showed a much 
lower catalytic activity than Ru/Al2O3. These results suggest that small amounts 
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Figure  5.2  Effect of Mn concentration on Ru/Mn/Al2O3 with CO conversion, C5
+ 

selectivity, and deactivation rate for FT synthesis. (∆) CO conversion, (◦) C5
+ selectivity, 

(❖) deactivation rate. Reaction conditions: catalyst weight = 2.5 g, T = 493 K, P = 20 bar, 
H2/CO = 2, GHSV = 1,800 h–1, H2 reduction = 473 K.
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of Mn addition can play an important role on catalyst properties and effects are 
controlled by Mn/Al levels.

Figure  5.3 shows the dependence of CO conversion, C5
+ selectivity, CH4 

selectivity, olefin–paraffin ratio, and space–time yield over Ru/Mn/Al2O3 cata-
lyst on reaction time. In this experiment, the amount of solvent used was 117 g 
and the Mn to Al ratio was 1/19. High catalytic activity, selectivity, and stabil-
ity were observed over Ru/Mn/Al2O3 catalyst with long reaction times for FT 
synthesis at 493 K and 20 bar. On this catalyst, olefin–paraffin ratio increased 
with increasing the reaction time up to 40 h, and then the ratio was almost 
constant. CO conversion, C5

+ selectivity, CH4 selectivity, and space-time yield 
were constant with time on stream. The equilibrium level of CO conversion was 
estimated to be about 80%; CH4 selectivity was negligible. At these conditions, 
selectivity for C10–C20 and carbon chain growth probability were about 44% 
and 0.92, respectively; over this Ru/Mn/Al2O3 catalyst the space–time yield was 
about 0.24 mol/gh.

Figure 5.4 represents the dependence of CO conversion and C5
+ selectivity on 

reaction time over the Ru/Mn/Al2O3 catalyst for FT synthesis under pressurized 
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Figure  5.3  Results for FT synthesis with reaction time dependence of Ru/Mn/
Al2O3 catalyst. (◦) CO conversion, (∆) C5

+ selectivity, (❖) CH4 selectivity, (◊) olefin-
paraffin ratio in C2–C4 products, (×) space-time yield on CO conversion and C5

+ 
selectivity. Ru content was 5 wt% and Mn to Al ratio was 1/19. Reaction conditions: 
catalyst weight = 2.5 g, T = 493 K, P = 20 bar, H2/CO = 2, GHSV = 1,800 h–1, H2 
reduction = 473 K.
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conditions. The Mn to Al ratio was 1/19 and the reaction temperature was 493 K. 
CO conversion increased and C5

+ selectivity decreased with increasing pressure. 
Under high pressures of 20, 40, and 60 bar, CO conversion was very stable with 
time on stream. In particular, under 60 bar, high catalytic activity and high resis-
tance to catalyst deactivation were observed in the CSTR used for FT synthesis. 
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Figure 5.4  Reaction time dependence of (a) CO conversion and (b) C5
+ selectivity over 

Ru/Mn/Al2O3 catalyst for FT synthesis under pressurized conditions. (▪) 10 bar, (❖) 20 
bar, (◦) 40 bar, (∆) 60 bar. Mn to Al ratio was 1/19. Reaction conditions: catalyst weight = 
2.5 g, T = 493 K, H2/CO = 2, GHSV = 1,800 h–1, H2 reduction = 473 K.
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Under this pressure, equilibrium CO conversion and C5
+ selectivity were about 96 

and 90%, respectively (Figure 5.4).
Figure 5.5 shows the TPR profiles of Mn/Al2O3, Ru/Al2O3, and Ru/Mn/Al2O3. 

It is clear that in Mn/Al2O3 there is a barely visible very weak and broad peak 
centered near 680 K representing the possible reduction of some Mn2O3 to Mn3O4 
(Figure 5.5a). There is a weak other hydrogen reduction peak near 740 K that can 
be safely attributed to the reduction of intermediate Mn3O4 to MnO. This result 
suggests that higher reduction temperatures are needed for Mn due to a stronger 
Mn-support interaction. This observation is in agreement with previous reports.8,9 
On the other hand, in Figure 5.5b and c, Ru/Al2O3 and Ru/Mn/Al2O3 show only 
one hydrogen reduction peak at 480 and 510 K, respectively, assigned to the reduc-
tion of RuO2 to Ru0. Characterization results are listed in Table 5.1. The amount 
of hydrogen consumption in the TPR profiles increased with Mn addition to Ru/
Al2O3, and this can be due to an increased ease of Ru reduction. The important 
point is that Ru/Mn/Al2O3 showed a delay reduction peak with respect to Ru/
Al2O3, and reduction peaks attributed to the Mn species were not observed in 
Figure 5.5c. This suggests a possible Ru–Mn species interaction forcing the RuO2 
phase to be reduced at a higher temperature (see Figure 5.5b and c).

Figure 5.6 shows the XRD patterns of Ru/Al2O3 and Ru/Mn/Al2O3 after cat-
alyst calcination, H2 reduction, and FT reaction. After catalyst calcination, the 
diffraction peaks assigned to Mn2O3

10 were clearly observed in Ru/Mn/Al2O3, 
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Figure 5.5  H2-TPR profiles of (a) Mn/Al2O3, (b) Ru/Al2O3, and (c) Ru/Mn/Al2O3 at 
300 to 800 K.
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Mn/Al = ½ (see Figure 5.6c). However, Mn species were not observed over Ru/
Mn/Al2O3, Mn/Al = 1/19 (Figure 5.6b), possibly because at this low Mn concen-
tration, Mn species are below the limit of detection by XRD. A comparison of 
Figure 5.6a and b indicates that Ru/Al2O3 and Ru/Mn/Al2O3 (Mn/Al = 1/19) yield 
similar diffractograms showing peaks attributable to Al2O3 and RuO2

 formation.11 
RuO2 broad diffraction peaks with low intensity are also observed over Ru/Mn/
Al2O3 (Mn/Al = 1/2; see Figure 5.6c). In Figure 5.6c, the diffraction peak at low 
diffraction angles is attributed to Mn2O3. This peak broadens and decreases sig-
nificantly after reduction in H2 and reaction (Figure 5.6d and e). The BET surface 
area (SA) data listed in Table 5.1 indicate that Mn addition has a negligible effect 
on SA in Ru/Al2O3 and Ru/Mn/Al2O3 (Mn/Al = 1/19) catalysts; additional details 
have been shown in previous reports.6,12 Ru/Mn/Al2O3 (Mn/Al = 1/2) catalyst after 
H2 reduction and FT reaction yields similar XRD diffractograms (Figure 5.6d 
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Figure  5.6  XRD patterns of (a) Ru/Al2O3 and (b–e) Ru/Mn/Al2O3 catalysts: (b–c) 
after calcination, (d) after H2 reduction, and (e) after FT reaction. Mn to Al ratio was (a) 
0/100, (b) 1/19, and (c–e) 1/2. (◦) RuO2, (∆) Al2O3, (×) Mn2O3, (◦) Ru0.
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and e). In this case, all RuO2 was reduced and Ru0 formed in both samples.13 Using 
the Scherrer equation, the particle size of Ru after reduction and reaction was 
calculated to be about 8 nm. This value is also well in agreement with the TEM 
measurement, shown in Figure 5.7.

Figure 5.7 shows the TEM image of Ru/Mn/Al2O3 catalyst after H2 reduction 
at 473 K. A lot of round-shaped particles that correspond to Ru metals can be 
observed on the catalyst surface. The average particle size (d) can be obtained 
using the equation

 	 d n d n di i i i

ii

= ∑∑ 3 2/  

(ni, number of the particles; di, particle size), and it was estimated to be about 8 
nm over the Ru/Mn/Al2O3 surface. We also measured the energy-dispersive x-ray 
(EDX) analysis of one metallic particle; the spot region of EDX analysis is also 
indicated in Figure 5.7. The elements of Mn, Al, and Cl as well as Ru were clearly 
observed in the spot region of EDX analysis.

Surface atomic concentrations by XPS results are listed in Table 5.1. Ru/Mn/
Al2O3 shows higher Ru concentration than Ru/Al2O3, suggesting that the cata-
lyst reducibility was improved significantly by the presence of Mn. This result 
is consistent with the TPR result in Table 5.1. Furthermore, Cl was found pres-
ent on Ru/Al2O3 and Ru/Mn/Al2O3 surfaces. A previous report suggested that the 
residual chlorine ions are partitioned between the support and the metal, and that 
the chlorine on the surface could inhibit both CO and hydrogen chemisorption.14 

10 nm

Figure 5.7  TEM image of Ru/Mn/Al2O3 catalyst after H2 reduction at 473 K.
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Therefore, it is necessary to evaluate the effect of Mn addition on the catalyst 
resistance to deactivation. From Table 5.1, the important data are the Cl/Mn ratio 
for FT synthesis, and the Cl/Mn ratio for our catalyst is about 2.3. This ratio 
can be related to the formation of MnCl2 over Ru/Mn/Al2O3.6,7 One possible 
explanation is that the addition of Mn can accelerate a removal of Cl atom from 
RuCl3 forming MnCl2, thus eliminating the deleterious effects of Cl on CO and 
H2 chemisorption. As a result, the concentration of metallic Ru, associated with 
catalytic performance in the FT reaction, increases. Thus, Ru/Mn/Al2O3 catalyst 
shows high activity with high resistance to catalyst deactivation for FT synthesis 
under higher reaction pressure.

5.4  Conclusions

In contrast to Ru/Al2O3, Ru/Mn/Al2O3 catalysts showed high catalytic activity and 
high resistance to catalyst deactivation during FT synthesis. Under high pressure 
of 60 bar, the equilibrium CO conversion was estimated to be about 96% over 
Ru/Mn/Al2O3. TEM, XPS, and TPR results indicate that the addition of Mn to 
Ru/Al2O3 can accelerate removal of Cl atoms from RuCl3 to form MnCl2, thus 
increasing the density of metallic Ru species on the catalyst surface and with it 
catalytic activity.
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In order to investigate effects of complex formation between Co and chelat-
ing agents on Co-SiO2 interaction at high Co loading, we have tried to prepare 
Co/SiO2 catalysts having high Co loading using nitrilotriacetic acid (NTA) or 
trans-1,2-Cyclohexane-diamine-N,N,N ,ʹNʹ-tetraacetic acid (CyDTA). The step-
wise impregnation method, where Co nitrate solution and chelating agent solu-
tion were stepwise impregnated followed by drying and calcination, successfully 
increased Co loading to 20 mass%. The catalysts thus prepared showed higher 
Fischer-Tropsch synthesis (FTS) activities at high Co loadings (≤10 mass%) than 
the catalyst prepared without using chelating agents. CyDTA was more effective 
than NTA. The stepwise impregnation method with CyDTA led to higher disper-
sion and reducibility of Co at 20 mass%-Co, leading to higher metallic Co surface 
area than those of previously reported catalysts with various types of support 
and Co loadings. The effects of complex formation on the structure of Co spe-
cies formed during drying and calcination were investigated by Fourier transform 
infrared (FT-IR), x-ray diffraction (XRD), extended x-ray absorption fine struc-
ture (EXAFS), and x-ray photoelectron spectroscopy (XPS).

6.1  Introduction

Because of increasing demands for high-quality diesel fuels, many studies on fun-
damental and technological aspects of Co-based FTS catalysts have been made in 
order to improve our understanding of their activity and selectivity property.1–10

From these studies, it is generally assumed that metallic Co particle is an FTS 
active species for Co-based catalysts. Iglesia2 investigated the FTS activities of 
Co/Al2O3, Co/TiO2, and Co/SiO2 catalysts with various Co loadings. It was found 
that the turnover frequency (TOF) of these catalysts is independent of the particle 
size of metallic species (10–250 nm, determined by H2 adsorption), even though 
the type of supports and Co loading were varied over wide ranges. This means 
that the rate of CO conversion (Co weight basis) increases with decreasing the 
cluster size in this range. On the other hand, Bezemer et al.8 recently investigated 
the FTS activity of Co supported on carbon nanofiber (CNF) prepared by differ-
ent procedures, and found that the TOF of Co/CNF catalysts linearly increases 
with the particle size (2–8 nm, determined by XPS). When the particle size is in 
8 to 27 nm range, the TOFs are identical to those reported by Iglesia.2 According 
to their results, the formation of too small metallic particles is not suitable for 
higher rate of conversions. However, the TOFs of Co/Al2O3, Co/TiO2, and Co/
SiO2 catalysts remain unclear when the size of metallic Co particles is below 10 
nm. Different type of supports may cause different types of Co-support interac-
tions, leading to different types of particle size effects.

6.3.11	 The Role of CyDTA.......................................................................113
6.4	 Conclusions................................................................................................116
Acknowledgments...............................................................................................116
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On the other hand, the dispersion and reducibility of Co has been investigated 
extensively for various catalysts with different types of Co precursor, support, 
and Co loading. For example, supported Co catalysts are usually prepared by 
the impregnation of Co nitrate solution followed by drying, calcinations, and H2 
reduction. As is well known, this preparation method leads to lower dispersion, 
but higher reducibility. The particle size of metallic species from Co nitrate pre-
cursor is reported to be 20 to 40 nm.9,10 Besides, several authors reported that the 
use of Co acetate (Co/SiO2)9, Co acethylacetonate, Co oxalate (Co/TiO2),11 or Co 
nitrate + Co acetate mixed salt (Co/SiO2),9 instead of the conventional Co nitrate 
precursor, results in the formation of metallic particles with smaller sizes. The 
reducibility of Co on these catalysts is, on the other hand, somewhat lower com-
pared with the catalyst prepared from nitrate precursor. These results suggest that 
Co precursor has a strong influence on the dispersion and reducibility of Co, that 
is, Co-support interaction.

In previous studies, the authors have tried to control Co-support interac-
tion using novel types of Co precursor; a Co complex was chosen as precur-
sor. Specifically, catalysts (5 mass%-Co) were prepared by co-impregnation 
of Co nitrate and chelating agent, or organic acid solutions (1:1 molar ratio), 
followed by drying and calcination. Chelating agents or organic acids with 
various Co2+ complex formation constants were used in catalyst preparation. It 
was found that Co/SiO2 catalyst prepared with NTA shows three times higher 
FTS activity than the catalyst prepared with Co nitrate alone. Furthermore, 
volcano-type dependencies were found when CO conversion and H2 uptake over 
these catalysts were plotted against their logarithmic complex formation con-
stants.12 Characterization results showed that chelating agents that form stable 
complexes in the impregnating solution are effective for the formation of fine 
metallic particles (less than 5 nm), whereas the formation of too stable complex 
results in lower reducibility of Co. Because 1:1 NTA-Co complex has an inter-
mediate stability, both higher dispersion and reducibility were obtained with 
the catalyst prepared with NTA.12–14 It was also found that the TOFs of these 
catalysts are constant in the 1 to 20 nm particle size range,13 which is evidently 
different from that reported for Co/CNF catalyst. Because Co precursor that can 
attain both higher dispersion and reducibility has not been known so far, our 
results suggest that the complex formation creates a novel type of Co-support 
interactions, leading to higher FTS activity.

If such a kind of novel Co-support interactions can be realized at higher Co 
loadings, higher FTS activities are then to be expected. Therefore, it is impor-
tant to investigate what kind of Co-support interaction is formed by the complex 
formation at higher Co loadings, and how it affects the FTS activity of Co/SiO2 
catalyst. However, unfortunately, Co loading by the above-mentioned co-impreg-
nating method was limited to a maximum of 5 mass% because of lower solubility 
of chelating agents in the presence of higher concentration of Co. However, this 
disadvantage is expected to be overcome by the stepwise impregnation method, 
where separately prepared Co nitrate and chelating agent solutions were stepwise 
impregnated onto SiO2 support.
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In the present work, in order to investigate complex formation effects on 
Co-SiO2 interaction at higher Co loading, we have prepared Co/SiO2 catalysts 
(having higher Co loading) using chelating agents and the stepwise impregnation 
method. NTA (log KCo = 10) and CyDTA (log KCo = 19) were chosen as chelat-
ing agents, because they were both effective in the formation of fine metallic 
particles in the co-impregnation method. Their FTS activity and selectivity were 
investigated under high-pressure reaction conditions. The dispersion and reduc-
ibility of Co, and the structure of Co species at drying and calcination steps, were 
also investigated by several spectroscopic techniques to elucidate the effects of 
complex formation.

6.2 E xperimental

6.2.1  Catalyst Preparation by the Stepwise Impregnation Method

Q-15 SiO2 powder purchased from Fuji Silisia (BET surface area = 192 m2 g–1, 
pore volume = 1.03 ml g–1, 150–250 μm) was used as support. Aqueous solution 
containing NTA (Dojindo Chemicals, purity > 99%) or CyDTA (Dojindo chemi-
cals, purity > 99%) was first impregnated onto SiO2 support followed by drying 
at 393 K. Then, aqueous Co(NO3)2·6H2O (Wako Pure Chemicals, purity > 99.5%) 
solution was impregnated onto dried L/SiO2 powder (L = NTA or CyDTA) fol-
lowed by drying (393 K) and calcination (723 K). Co loading was varied from 5 to 
20 mass% as metallic Co (SiO2 weight basis), whereas NTA and CyDTA loading 
was fixed constant. Thus, the Co to L molar ratio is varied from 1 (5 mass%-Co) 
to 4 (20 mass%-Co) depending on Co loading. The catalysts thus prepared are 
denoted as Co(X)/L/SiO2, where X stands for Co loading in mass% as metallic 
Co (SiO2 weight basis).

6.2.2 A ctivity Test

FTS activity and selectivity of these catalysts were investigated with a high-pres-
sure fixed bed reactor system. The reactor consisted of a stainless steel tube with 
an internal diameter of 7 mm in an electronically heated oven. The gases, H2 
(purity > 99.995%) and 33% CO/62% H2/5% Ar (purity > 99.99995%), were used 
in the reaction without purification. The calcined catalyst was reduced in a stream 
of H2 at 773 K for 6 h. After H2 reduction, the H2 stream was changed into a high-
pressure CO/H2/Ar stream (1.1 MPa) at room temperature. Hereafter, the catalyst 
was heated to 453 K at the rate of 4 K min–1, and then to 503 K at the rate of 0.2 
K min–1 for the activity evaluation. Gaseous products were analyzed with online 
GC/TCD (Shimadzu, GC8A) and GC/FID (Shimadzu, GC14B), whereas liquid 
products were collected with an ice trap during on stream. After the reaction, 
liquid products were removed from the ice trap, and then subjected to offline GC/
FID (Agilent Technologies, 6850 series GC) analysis. The chain growth probabil-
ity (α) was calculated from molar fractions of C10–C20 hydrocarbon.
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6.2.3  Catalysts Characterization

6.2.3.1  Dried Catalysts
Complex formation between Co and chelating agents was investigated by FT-IR 
spectroscopy after the second impregnation followed by drying. The dried sample 
was diluted with KBr powder and then formed into a self-supporting wafer. FT-IR 
measurements were carried out in a transmittance mode on an FTS6000 FT-IR 
spectrometer (Varian) with spectral resolution and accumulation time of 4 cm–1 
and 1,024, respectively.

6.2.3.2  Calcined Catalysts
Physical properties of calcined catalysts were investigated by N2 adsorption at 77 K 
with an AUTOSORB-1-C analyzer (Quantachrome Instruments). Before the mea-
surements, the samples were degassed at 523 K for 5 h. Specific surface areas (SBET) 
of the samples were calculated by multiplot BET method. Total pore volume (Vtot) 
was calculated by the Barrett-Joyner-Halenda (BJH) method from the desorption 
isotherm. The average pore diameter (Dave) was then calculated by assuming cylin-
drical pore structure. Nonlocal density functional theory (NL-DFT) analysis was 
also carried out to evaluate the distribution of micro- and mesopores.

The effects of chelating agents on the coordination structure and the elec-
tronic state of Co species on calcined catalysts were investigated by XRD, Co 
K-edge EXAFS, and XPS. XRD patterns of calcined catalysts were measured on 
a MiniFlex diffractometer (Rigaku). Cu Kα radiation was used as an x-ray source, 
with the x-ray tube operating at 30 kV and 15 mA. Diffraction intensities were 
recorded from 20 to 90 degrees at the rate of 2.00 degrees min–1 with a sampling 
width of 0.02 degrees. The observed diffraction peaks were assigned by reference 
to JCPDS data. Co K-edge EXAFS measurements were carried out at BL-14B2 
in SPring-8 synchrotron radiation facility (Harima, Japan). EXAFS spectra were 
measured by Quick EXAFS mode in a transmission setup, and analyzed in a 
conventional manner using REX2000 software (Rigaku). Polycrystalline Co3O4 
(Wako Pure Chemicals, purity = 64–77% as Co) and α-Co2SiO4 were also sub-
jected to EXAFS measurement as references. Polycrystalline α-Co2SiO4 was pre-
pared by calcinations of stoichiometric mixture of a polycrystalline Co3O4 and 
amorphous SiO2 powder at 1,523 K for 24 h. Backscattering amplitude and phase 
shift for Co-O and Co-Co coordination shells were extracted from the spectrum 
of polycrystalline Co3O4. XP spectra of the calcined catalysts were measured with 
an ESCA200 spectrometer (SIENTA). Monochromatized Mg Kα line was used 
as an excited source. Charge shift was corrected using BN powder as an internal 
standard.

6.2.3.3  Reduced Catalyst
TPR and hydrogen uptake measurements were carried out to investigate the 
effect of chelating agents on the formation of metallic particles. Apparatus and 
procedures for TPR measurement were described in our previous paper.13 The 
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reduction degree of Co after H2 reduction (%Reduction) was calculated from 
TPR profiles of calcined and reduced (773 K for 6 h) catalysts using the follow-
ing equation:

	 %Reduction

Amount of H consumedduring
TPRof t

2

= −1
hhereducedcatalyst

Amount of H consumedduring
T

2
PPRof thecalcinedcatalyst

















×100 	 (6.1)

Hydrogen uptake of reduced catalysts (X) was measured by volumetric method 
with an AUTOSORB-1-C analyzer (Quantachrome Instruments). Hydrogen adsorp-
tion was carried out at 373 K after in situ H2 reduction at 773 K for 6 h in the adsorp-
tion cell. The dispersion and particle size of metallic Co were calculated by the 
following equations, assuming that the stoichiometry for hydrogen adsorption on 
the metallic site is unity:

	
Co dispersion

X

N
Reduction

0

0

2

100

100= ×
%

	 (6.2)

	 Co particle size
W

%Reduction

X
0

82
100= 	 (6.3)

N0 and W in these equations are the total number of Co atoms and the weight 
percentage of metallic Co, respectively.

6.3 R esults and Discussion

6.3.1 � FTS Activity of Catalysts Prepared by the 
Stepwise Impregnation Method

As reported in previous papers,12,13 Co loading of co-impregnated catalysts is lim-
ited to a maximum of 5 mass% because of lower solubility of the chelating agent. 
In contrast, it was found that Co loadings can be increased to 20 mass% by the 
stepwise impregnation method. The FTS activity of these catalysts prepared by 
stepwise impregnation method is investigated and reported below.

Figure  6.1 shows CO conversion (at 20 h on stream) over Co(X)/SiO2 and 
Co(X)/L/SiO2 catalysts as a function of their Co loading. This figure also 
includes the conversion over the catalysts prepared by the co-impregnation 
method (L-Co(5)/SiO2) as references. CO conversion over Co(X)/SiO2 catalyst 
linearly increases from 20% to 60% with increasing Co loading. A similar trend 
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is observed over Co(X)/NTA/SiO2; this catalyst always shows higher conversions 
than Co(X)/SiO2. The conversion over Co(20)/NTA/SiO2 catalyst is ca. 80%, 
which is more than two times greater than that over NTA-Co(5)/SiO2 catalyst. In 
contrast, Co(5)/CyDTA/SiO2 shows much lower conversion than the Co(5)/SiO2 
catalyst. An abrupt increase in conversion is observed over Co(X)/CyDTA/SiO2 
catalyst around 10 mass%-Co. Conversion further increases with Co loading, and 
reaches a level similar to that of the Co(20)/NTA/SiO2 catalyst. Therefore, the 
stepwise impregnation method with these chelating agents successfully leads to 
higher activity at higher Co loadings. It is noted here, again, that the Co to L 
molar ratio is 4 when Co loading is 20 mass%. This means that only 5 mass% 
of Co formed a complex with the chelating agent. The remaining 15 mass% did 
not. In this relation, it is noteworthy that the conversion over Co(20)/CyDTA/SiO2 
catalyst is higher than the simple sum of the conversions over Co(5)/CyDTA/
SiO2 (Co/L = 1 mol mol–1) and Co(20)/SiO2 catalysts. This suggests that there is 
some interaction between the Co-CyDTA complex and free Co species during the 
catalyst preparation steps.

In order to investigate effects of these chelating agents in more detail, FTS 
reactions were carried out at different conditions. Figure 6.2 shows CO conver-
sion over Co(20)/SiO2, Co(20)/NTA/SiO2, and Co(20)/CyDTA/SiO2 catalysts as 
a function of W/F. At 1.25 g h mol–1, the conversion decreases in the following 
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Figure 6.1  Effect of Co loading on CO conversions over Co(X)/SiO2 (◦), Co(X)/NTA/
SiO2 (▲), and Co(X)/CyDTA/SiO2 (▪) catalysts. The conversions over NTA-Co(5)/SiO2 
(∆) and CyDTA-Co(5)/SiO2 (▪) catalysts are also plotted in this figure. NTA and CyDTA 
loadings were fixed at 16 and 31 mass%, respectively, for the catalysts prepared by the 
stepwise impregnation method. Reaction conditions: 503 K, 1.1 MPa, 5.0 g-cat h mol–1.
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order: Co(20)/CyDTA/SiO2 >> Co(20)/NTA/SiO2 > Co(20)/SiO2. Therefore, 
CyDTA is more effective than NTA.

6.3.2  Selectivity and Space-Time Yield of Liquid Hydrocarbon

Table 6.1 summarizes selectivity and space-time yield (STY) of liquid hydrocar-
bon obtained with the catalysts having 20 mass%-Co loading (W/F = 1.25 g h 
mol–1), in comparison with those catalysts having 5 mass%-Co loading (W/F = 
5 g h mol–1). C5+ selectivity for Co(20)/SiO2 catalyst is ca. 80 C-mol%. The chain 
growth probability of C10–20 hydrocarbon (α) for this catalyst is 0.85. Both C5+ 
selectivity and α value for Co(20)/SiO2 catalyst are identical to those for Co(5)/
SiO2 catalyst. Co(20)/SiO2 catalyst yields 360 g kg-cat–1 h–1 of C5+ hydrocar-
bons, which is ca. 2.5 times greater than that obtained with Co(5)/SiO2 catalyst. 
Concerning effects of chelating agents, C5+ selectivity for Co(20)/NTA/SiO2 and 
Co(20)/CyDTA/SiO2 catalysts is comparable with that for Co(20)/SiO2 catalyst, 
whereas α values for the former catalysts are slightly lower. However, the use 
of these chelating agents greatly improves the STY of liquid hydrocarbon. With 
Co(20)/NTA/SiO2 and Co(20)/CyDTA/SiO2 catalysts, 608 and 1,500 g kg-cat–1 
h–1 of C5+ hydrocarbon are obtained, respectively. Furthermore, the STY of C10–20 
hydrocarbon (equivalent to the diesel fraction) reaches 815 g kg-cat–1 h–1 over 
Co(20)/CyDTA/SiO2 catalyst. Ohtsuka and his coworkers15 reported that SBA-
15-supported Co catalyst (Co loading: 20 mass% as metallic Co) yields 710 and 
350 g kg-cat–1 h–1 of C5+ and C10–20 hydrocarbons, respectively, at 503 K and 2.0 
MPa with W/F of 2.4 g h mol–1. As far as we know, this is champion data for 
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Figure 6.2  CO conversions over Co(20)/SiO2 (◦), Co(20)/NTA/SiO2 (▲), and Co(20)/
CyDTA/SiO2 (▪) catalysts as a function of W/F. Reaction conditions: 503 K, 1.1 MPa.
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hydrocarbon productivity with Co catalysts. Co(20)/CyDTA/SiO2 catalyst yields 
C5+ and C10–20 hydrocarbons more than two times greater than Co/SBA-15 cata-
lyst, even under lower reaction pressure.

6.3.3  Physical Properties of Calcined Catalysts

To elucidate the origin of the promoting effect of CyDTA, we investigated at 
first the physical properties of calcined catalysts prepared with and without using 
CyDTA. N2 adsorption isotherms of these catalysts were of type IV, indicating 
the presence of mesopore. Specific surface area (SBET), total pore volume (Vtot), 
and average pore diameter (Dave) of some calcined catalysts are summarized in 
Table 6.2. Specific surface area and total pore volume of calcined Co(20)/SiO2 
catalyst are ca. 80% of SiO2 support. Because SiO2 content of this catalysts is ca. 
80%, surface area and pore volume normalized to catalyst weight should decrease 
to the same degree. In contrast, total pore volume of calcined Co(20)/CyDTA/
SiO2 catalyst is ca. 70% of that of SiO2, although SiO2 content of this catalyst is 
ca. 80%. Average pore diameter of this catalyst is evidently smaller than with 
other samples as well.

NL-DFT analysis was then carried out to obtain more accurate information of 
the distribution of mesopores. It was shown that smaller mesopores with 2 to 12 nm 
diameter are formed only on calcined Co(20)/CyDTA/SiO2 catalyst, whereas mes-
opore diameter is distributed above 12 nm on other catalysts. In Table 6.2, cumu-
lative pore volume (Vc) and specific surface area (Sc) of mesopores are tabulated. 
Because of the presence of smaller mesopores, cumulative specific surface area of 
calcined Co(20)/CyDTA/SiO2 catalyst is larger than that of calcined Co(20)/SiO2 
catalyst, whereas cumulative pore volume of the former is smaller. The formation 

Table 6.2
Physical Properties of Some Calcined Catalysts

SBET
a

m2 g-cat–1

Vtot
b

ml g-cat–1

Dave
c

nm
Sc

d

m2 g-cat–1

Vc
e

ml g-cat–1

Co(5)/CyDTA/SiO2 242.6 1.24 20.5 250.7 1.24

Co(20)/CyDTA/
SiO2

206.7 0.87 16.8 199.5 0.85

Co(20)/SiO2 189.4 0.97 20.5 195.2 0.95

SiO2 232.3 1.23 21.2 242.8 1.19

a Specific surface area calculated by multiplot BET method.
b Total pore volume calculated by BJH method.
c Average pore diameter.
d Cumulative surface area of mesopore from NL-DFT analysis.
e Cumulative pore volume of mesopore from NL-DFT analysis.
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of these smaller mesopores thus is reason for smaller average pore diameter of this 
catalyst, although their origin is unknown.

6.3.4  Co Reducibility

The effect of CyDTA on the reducibility of Co was then investigated by TPR. 
Figure 6.3 shows TPR profiles of calcined and reduced catalysts. During TPR of 
calcined Co(5)/SiO2 catalyst, two strong peaks are observed below 700 K. These 
strong peaks are assigned to the reduction of Co3O4 to CoO (ca. 600 K), and 
CoO to the metallic Co (ca. 670 K), as already reported in previous studies.16–18 
A similar profile is obtained with a Co(20)/SiO2 catalyst. After H2 reduction of 
these catalysts at 773 K, no peak is observed in their TPR profiles, showing that 
most of Co on calcined catalysts is reduced by hydrogen under these conditions. 
In marked contrast with these profiles, TPR of calcined Co(5)/CyDTA/SiO2 
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Figure  6.3  TPR profiles of calcined (thick line) and reduced (thin line) catalysts: 
(a) Co(20)/CyDTA/SiO2, (b) Co(5)/CyDTA/SiO2, (c) Co(20)/SiO2, and (d) Co(5)/SiO2. 
Heating rate: 5 K min–1.
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catalyst evolves only a broad peak above 1,000 K. A high temperature peak is 
observed even after H2 reduction, whereas the peak position is slightly shifted 
toward lower temperature. Therefore, most of Co cannot be reduced under the 
conditions employed here. When Co loading is increased to 20 mass% (calcined 
Co(20)/CyDTA/SiO2 catalyst), however, several peaks are evolved at lower tem-
peratures. An intense peak is observed at ca. 473 K, which accompanies a broad 
peak ranging from 700 to 900 K. A relatively weak peak is also observed above 
1,000 K in this TPR profile. These peaks completely disappear after H2 reduction. 
Most of Co on this catalyst is reduced by hydrogen at 773 K. To obtain a better 
quantitative insight, the reduction degree of Co after H2 reduction was calculated 
by Equation 6.1 and is summarized in Table 6.3. The reduction degree for Co(X)/
CyDTA/SiO2 increases from 17% to 93% for Co loading of 5 and 10 mass%. This 
steep increase is comparable with that observed for the CO conversion vs. Co 
loading relationship (Figure 6.1).

6.3.5  Dispersion of Metallic Co

H2 uptake of reduced catalysts is summarized in Table 6.3. The dispersion and 
particle size of metallic Co species were then calculated from H2 uptake and 
reduction degree of Co using Equations 6.2 and 6.3 (Table 6.3). The dispersion of 
metallic species on the Co(X)/CyDTA/SiO2 catalyst is two to three times higher 
than that on the Co(X)/SiO2 catalyst. The highest dispersion is obtained with 
the Co(20)/CyDTA/SiO2 catalyst even though this catalyst has the highest Co 
loading. The particle size of metallic species on this catalyst was calculated to 
be ca. 8 nm. Figure 6.4 shows the relationship between the reduction degree of 
Co and the dispersion of metallic species. At low Co loading, modification with 
CyDTA improves the dispersion of metallic species by a factor of 2, but it strongly 
depresses the reduction degree of Co. In contrast, at high Co loading, modifica-
tion with CyDTA improves the dispersion of metallic species by a factor of 3 
without loss of reduction degree of Co. In other words, both higher dispersion 
and reducibility of Co can be obtained by the stepwise impregnation method with 
CyDTA at high Co loading. Higher dispersion and reducibility of Co leads to 

Table 6.3
Effects of CyDTA on the Reducibility of Co and Dispersion of 
Metallic Co Species

H2 Uptake 10-6 
mol g-cat-1

Dispersion 
of Co0 %

Reduction 
Degree %

Co0 Particle 
Size nm

Co(5)/CyDTA/SiO2 6 8.9 17 12

Co(10)/CyDTA/SiO2 64 9.0 93 11

Co(20)/CyDTA/SiO2 173 12.7 96 8

Co(20)/SiO2 57 4.2 96 23

Co(5)/SiO2 20 4.7 85 17
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higher metallic Co surface area, which is why the Co(20)/CyDTA/SiO2 catalyst 
shows higher FTS activity.

6.3.6  Comparison with Previous Studies (Metallic Co Surface Area)

To show the impact of the stepwise impregnation method with CyDTA on the for-
mation of a metallic Co surface area, the metallic surface area (SA) on our cata-
lyst was compared with literature results. Figure 6.5 compares the metallic SA of 
our catalysts prepared by co-impregnation and stepwise impregnation methods 
with literature data8,9,19–31 that include SiO2-, Al2O3-, TiO2-, and CNF-supported 
catalysts prepared by various methods. Catalysts prepared with promoters are not 
included in this figure. As we can see in Figure 6.5, the reduced Co(20)/CyDTA/
SiO2 catalyst has a greater metallic surface area than any other catalysts shown 
here. Therefore, the stepwise impregnation method with CyDTA is effective for 
higher metallic SA generation and higher FTS activity.

6.3.7  Role of CyDTA during Drying and Calcinations Steps

As mentioned above, the stepwise impregnation method with CyDTA at high Co 
loading leads to higher metallic Co surface area after H2 reduction. CyDTA could 
form a complex with Co during the second impregnation step. This Co-CyDTA 
complex would be preserved during the following drying step because the 
Co-CyDTA complex has a higher stability (log KCo = 19), but it is burnt off during 
the final calcination step. However, only part of Co could be involved in com-
plex formation at high Co loading. This situation is evidently different from that 
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Figure  6.4  Relationship between the dispersion of metallic Co particle and reduc-
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for the catalysts prepared by the co-impregnation method. So, the question is 
how the Co-CyDTA complex works during the drying and calcination steps in 
the stepwise impregnation method to create higher metallic surface area after H2 
reduction. The activity test used suggests that there is some interaction between 
the Co-CyDTA complex and the free Co species during the catalyst preparation 
steps. To investigate this from a different point of view, the structure of Co spe-
cies on dried and calcined catalysts was investigated by spectroscopic techniques. 
Complex formation between Co and CyDTA was first investigated by FT-IR spec-
troscopy on the catalyst after the second impregnation followed by drying. Then, 
the effect of CyDTA on the coordination structure (dispersion) and electronic 
state (support interaction) of Co on calcined catalysts was investigated by XRD, 
Co K-edge EXAFS, and XPS.

6.3.8  Complex Formation

The FT-IR spectrum of the Co(5)/CyDTA/SiO2 catalyst after the second impreg-
nation followed by drying is shown in Figure 6.6 and compared with those of 
dried Co(5)/SiO2 and CyDTA/SiO2 catalysts. In an aqueous solution, the complex 
formation between CyDTA and Co ion yields [CoCyDTA]2– and [CoHCyDTA]– 
complexes depending on pH. At higher pH, the Co ion is fully coordinated with 
CyDTA ([CoCyDTA]2– complex), whereas this complex is protonated to yield 
[CoHCyDTA]– complex at lower pH.32,33 Their structures are shown in Figure 6.7. 
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Figure 6.5  Impact of the stepwise impregnation method with CyDTA on the forma-
tion of higher Co0 surface area: Co(X)/CyDTA/SiO2 (▪); L-Co(5)/SiO2 (L = glycine, citric 
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These complexes were precipitated from aqueous solutions using ethanol, and 
subjected to FT-IR measurement as references. Their structure can be eas-
ily distinguished by FT-IR spectroscopy because IR band frequencies of their 
υasCOO– are evidently different (see Figure 6.6). In the spectrum of dried Co(5)/
SiO2 catalyst, a strong band assigned to NO3

– is observed at 1,386 cm–1. A weak 
and broad band is also observed at 1,631 cm–1 in this spectrum (δH2O), showing 
the presence of adsorbed water even after the drying step. In the spectrum of the 
dried CyDTA/SiO2 catalyst, three bands are observed at 1,729 cm–1, 1,629 cm–1, 
and 1,400 cm–1. These bands are assigned to υC=O, δH2O, and the scissor vibra-
tion of CH2, respectively. When Co nitrate solution was impregnated onto dried 
CyDTA/SiO2 followed by drying (dried Co(5)/CyDTA/SiO2 catalyst), an intense 
band was evolved at 1,646 cm–1 as well as the band assigned to NO3

–. IR band fre-
quency of the former band (1,646 cm–1) is evidently higher than those of the bands 
observed for dried Co/SiO (1,631 cm–1) and dried CyDTA/SiO2 (1,629 cm–1). This 
IR band frequency is well consistent with that of the band for the [CoHCyDTA]–1 
complex. Therefore, protonated Co-CyDTA complex is a main species after the 
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Figure 6.6  FT-IR spectra of the catalyst with low Co loading after the second impreg-
nation followed by drying: (a) Co(5)/CyDTA/SiO2, (b) CyDTA/SiO2, (c) Co(5)/SiO2, (d) 
[CoHCyDTA]–, and (e) [CoCyDTA]2– complexes.
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second impregnation followed by drying at low Co loading, i.e., Co/CyDTA = 1 
mol mol–1.

FT-IR spectra of dried catalysts with higher Co loadings are shown in Figure 6.8. 
When the catalyst is prepared without CyDTA, the IR band of adsorbed nitrate 
species is more intense at high Co loading (20 mass%-Co). IR band intensity 
of this species increases as well with Co loading for dried Co(X)/CyDTA/SiO2 
catalyst. Furthermore, the higher-frequency band assigned to the [CoHCyDTA]– 
complex shifts toward lower frequency with Co loading. At 20 mass%-Co, this 
band is observed near the band of adsorbed water. These results indicate that both 
Co nitrate species and a small amount of [CoHCyDTA]– complex are present at 
higher Co loadings.

6.3.9  Coordination Structure of Co

The coordination structure of Co on calcined catalysts was then investigated 
by XRD and Co K-edge EXAFS spectroscopy. Figure 6.9 shows XRD patterns 
of calcined Co(X)/CyDTA/SiO2 catalysts in comparison with those of calcined 
Co(X)/SiO2 catalysts. XRD patterns of polycrystalline Co3O4 and α-Co2SiO4 are 
also included in this figure as references. The XRD pattern of calcined Co(5)/
SiO2 catalyst shows several diffraction peaks at ca. 37, 58, and 65 degrees. More 
intense peaks are observed at the same diffraction angles in the XRD pattern 
of calcined Co(20)/SiO2 catalyst. By comparison with the patterns of reference 
compounds, these diffraction peaks are assigned to Co3O4 species. To the con-
trary, no diffraction peak is observed in the pattern of calcined Co(5)/CyDTA/
SiO2 catalyst. Only a weak and broad peak is observed around 37 degrees in the 
pattern of calcined Co(20)/CyDTA/SiO2 catalyst. Thus, the stepwise impregna-
tion method with CyDTA leads to the formation of x-ray amorphous Co species 
after the calcination.

Figure  6.10 shows Fourier transforms of Co K-edge EXAFS spectra of 
these calcined catalysts and polycrystalline Co oxides. Three peaks are clearly 
observed in EXAFS spectra of calcined Co(X)/SiO2 catalysts at almost the same 
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positions as observed for polycrystalline Co3O4. These peaks are also observed 
in the spectra of calcined Co(X)/CyDTA/SiO2; note that their intensities are 
evidently weaker than those in the spectra of the catalysts without CyDTA. 
Structural parameters of coordination shells calculated by curve-fitting analysis 
are summarized in Table 6.4. Co-O and Co-Co interatomic distances for calcined 
catalysts are consistent with those for polycrystalline Co3O4 within experimental 
error. Therefore, a Co3O4-like structure is formed on these calcined catalysts irre-
spective of CyDTA usage. Coordination numbers of Co-Co shells are between 
those observed for calcined Co(5)/SiO2 and Co(20)/SiO2 catalysts. Coordination 
numbers of Co-Co shells for the calcined Co(X)/CyDTA/SiO2 are smaller than 
those for Co-loaded silica, indicating that the stepwise impregnation method with 
CyDTA leads to the formation of a dispersed Co3O4 phase. If we assume that 
the [CoHCyDTA]– complex and Co nitrate species are present without interact-
ing during drying or calcination, then both XRD pattern and EXAFS spectra of 
calcined Co(20)/CyDTA/SiO2 would be comparable to those of calcined Co(20)/
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Figure  6.8  FT-IR spectra of the catalyst with different Co loadings after the sec-
ond impregnation followed by drying: (a) Co(20)/CyDTA/SiO2, (b) Co(10)/CyDTA/
SiO2, (c) Co(5)/CyDTA/SiO2, (d) Co(20)/SiO2, (e) Co(5)/SiO2, (f) [CoHCyDTA]–, and (g) 
[CoCyDTA]2– complexes.
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SiO2 catalyst because XRD and EXAFS peaks observed for calcined Co(5)/
CyDTA/SiO2 are negligible or much weaker than those for calcined Co(20)/SiO2. 
However, this was not observed in the present study, and Co3O4 species were in a 
more dispersed state on the calcined Co(20)/CyDTA/SiO2 catalyst.

6.3.10  Electronic State of Co

The electronic state of Co on calcined catalysts was further investigated by XPS 
to make clear the effect of CyDTA on Co–SiO2 interaction after calcination. 
Figure 6.11 compares XP spectra of calcined Co(X)/CyDTA/SiO2 and Co(X)/
SiO2. The spectra of some reference compounds (polycrystalline Co3O4 and 
α-Co2SiO4) are also included in this figure. In the spectra of calcined Co(X)/SiO2, 
Co 2p3/2 peaks are observed at 780.1 and 780.0 eV. The energy splitting between 
Co 2p1/2 and Co 2p3/2 is 15.1 (X = 5 mass%-Co) and 15.3 eV (X = 20 mass%-Co), 
respectively, which is comparable with polycrystalline Co3O4 (15.2 eV) rather 
than polycrystalline CoO (15.8 eV; not shown here). Thus, Co3O4 species with 
a weak support interaction is formed on these calcined catalysts. In contrast, 
the Co 2p3/2 peak appears at a higher-energy side (781.4 eV) in the spectrum of 
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Figure 6.9  XRD patterns of calcined catalysts: (a) Co(20)/CyDTA/SiO2, (b) Co(10)/
CyDTA/SiO2, (c) Co(5)/CyDTA/SiO2, (d) Co(20)/SiO2, (e) Co(5)/SiO2, (f) polycrystalline 
Co3O4, and (g) polycrystalline α-Co2SiO4 (asterisks stand for the diffraction peak from Al 
sample folder).
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calcined Co(5)/CyDTA/SiO2 catalyst. This binding energy is comparable to the 
one for polycrystalline α-Co2SiO4. Furthermore, the satellite peak in this spec-
trum is clearly observed at 786.4 eV; for polycrystalline α-Co2SiO4 it is at 785.1 
eV. All these results indicate that dispersed Co3O4 species, revealed by Co K-edge 
EXAFS spectroscopy, strongly interact with the SiO2 support, making the elec-
tronic state of Co in this species comparable with that of Co in silicate species. 
With increasing Co loading, the Co 2p3/2 peak shifts toward a lower energy value. 
The binding energy of Co 2p3/2 peak for calcined Co(20)/CyDTA/SiO2 is compa-
rable to that of calcined Co(X)/SiO2, indicating a weak interaction with the silica 
support.

6.3.11  The Role of CyDTA

Considering the characterization results presented above, the role of CyDTA can 
be interpreted as follows. At low Co loading, [CoHCyDTA]– complex was a main 
species after the second impregnation followed by drying. After the calcination 
step, this protonated complex is converted into dispersed Co3O4 species that 
strongly interact with the SiO2 support. It is suggested that the [CoHCyDTA]– 
complex interacts with the SiO2 surface by a hydrogen bonding between the 
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Figure 6.10  Fourier transform of Co K-edge EXAFS of calcined catalysts: (a) Co(20)/
CyDTA/SiO2, (b) Co(5)/CyDTA/SiO2, (c) Co(20)/SiO2, (d) Co(5)/SiO2, (e) polycrystalline 
Co3O4, and (f) polycrystalline α-Co2SiO4.
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–COOH group of the complex and SiOH groups of the SiO2 surface. This interac-
tion leads to the strong Co3O4–SiO2 interaction during calcinations by condensa-
tion reaction between the –COOH and SiOH groups, which is responsible for the 
lower reducibility of this catalyst.

At high Co loadings, on the other hand, both Co nitrate species and a small 
amount of [CoHCyDTA]– complex are present after the second impregnation 
followed by drying. Considering the results for the catalyst having low Co 
loading, this complex would be converted after calcination to dispersed Co3O4 
species that strongly interact with the silica support. However, a dispersed 
Co3O4 weakly bonded to the support was observed after calcinations; that 
is, the overall Co-support interaction is weaker than in the catalyst with low 
Co loading. This is probably due to the fact that most of the Co species is 
free from complex formation at the drying step. Therefore, these catalysts 
have higher reducibilities. Furthermore, the dispersion of this Co3O4 species is 
higher than that expected from the simple assumption that the [CoHCyDTA]– 
complex and Co nitrate species are present without interacting during drying 
or calcination. In other words, the dispersion of Co species free from the 
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Figure 6.11  XP spectra in Co 2p region of calcined catalysts: (a) Co(20)/CyDTA/SiO2, 
(b) Co(5)/CyDTA/SiO2, (c) Co(20)/SiO2, (d) Co(5)/SiO2, (e) polycrystalline Co3O4, and (f) 
polycrystalline α-Co2SiO4.
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complex formation is improved after the calcination in the presence of a pro-
tonated complex. As a result, both higher dispersion and reducibility of Co 
can be obtained by the stepwise impregnation method with CyDTA at higher 
Co loadings. It is suggested that CyDTA affects Co-support interactions in 
direct (through complex formation) and indirect manners; the mechanism of 
an indirect manner is still unknown.

6.4  Conclusions

In order to investigate effects of complex formation on Co-SiO2 interaction at 
high Co loading, the stepwise impregnation method was used to prepare Co/SiO2 
catalysts having high Co levels in the presence of NTA or CyDTA. Their FTS 
activity and selectivity, and the structure of Co species at each preparation step 
were also investigated. Important results can be summarized as follows:

	 1.	The stepwise impregnation method successfully increased Co loading of 
Co/SiO2 catalyst, prepared with NTA or CyDTA, to 20 mass%.

	 2.	The stepwise prepared catalysts showed higher FTS activities at higher 
Co loadings (≥10 mass%-Co) than the catalyst without chelating agents. 
CyDTA was more effective than NTA.

	 3.	The catalyst prepared with CyDTA yielded 815 g kg-cat–1 h–1 of C10–20 
hydrocarbon at 503 K and 1.1 MPa, which is much greater than yields 
reported previously.

	 4.	TPR and hydrogen uptake measurements have shown that the step-
wise impregnation method with CyDTA leads to higher dispersion 
and higher reducibility of Co at high Co loading, leading to higher 
metallic Co surface area than those of previously reported catalysts 
having various types of support (SiO2, Al2O3, TiO2, and CNF) and 
various Co loadings.

	 5.	FT-IR measurement showed that both Co nitrate and a small amount 
of [CoHCyDTA]– complex are formed after the second impregnation, 
followed by drying at higher Co loadings (≥10 mass%-Co). It was also 
revealed by Co K-edge EXAFS and XPS that this complex after calcina-
tion is converted into dispersed Co3O4 species strongly interacted with 
the SiO2 support. The dispersion of Co species improved after calcina-
tions, irrespective of the presence of the complex. It is suggested that 
CyDTA affects Co-support interactions in direct (through complex for-
mation) and indirect manners, different from co-impregnated catalysts.
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Temperature-programmed reduction combined with x-ray absorption fine-struc-
ture (XAFS) spectroscopy provided clear evidence that the doping of Fischer-
Tropsch synthesis catalysts with Cu and alkali (e.g., K) promotes the carburization 
rate relative to the undoped catalyst. Since XAFS provides information about the 
local atomic environment, it can be a powerful tool to aid in catalyst charac-
terization. While XAFS should probably not be used exclusively to characterize 
the types of iron carbide present in catalysts, it may be, as this example shows, 
a useful complement to verify results from Mössbauer spectroscopy and other 
temperature-programmed methods. The EXAFS results suggest that either the 
Hägg or ε-carbides were formed during the reduction process over the cementite 
form. There appears to be a correlation between the α-value of the product distri-
bution and the carburization rate.

7.1  Introduction

Iron-based Fischer-Tropsch synthesis catalysts are not only used commercially 
for high-temperature Fischer-Tropsch synthesis [1], but are increasingly becoming 
the focus for converting low H2/CO ratio synthesis gas at lower temperature [2]. 
Such low-temperature processing yields hydrocarbon distributions with higher 
α-values and, as a consequence, much less light gas production (and especially 
less methane). Another benefit to the use of iron-based catalysts is that the product 
slate is richer in α-olefinic products, which are more valuable than the paraffinic 
products produced using cobalt-based catalysts. Iron-based catalysts are often 
used to convert low H2/CO ratio syngas, because the catalysts can intrinsically 
adjust the syngas ratio upward by converting a fraction of CO with H2O to pro-
duce H2 and CO2 via the water-gas shift reaction. If coal-to-liquids is going to be 
commercialized worldwide, environmental and political factors will likely dictate 
the necessity to sequester the CO2 produced. This in turns means that the rela-
tive rates of Fischer-Tropsch synthesis and water-gas shift should be optimized 
to limit the amount of CO2 formed. In this way, the burden of CO2 sequestration 
from the Fischer-Tropsch synthesis step may be limited. There is increasing inter-
est to better understand the catalyst structure-function relationships to achieve 
this goal, so that better formulations may be developed. Unlike cobalt catalysts, 
where the active sites are likely the metallic cobalt crystallites [3], making them 
relatively easier to characterize, working iron catalysts are often a complex mix-
ture of iron carbide compounds [4], often containing an oxidic fraction.

The aim of this work was to apply combined temperature-programmed reduc-
tion (TPR)/x-ray absorption fine-structure (XAFS) spectroscopy to provide clear 
evidence regarding the manner in which common promoters (e.g., Cu and alkali, 
like K) operate during the activation of iron-based Fischer-Tropsch synthesis 
catalysts. In addition, it was of interest to compare results obtained by EXAFS 
with earlier ones obtained by Mössbauer spectroscopy to shed light on the pos-
sible types of iron carbides formed. To that end, model spectra were generated 
based on the existing crystallography literature for four carbide compounds of 
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interest. The experimental data of the catalyst were qualitatively compared with 
the models.

7.2 E xperimental

7.2.1  Catalyst Preparation, Activation, and Reaction Testing

A commercial ultrafine iron oxide catalyst (NANOCAT® Superfine Iron Oxide, 
Mach I, Inc., 3–5 nm particle size, surface area = 250 m2/g, and bulk density = 
0.05 g/cm3) was used as the reference α-Fe2O3 catalyst. The promoted iron cata-
lysts were prepared from a base catalyst with atomic composition 100Fe/4.6Si or 
100Fe/5.1Si prepared by a precipitation method as previously reported [5]. The 
precipitated base iron catalyst was first prepared using a ferric nitrate solution 
obtained by dissolving Fe(NO3)3  in deionized water, and the amount of tetra-
ethyl orthosilicate needed to make Si:Fe atomic ratio of 4.6:100 or 5.1:100 was 
added. The mixture was stirred vigorously until the tetraethyl orthosilicate was 
hydrolyzed. This mixture of tetraethyl orthosilicate and iron nitrate was then 
added to a continuously stirred tank reactor (CSTR) precipitator vessel together 
with a separate stream of 30% ammonium hydroxide that was added at a rate 
to maintain a pH of 9.0. By maintaining the slurry pH at 9 and an average resi-
dence time of 6 min, a base catalyst material with an iron to silicon molar ratio 
of 100:4.6 or 100:5.1 was obtained. The slurry was then filtered with a vacuum 
drum filter and washed twice with deionized water. The final filtration cake was 
dried in an oven with flowing air at 110°C for 24 h. The catalyst was crushed 
and calcined at 350°C under an airflow for 4 h. The Fe/Si catalyst base powder 
was impregnated with the proper amount of aqueous K2CO3 solution to produce 
a potassium-promoted catalyst with the desired composition (i.e., atomic ratios) 
of 100Fe/4.6Si/1.44K, 100Fe/4.6Si/1.5K, 100Fe/4.6Si/5.0K, or 100Fe/5.1Si/5.0K. 
Copper was added to some of these catalysts by wet impregnation with aqueous 
Cu(NO3)2,3H2O solution to produce the desired catalyst composition (atomic 
ratio) of 100Fe/4.6Si/1.44K/2.0Cu or 100Fe/4.6Si/5.0K/2.0Cu.

The FTS experiments were conducted in a 1 L CSTR equipped with a mag-
netically driven stirrer with turbine impeller, a gas-inlet line, and a vapor outlet 
line with a stainless steel (SS) fritted filter (7.0 µm) placed external to the reac-
tor. A tube fitted with an SS fritted filter (0.5 or 2.0 µm opening) extends below 
the liquid level of the reactor for withdrawing reactor wax (rewax, solid at room 
temperature) maintaining a desired liquid level in the reactor. Separate mass 
flow controllers were used to control the flow of H2 and CO at the desired rates. 
The gases were premixed in a mixing vessel before entering the reactor. CO was 
passed through a vessel containing lead oxide–alumina to remove any traces of 
iron carbonyl. The mixed gases entered the CSTR below the stirrer, which was 
operated at 750 rpm. The reactor temperature was maintained constant ( ± 1°C) 
by a temperature controller.

Melted (150°C) Polywax 3000 (PW3000, polyethylene fraction with average 
molecular weight of 3,000, Baker Petrolite, Inc.) or Ethylflo 164 hydrocarbon oil 
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(C30 oil, homopolymer of 1-decene, Ethyl Corp., Inc.) served as the start-up sol-
vent for the experiments. The catalyst (ca. 5–8 g) was added to start-up solvent 
(ca. 300 g) in the CSTR. The reactor temperature was then raised to 270°C at a 
rate of 1°C/min. The catalyst was activated using CO at a space velocity of 3.0 
sl/h/g Fe at 270°C and 175 psig for 24 h. FTS was then started by adding synthesis 
gas mixture (H2:CO ratio of 0.7) to the reactor at a space velocity of either 3.1 or 
5.0 sl/h/g Fe. The conversions of CO and H2 were obtained by gas chromatogra-
phy (GC) analysis (HP Quad Series Micro-GC equipped with thermal conductiv-
ity detectors) of the product gas mixture. The reaction products were collected in 
three traps maintained at different temperatures—a hot trap (200°C), a warm trap 
(100°C), and a cold trap (0°C). The products were separated into different frac-
tions (rewax, wax, oil, and aqueous) for quantification by GC analysis. However, 
the oil and the wax (liquid at room temperature) fractions were mixed prior to 
GC analysis.

7.2.2 � Crystal Structure and Development of 
the Theoretical EXAFS Models

EXAFS theoretical structural models were prepared using the Atoms [6] pro-
gram to input crystal structure parameters obtained from the literature [7–9] 
into the FEFF software [10] to determine, based in part on the muffin tin 
potentials and scattering geometries, the path contributions that make up the 
theoretical EXAFS functions (i.e., χ(k)) for each carbide compound. The crys-
tal parameters, provided in Tables 7.1 and 7.2, were used to construct three-
dimensional views of the carbide compounds using the software CrystalOgraph 
[11]. The resulting single scattering path contributions for each carbidic com-
pound are given in Tables 7.3a through 7.3d, provided in the Section 7.5. These 
paths’ contributions served as theoretical models for the FEFFIT [12] input file. 
Theoretical χ(k) functions for each carbide, along with the resulting k1-weighted 
theoretical Fourier transform magnitude spectra (i.e., radial distribution func-
tions), were generated. The parameters used included the nominal coordination 
numbers set by the crystal structure, no lattice contraction factor (i.e., α), an 
amplitude reduction factor (i.e., S0

2) of 0.90, a shift in E0 of zero, and a compari-
son of spectra generated with no disorder (i.e., Debye-Waller factor of zero) or 
relatively high disorder (i.e., Debye-Waller factor of 0.010), as commonly found 
with iron FT catalysts.

7.2.3 � Temperature-Programmed Extended X-ray Absorption 
Fine-Structure (EXAFS) and X-ray Absorption 
Near-Edge (XANES) Spectroscopies

In situ CO-TPR XAFS studies were performed at the Materials Research 
Collaborative Access Team (MR-CAT) beam line at the Advanced Photon Source, 
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Argonne National Laboratory. A cryogenically cooled Si(111) monochromator 
selected the incident energy and a rhodium-coated mirror rejected higher-order 
harmonics of the fundamental beam energy. The experiment setup was similar 
to that outlined by Jacoby [13]. A stainless steel multisample holder (4.0 mm i.d. 
sample wells) was used to monitor the in situ reduction of five samples and one 
reference during a single TPR run. The samples were diluted with silica (ultra-
pure silica gel) of the Silicycle Chemical Division (S10040T) at a level of 10:1 
silica:catalyst. The silica and Fe catalysts were pulverized together using a mortar 
and pestle, and the Fe concentration only varied ±10% across the pellet diameter, 
indicating an acceptable degree of mixing.

The pellet charge was about 0.0065 g (0.0060 to 0.0068) into a cell with a 4.0 
mm diameter. The holder was placed in the center of a quartz tube, equipped with 
gas and thermocouple ports and Kapton windows. The amount of sample used 
was optimized for the Fe K edge, considering the absorption by Si of the catalyst. 
The quartz tube was placed in a clamshell furnace mounted on the positioning 
table. Each sample cell was positioned relative to the beam by finely adjusting 
the position of the table to an accuracy of 20 µm (for repeated scans). Once the 
positions were fine-tuned, the samples were heated to about 120°C in 5% CO/He 
at 10°C/min. Then the samples were heated to about 270°C over a 3-hour period. 
They were held at this temperature for 4 h and then cooled.

The Fe K-edge spectra were recorded in the transmission mode and a metal-
lic iron foil spectrum was measured simultaneously with each sample spec-
trum for energy calibration. X-ray absorption spectra for each sample were 
collected from 7,520 to 8,470 eV, with a step size of 0.40 eV and acquisition 
times of ca. 68 s per sample. Measuring each sample, in turn, and repeating 

Table 7.2
Atomic Positions Using Cartesian Coordinates and Corresponding 
Wyckoff Letters

Carbide Compound Atom Color Cartesian Coordinates

Cementite Fe 4c Red to White (x1, y1, z1) = (0.036, 0.250, 0.852)

Feʹ 8d Orange to Gray (x2, y2, z2) = (0.186, 0.063, 0.328)

C 4c Blue to Black (x3, y3, z3) = (0.890, 0.250, 0.450)

Hägg carbide Fe 8f Red to White (x1, y1, z1) = (0.092, 0.091, 0.421)

Feʹ 8f Orange to Light Gray (x2, y2, z2) = (0.207, 0.577, 0.302)

Feʹ 4e Peach to Dark Gray (x3, y3, z3) = (0.000, 0.566, 0.250)

C 8f Blue fo Black (x4, y4, z4) = (0.109, 0.300, 0.082)

ε-carbide Fe 6g Red to White (x1, y1, z1) = (0.333, 0.000, 0.000)

C 2c Blue to Black (x2, y2, z2) = (0.333, 0.667, 0.250)

Cʹ 2d Green to Gray (x3, y3, z3) = (0.333, 0.667, 0.750)

η-carbide Fe 4g Red to White (x1, y1, z1) = (0.671, 0.250, 0.000)

C 2a Blue to Black (x2, y2, z2) = (0.000, 0.000, 0.000)



Temperature-Programmed EXAFS/XANES Characterization	 125

allowed eighty-four scans to be collected for each sample over a 7-hour period. 
The sample’s temperature change from the absorption edge through the end of 
the scan was then about 1.3°C, while each sample was measured approximately 
every 10°C.

7.2.4  XAS Data Reduction and Fitting

7.2.4.1 XANES  Analysis
XANES spectra were processed using the WinXAS program [14]. For XANES 
processing, a simultaneous pre- and postedge background removal was carried 

Table 7.3a
Path Parameters Generated by FEFF (Single 
Scattering) for Cementite

Cementite

Atom Interaction No. Degeneracies Distance (C)

Fe2 Fe-C 1.0 1.8313

Fe2 Fe-Fe 1.0 1.8954

Fe2 Fe-Fe 1.0 2.0289

Fe1 Fe-Fe 2.0 2.0289

Fe1 Fe-C 1.0 2.0784

Fe2 Fe-C 1.0 2.2035

Fe1 Fe-Fe 2.0 2.2317

Fe2 Fe-Fe 1.0 2.2317

Fe2 Fe-C1 0.0 2.2868

Fe2 Fe-Fe 2.0 2.4878

Fe1 Fe-Fe 2.0 2.6397

Fe1 Fe-C 1.0 2.7782

Fe1 Fe-Fe 2.0 2.8300

Fe2 Fe-Fe 1.0 2.8300

Fe2 Fe-Fe 1.0 2.9258

Fe2 Fe-Fe 2.0 3.1276

Fe2 Fe-Fe 1.0 3.1725

Fe1 Fe-C 1.0 3.2043

Fe1 Fe-Fe 2.0 3.2366

Fe1 Fe-C 2.0 3.2481

Fe1 Fe-C 2.0 3.2624

Fe1 Fe-Fe 2.0 3.4013

Fe2 Fe-Fe 1.0 3.4013

Fe2 Fe-C 1.0 3.4154

Fe2 Fe-Fe 2.0 3.4655
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Table 7.3b
Path Parameters Generated by FEFF (Single 
Scattering) for the Hägg Carbide

The Hägg Carbide

Atom Interaction No. Degeneracies Distance (Å)

Fe2 Fe-C 1.0 1.9309

Fe1 Fe-C 1.0 1.9433

Fe1 Fe-C 1.0 1.9766

Fe2 Fe-C 1.0 1.9921

Fe3 Fe-C 2.0 2.0022

Fe3 Fe-C 2.0 2.0388

Fe2 Fe-C 1.0 2.3475

Fe3 Fe-Fe 2.0 2.3616

Fe2 Fe-Fe 1.0 2.3616

Fe1 Fe-C 1.0 2.4964

Fe1 Fe-Fe 1.0 2.4958

Fe1 Fe-Fe 1.0 2.4965

Fe3 Fe-Fe 2.0 2.4965

Fe1 Fe-Fe 1.0 2.5415

Fe2 Fe-Fe 2.0 2.5502

Fe3 Fe-Fe 2.0 2.5762

Fe1 Fe-Fe 1.0 2.5901

Fe3 Fe-Fe 2.0 2.5901

Fe2 Fe-Fe 2.0 2.6010

Fe2 Fe-Fe 1.0 2.6170

Fe1 Fe-Fe 2.0 2.6378

Fe1 Fe-Fe 1.0 2.6428

Fe2 Fe-Fe 1.0 2.6428

Fe1 Fe-Fe 1.0 2.6463

Fe2 Fe-Fe 1.0 2.6463

Fe1 Fe-Fe 1.0 2.6737

Fe2 Fe-Fe 1.0 2.6737

Fe1 Fe-Fe 1.0 2.6937

Fe3 Fe-Fe 2.0 2.6937

Fe1 Fe-Fe 1.0 2.6988

Fe2 Fe-Fe 1.0 2.6988

Fe1 Fe-Fe 1.0 2.7788

Fe2 Fe-Fe 1.0 2.7788

Fe1 Fe-C 1.0 2.8702

Fe1 Fe-C 1.0 3.4258

Fe2 Fe-Fe 1.0 3.4642

Fe3 Fe-Fe 2.0 3.4642

Fe2 Fe-C 1.0 3.4887
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out using two degree 1 polynomials over the ranges of 6.90 to 7.01 keV and 7.22 to 
8.09 keV, respectively, and the resulting spectra were normalized by dividing by 
the height of the absorption edge. The spectra were then calibrated after correct-
ing the edge position for the Fe0 reference, which typically resulted in an offset of 
~1 eV, and sectioned over the range of interest up to ~50 eV above the edge jump. 
Once the spectra were processed, they were compared to reference compounds. 
All of the beginning spectra bore similarities to bulk Fe2O3. As the temperature 
trajectory was followed, it was clearly observed that a transition from Fe2O3 to 
Fe3O4 took place for all of the samples. Beyond this transition, the white line con-
tinued to increase slightly in intensity, while the edge shifted to lower energy, in 
agreement with the continuing removal of O from the Fe3O4 compound, resulting 
in what we describe as an oxygen-deficient form. The final spectra of the cata-
lysts, those recorded after carburization in CO for 4 h at 270°C, were compared 
with spectra for Fe3O4 and the iron foil, in order to qualitatively assess the extent 
of reduction.

Table 7.3c
Path Parameters Generated by FEFF (Single 
Scattering) for ε-carbide

ε-carbide

Atom Interaction No. Degeneracies Distance (Å)

Fe1 Fe-C 4.0 1.9259

Fe1 Fe-Fe 6.0 2.6951

Fe1 Fe-Fe 6.0 2.7520

Fe1 Fe-C 4.0 3.3594

Table 7.3d
Path Parameters Generated by FEFF (Single 
Scattering) for η-carbide

η-carbide

Atom Interaction No. Degeneracies Distance (Å)

Fe1 Fe-C 1.0 1.8742

Fe1 Fe-C 2.0 1.9441

Fe1 Fe-Fe 4.0 2.6626

Fe1 Fe-Fe 2.0 2.6662

Fe1 Fe-Fe 4.0 2.7376

Fe1 Fe-Fe 2.0 2.8300

Fe1 Fe-C 1.0 3.3205

Fe1 Fe-C 2.0 3.3943
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7.2.4.2 EXA FS Analysis
Data reduction of EXAFS spectra was performed using WinXAS [14]. The 
normalized spectra were analyzed over the k-range of 2.5 to 10 Å–1. A square-
weighted degree 7 spline was used to remove the background of the χ(k) function. 
Finally, the data in k-space were converted to R-space using a Bessel window to 
obtain the radial distribution function.

Li et al. in 2001 [15] found that used iron FT catalyst samples analyzed by 
EXAFS contained primarily an oxidic component resembling Fe3O4 and an iron 
carbidic fraction. Due in part to the nano-crystalline size of iron particles used 
in our work, and in part to the presence of promoters, the EXAFS and XANES 
spectra for the catalyst during the Fe3O4 transition of the TPR, though maintaining 
characteristics resembling the Fe3O4 reference, also contain enough differences to 
be of concern for applying the Fe3O4 reference as a basis for removing the oxidic 
fraction from the final catalyst spectra. Therefore, we alternately utilized the cata-
lyst spectrum at the point in the TPR in which the spectrum most resembles Fe3O4 
as a basis for a subtraction method [16]. χ(k) for the oxide spectrum was multi-
plied by a variable factor and subtracted from χ(k) of the catalyst spectrum until 
the peaks for the oxide fraction in the Fourier transform magnitude achieved a 
minimum. The Fourier transform of this difference χ(k) spectrum, as well as the 
χ(k) spectrum itself, represents estimates of the carbidic fraction.

7.3 R esults and Discussion

In the work of Nagakura [8], Fe films were studied by electron diffraction. The 
films were carburized in a CO stream at temperatures ranging from 140 to 500°C 
for times from 1 to 6 h. The ε-carbide was produced by carburization below 
250°C, the carbide χ (i.e., the Hägg carbide [9]) by carburization at tempera-
tures between 250 and 350°C, and the carbide θ (cementite Fe3C) by carburiza-
tion above 350°C. The cubic carbide was not formed in these experiments. The 
detailed crystal structure of the three carbides was obtained. Irreversible phase 
transitions were observed from ε to χ at 380 to 400°C and from χ to θ at 550°C. 
In these transitions, the composition did not change significantly, and no rings 
due to C were seen; the maximum change was from Fe2.8C to Fe3C. The particle 
size of the ε-carbide, as estimated from the ring width, was the same as that of 
the original α-Fe, suggesting that ε-carbide forms by diffusion of C atoms into the 
α-Fe lattice along imperfections without recrystallization. The χ- and θ-carbides 
were found to have very complex crystal structures and much larger particle sizes. 
A closely related carbide to ε-carbide is the more recently discovered η-Fe2C [7], 
which is metastable and forms prior to the formation of the Hägg carbide. The 
transition from ε-carbide to η-carbide occurs above 33% C, given the formula 
Fe2C1–X. There is only a slight difference in crystalline structure between the ε- 
and η-carbides.

Following from this discussion, and considering that carburization was carried 
out at 270°C in 5% CO/He, one would anticipate that the catalyst should likely 
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evolve into one or more of the lower-temperature carbide forms (e.g., ε-, η-, or 
χ-carbides, and mixtures thereof).

Figures  7.1 through 7.5 display three-dimensional graphs of the XANES 
spectra (top) and the EXAFS spectra (bottom) as a function of (left) tempera-
ture and time at 270°C (right). Figure 7.6 selects the main XANES spectra of 
importance from those series of spectra for comparison against the reference 
of interest. Figure 7.6 (top left) displays the initial spectra at room temperature 
and compares these against the Fe2O3 reference. The line shape and pre-edge 
feature for each catalyst are quite similar to those of the Fe2O3 reference. The 
intensity and sharpness of the pre-edge feature suggest that some of the Fe is 
located in a tetrahedral environment. For α-Fe2O3, the crystal structure is a 
corundum structure in which the Fe ions occupy octahedral sites, while for 
γ-Fe2O3, the FeIII ions are essentially randomly distributed between octahedral 
and tetrahedral sites. Therefore, the latter may be a better description for the 
material. All the catalysts eventually convert (top right) to an oxide form that 
is quite similar in line shape to the Fe3O4 reference. The peak maximum of 
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Figure 7.1  (Top) XANES and (bottom) EXAFS spectra (left) as a function of tempera-
ture and (right) as a function of time at 270°C in 5% CO/balance inert for the catalyst with 
an atomic ratio of 100Fe/4.6 Si.
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the white line shifts to lower energy. In addition; the sharpness of the pre-
edge diminishes slightly, indicating that a fraction of the Fe, though less, is 
still located in a tetrahedral environment. In Fe3O4, the FeII ions are located 
in octahedral sites, while the FeIII ions are distributed between octahedral and 
tetrahedral sites. The range is quite narrow for all the catalysts (between 180 
and 195°C). With continued heating, the white line intensity increases slightly, 
the peak maximum continues to shift to lower energy, and there is even less 
sharpness in the pre-edge feature. This is in agreement with continuing reduc-
tion of the Fe3O4, where the oxide is becoming more deficient in oxygen. One 
could describe the intermediate oxide as becoming more like FeO, where the 
FeII are situated in octahedral sites. The lack of sharpness in the pre-edge is in 
agreement with less tetrahedral symmetry. Isolating the maximum white line 
intensity for this oxide from the reduction profiles, one can see that the maxi-
mum intensity occurs at lower temperature with increasing level of promoters 
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Figure 7.2  (Top) XANES and (bottom) EXAFS spectra (left) as a function of tem-
perature and (right) as a function of time at 270°C in 5% CO/balance inert for the catalyst 
with an atomic ratio of 100Fe/4.6Si/1.5K.
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present in the order: (1) 100Fe/4.6Si—270°C, (2) 100Fe/4.6Si/1.5K—256°C, 
(3) 100Fe/4.6Si/5.0K—249°C, (4) 100Fe/4.6Si/1.44K/2.0Cu—235°C, and 
(5) 100Fe/4.6Si/5.0K/2.0Cu—227°C. Finally, after heating the catalysts for 
4 h at 270°C, it is clear that the catalysts with “more metallic character” are 
achieved with higher K and Cu promoter levels. Extent of reduction (i.e., lower 
white line intensity) followed the order: 100Fe/4.6Si << 100Fe/4.6Si/1.5K < 
100Fe/4.6Si/5.0K < 100Fe/4.6Si/1.44K/2.0Cu << 100Fe/4.6Si/5.0K/2.0Cu 
(Figure 7.7).

The EXAFS spectra of interest were also extracted from the TPR experiment. 
Although we detected Fe2O3 and Fe3O4 oxides along the trajectory of the TPR, the 
corresponding EXAFS spectra (Figure 7.8, top left and top right) presented some 
ambiguities in comparison with the reference spectra as to the oxide type present. 
When we achieve 4 h of carburization in 5% CO at 270°C (Figure 7.8, bottom), the 
contribution from the residual oxide is still present. Nevertheless, it is also obvious 
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Figure 7.3  (Top) XANES and (bottom) EXAFS spectra (left) as a function of tem-
perature and (right) as a function of time at 270°C in 5% CO/balance inert for the catalyst 
with an atomic ratio of 100Fe/4.6Si/5.0K.
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that an asymmetric peak corresponding to iron carbide is developing in the region 
around ~2 Å (Figure 7.9). To extract the carbidic fraction, the oxide fraction was 
subtracted from the catalyst χ(k) spectra. However, instead of utilizing the Fe3O4 
reference compound as a basis for oxide subtraction, we chose the spectrum in the 
TPR of the catalyst itself that most resembles Fe3O4 (see Figure 7.8 top right), as 
demonstrated by the examples provided in Figure 7.10. Using this spectrum amelio-
rates the effect of elevated temperature as well as morphological and particle size 
differences of the sample compared to a bulk oxide. By extracting the iron carbide 
from the four catalysts containing an obvious signal indicating the presence of car-
bide, the plots in Figure 7.10 were thus obtained. In agreement with the XANES 
trend of increasing iron carbide content with increasing promoter content, the iron 
carbide Fe-Fe first shell coordination peak intensities increase in the order 100Fe/Si 
(not plotted, but assumed from Figure 7.6) << 100Fe/4.6Si/1.5K < 100Fe/4.6Si/5.0K 
< 100Fe/4.6Si/1.44K/2.0Cu << 100Fe/4.6Si/5.0K/2.0Cu.
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Figure 7.4  (Top) XANES and (bottom) EXAFS spectra (left) as a function of tempera-
ture and (right) as a function of time at 270°C in 5% CO/balance inert for the catalyst with 
an atomic ratio of 100Fe/4.6Si/1.44K/2.0Cu.
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The models of the crystalline structures constructed using the CrystalOgraph 
software package are provided in Figure 7.11. Results of theoretical EXAFS mod-
eling are plotted in terms of the Fourier transform magnitude spectra. One can 
observe from Figure 7.12 that there is, in addition to an obvious attenuation of the 
coordination peaks, a shift to lower distance with increasing degree of disorder, 
as modeled by increasing the values of the Debye-Waller factor from 0 to 0.010. In 
comparison with the experimental results, it is clear that the ε-carbide and Hägg 
carbide forms (i.e., real and imaginary components, and magnitude of the Fourier 
transform spectra) are in better agreement qualitatively than the cementite form.

Catalytic performance testing of both unpromoted and promoted catalysts for 
the FTS reaction was conducted. Table 7.4 summarizes the catalyst compositions 
and reaction conditions employed. Variations in catalytic activity, as well as dif-
ferences in selectivities among the catalysts listed in Table 7.4, are reported in 
Figure 7.13. Comparison of CO conversion levels among different catalysts, as 
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Figure 7.5  (Top) XANES and (bottom) EXAFS spectra (left) as a function of tem-
perature and (right) as a function of time at 270°C in 5% CO/balance inert for the catalyst 
with an atomic ratio of 100Fe/4.6Si/5.0K/2.0Cu.
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shown in Figure 7.13a, indicates that unpromoted α-Fe2O3 results in the highest 
initial conversion rate (about 85%) among the six catalysts studied; however, the 
rate of deactivation was very fast for the unpromoted catalyst (~3.12% CO con-
version per day). In the case of the unpromoted catalyst, CO conversion changed 
from 85% to 10% over a period of 300 h. The α-value of the unpromoted catalyst 
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and (e) 100Fe/4.6Si/5.0K/2.0Cu.
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(calculated from carbon number 5 and onward) was found to be 0.85. Addition of 
Si (100Fe/4.6Si) resulted in a slow increase in the CO conversion rate from about 
52.5% to 65% over 300 h of synthesis time. The α-value for the 100Fe/4.6Si cata-
lyst was found to be 0.89. Addition of K resulted in an induction period and signif-
icantly affected the CO conversion rate, although the magnitude of the resulting 
effect depended on the Fe/K atomic ratio. The induction period was defined to 
be the region where the conversion increases initially from a low level to a maxi-
mum value, before declining to attain a lower stable activity at the same reac-
tion conditions. The catalyst with a composition of 100Fe/4.6Si/1.5K displayed 
an induction period of 150 h and a stable CO conversion rate of about 85%, the 
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Figure 7.8  EXAFS spectra in flowing 5% CO, including (top left) initial room tempera-
ture spectra that resemble (f) Fe2O3; (top right) after transition to oxide resembling (f) Fe3O4 
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and (e) 100Fe/4.6Si/5.0K/2.0Cu.
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highest among all six catalysts studied. However, the catalyst with a higher Si and 
K content (100Fe/5.1Si/5.0K) resulted in a more stable, but lower CO conversion 
rate (about 45%), in agreement with earlier results [17]. High K content in the pro-
moted catalyst was found to decrease the CO conversion rate in the present study, 
and was also observed by Luo et al. [17]. The α-values of the 100Fe/4.6Si/1.5K 
and 100Fe/5.1Si/5.0K catalysts were found to be 0.91 and 0.93, respectively. In 
the case of the Cu-promoted catalyst, a comparison of the CO conversion rates 
between the catalysts 100Fe/4.6Si/1.44K/2.0Cu and 100Fe/4.6Si/5.0K/2.0Cu 
indicates that the catalyst with composition 100Fe/4.6Si/5.0K/2.0Cu resulted in 
an induction period and a higher CO conversion rate (about 45%) relative to the 
100Fe/4.6Si/1.44K/2.0Cu catalyst, which showed an initial decrease in conver-
sion followed by a stable CO conversion rate of about 20%. The α-values for the 
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Figure 7.9  Final spectra after carburization at 270°C and cooling to ambient condi-
tions. Spectra indicate that increasing promoter content improves the carburization rate. 
Arrows indicate loss of oxidic fraction and increase in carbidic fraction. Samples include: 
(solid, dashed) α-Fe2O3, (dash-dotted) 100Fe/4.6Si/1.5K, (thick-solid) 100Fe/4.6Si/5.0K, 
(gray) 100Fe/4.6Si/1.44K/2.0Cu, and (thin solid) 100Fe/4.6Si/5.0K/2.0Cu.
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100Fe/4.6Si/1.44K/2.0Cu and 100Fe/4.6Si/5.0K/2.0Cu catalysts were found to be 
0.92 and 0.94, respectively. Since the amount of Cu was essentially identical in 
both catalysts and the steady CO conversion rate of the 100Fe/4.6Si/5.0K/2.0Cu 
catalyst was similar to that of the 100Fe/5.1Si/5.0K catalyst, we postulate that the 
difference in CO conversion level between the two Cu-promoted catalysts is due 
primarily to a difference in the K (and perhaps Si) content. In general, selectivities 
in FTS are compared at a similar CO conversion level for each catalyst. However, 
wide variations in the CO conversion level in the current study make it difficult 
to evaluate the effects of different promoters on product selectivity. In spite of the 
differences in CO conversion rates, an effort was made to qualitatively compare 
the promotional effect of Cu and K on product selectivity at similar, or nearly 
similar, CO conversion levels.

Comparison of CH4 selectivities among the catalysts (Figure 7.13b) revealed 
that unpromoted α-Fe2O3, 100Fe/4.6Si, and 100Fe/4.6Si/1.5K catalysts displayed 
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higher CH4 selectivity relative to the 100Fe/5.1Si/5.0K, 100Fe/4.6Si/1.44K/2.0Cu, 
and 100Fe/4.6Si/5.0K/2.0Cu catalysts. The CO conversion levels for both 
100Fe/5.1Si/5.0K and 100Fe/4.6Si/5.0K/2.0Cu catalysts were similar (about 
45%, Figure 7.13a), and the steady CO conversion rates for both unpromoted 
α-Fe2O3 and 100Fe/4.6Si/1.44K/2.0Cu catalysts were nearly similar (about 15 to 
20% after 250 h of time on stream; Figure 7.13a). Hence, a direct comparison of 
CH4 selectivity could be made for each catalyst pair mentioned above. Addition 
of Cu as a promoter was found to slightly increase CH4 selectivity for catalysts 
containing higher amounts of K (~2% for 100Fe/4.6Si/5.0K/2.0Cu while ~1% 
for 100Fe/5.1Si/5.0K; Figure 7.13b). Comparing CH4 selectivity for unpromoted 
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α-Fe2O3 and 100Fe/4.6Si/1.44K/2.0Cu catalysts revealed that addition of Si, 
Cu, and K significantly inhibited the CH4 selectivity (from 9% for unpromoted 
α-Fe2O3 to about 2.5% for the 100Fe/4.6Si/1.44K/2.0Cu catalyst; Figure 7.13b).

CO can be converted into either hydrocarbon products and water (via FTS) or 
CO2 and H2 via the water-gas shift (WGS) reaction. The reversible WGS reac-
tion accompanies FTS over the iron-based catalyst only at high temperature 
conditions. The individual rates of FTS ( rFTS ) and the WGS reaction ( rWGS ) 
can be calculated from experimental results as r rWGS CO2

=  and r r -rFTS CO CO2
= ,

where rCO2
is the rate of CO2 formation and rCO is the rate of CO conversion. 
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Figure 7.12  Fourier tranform magnitude of k1χ(k) versus k theoretical EXAFS spectra 
generated from FEFFIT software by setting coordination numbers to their nominal val-
ues, and other EXAFS parameters as described in the experimental section. (Light solid 
line) Debye-Waller factor of 0.000 and (heavy solid line) Debye-Waller factor of 0.010. 
k-range of 2.5 to 10 Å–1.
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As presented in Figure 7.13c, it can be seen that among the six catalysts, CO2 
selectivity (calculated as % = r r rCO CO FTS2 2

+ ) for 100Fe/4.6Si/1.5K catalyst was 
found to be at the highest level (about 45%), and for 100Fe/5.1Si/5.0K catalyst it 
was found to be lowest (about 6%). It should be mentioned that the CO conver-
sion rates for the above two catalysts varied greatly (Figure 7.13c). Since the CO 
conversion levels for both 100Fe/5.1Si/5.0K and 100Fe/4.6Si/5.0K/2.0Cu cata-
lysts are about 45% (Figure 7.13a), a comparison of CO2 selectivity is deemed 
justified. It can be observed from Figure 7.13c that addition of Cu as a promoter 
was found to significantly increase CO2 selectivity (about 40% for the catalyst 
100Fe/4.6Si/5.0K/2.0Cu, compared to about 5% for the 100Fe/5.1Si/5.0K cata-
lyst). Similar results were reported by several researchers for Group I alkali metal 
promoters, although the mechanism by which K or similar alkali metal dopants 
promote high CO2 selectivity or WGS activity over the iron catalyst is still not 
well understood [18–21].

C5+ selectivities of different catalysts are presented in Figure 7.13d. Comparison 
of C5+  selectivities for unpromoted α-Fe2O3 and 100Fe/4.6Si/1.44K/2.0Cu cata-
lysts (as the CO conversions of these two catalysts are nearly similar; Figure 7.13a) 
indicates that the promoting combined effect of Si, Cu, and K results in a sig-
nificant increase in C5+ selectivity (about 82% to about 92%; Figure 7.13d). It is 
evident from Figure 7.13d that the C5+ selectivity of 100Fe/5.1Si/5.0K catalyst is 
slightly higher than that of the Cu-promoted analog (100Fe/4.6Si/5.0K/2.0Cu), 
suggesting that promotion by Cu in high K-promoted iron catalyst may slightly 
decrease the C5+  selectivity, in agreement with the increase in CH 4  selectivity 
observed upon Cu promotion (see Figure 7.13b).

The 1-alkene/2-alkene ratio for the C4 hydrocarbon fraction is presented in 
Figure 7.13e, while the alkene/(alkene + alkane) fractions for the C2 hydrocar-
bon products from FTS for unpromoted α-Fe2O3 and promoted catalysts are 

Table 7.4
Summary of Catalyst Composition and Reaction Conditions Selected for 
Comparing Fischer-Tropsch Synthesis Activity in CSTR

Catalyst (Atomic Basis)
Reaction 

T, °C
Reaction 

P, psig
Initial 

Solvent
SV 

sl/h/g Fe

α 
(Calculated from 

C5+ Onward)

α-Fe2O3 270 175 PW3000 3.0 0.85

100Fe/4.6Si 270 175 C-30 oil 5.0 0.89

100Fe/4.6Si/1.5K 270 175 PW3000 5.0 0.91

100Fe/5.1Si/5.0K 270 175 PW3000 5.0 0.93

100Fe/4.6Si/1.44K/2.0Cu 270 175 C-30 oil 3.0 0.92

100Fe/4.6Si/5.0K/2.0Cu 230 175 C-30 oil 3.0 0.94

Note:	 Prior to Fischer-Tropsch synthesis, all catalysts were activated with CO at 270°C and atmo-
spheric pressure for 24 h with a CO SV of 3.0 sl/h/g Fe.
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displayed in Figure 7.13f. Both the C2 alkene ratio and 1-alkene/2-alkene ratios 

for the 100Fe/5.1Si/5.0K and 100Fe/4.6Si/5.0K/2.0Cu catalysts were measured 

to be significantly higher than those for the other catalysts studied. At a sim-

ilar CO conversion level (about 45%; Figure  7.13a), a comparison between the 

100Fe/5.1Si/5.0K and 100Fe/4.6Si/5.0K/2.0Cu catalysts reveals that addition of Cu 

to high K-promoted iron catalysts results in higher alkene selectivity, while only 

marginally affecting the 1-alkene/2-alkene ratio (i.e., isomerization of 1-alkene).
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Figure 7.13  Comparison of catalytic activity and selectivities of different catalysts 
in Fischer-Tropsch synthesis (FTS). Plot of (a) CO conversion, %; (b) CH4 selectiv-
ity, %; (c) CO2 selectivity, %; (d) C5+ selectivity, %; (e) 1-alkene/2-alkene ratio of C4 
alkenes; and (f) C2 alkene ratio (ethene/ethane) against synthesis time (h). Details 
of FTS conditions are summarized in Table  7.1. Graph legends for catalyst compo-
sition: ◦, α–Fe2O3; ◦, 100Fe/4.6Si; ▲, 100Fe/4.6Si/1.5K; △, 100Fe/5.1Si/5.0K; ▪, 
100Fe/4.6Si/1.44K/2.0Cu; ▪, 100Fe/4.6Si/5.0K/2.0Cu.
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The effects of potassium on the FTS and WGS activity and product selectivi-
ties have been investigated over a variety of iron-based catalysts [17–19,21–27]. 
Luo et al. [17] reported that in the case of K-promoted iron-based FTS catalyst, 
the induction period and the peak CO conversion were dependent on the K load-
ing, with lower potassium loadings producing a higher maximum conversion rate 
and a shorter induction period. It has been suggested that K promotes the activa-
tion of CO and the rate of carburization of Fe O3 4  when the catalyst is activated 
by CO [22,23]. The significant promoting effects of potassium can be summa-
rized as follows: (1) favors the dissociative chemisorption of CO, strengthens the 
Fe–C bond, and weakens the Fe–H bond; (2) enhances the selectivity of long-
chain products and olefin selectivity, lowers methane selectivity; (3) increases 
WGS activity; and (4) influences FTS activity. Promotion by higher amounts of 
K (Fe/K atomic ratio of 100:5) was also found to increase the selectivity of long-
chain products (higher α-values), and for higher alkene, while lowering methane 
selectivity. Li et al. [22–24] concluded that potassium promotes the formation of 
an increased number of active sites during reduction and carburization of iron 
oxides (i.e., by facilitating the rapid formation of nucleation sites resulting in the 
formation of smaller iron carbide crystallites), thus playing a role as a structural 
promoter [24]. Although potassium enhances the FTS activity and heavy product 
fraction, high potassium loading may cover too large of a fraction of the surface 
of the iron catalyst, resulting in a limited promotion effect or even a decrease in 
CO conversion [25]. Addition of small amounts of K (e.g., 100Fe/4.6Si/1.5K) was 
found to increase the CO conversion rate significantly. However, higher amounts 
(e.g., 100Fe/5.1Si/5.0K) resulted in a decrease in the CO conversion rate under 
identical reaction conditions (Figure 7.13a).

Traditionally Cu has been added to precipitated iron FTS catalysts to facilitate 
reduction of Fe2O3 to zero valent iron during activation [27] by lowering the reduc-
tion temperature when activating with H2, CO, or syngas. The effect of copper on 
activity and selectivity has not been studied as thoroughly as its effect on catalyst 
activation. Kölbel and Ralek [28] reported that Cu loadings less than 0.1 wt% (rel-
ative to Fe) were sufficient to produce an active catalyst, and that increased cop-
per loading had no effect on FTS activity. However, in a separate investigation, 
promotion by Cu was reported to increase the FTS and WGS activities, average 
molecular weight of the product, hydrogenation of alkenes, and isomerization of 
1-alkenes [29,30]. O’Brien and Davis [31] reported the effects of Cu (0–2 atomic 
ratio per 100Fe) incorporation in low K-promoted (Fe/K ratio of 100/1.4) catalyst 
on the FTS and WGS activities and product selectivities over a wide range of syn-
gas conversions. It was found that addition of Cu decreased CH4 selectivity and 
enhanced the selectivity for higher hydrocarbon products; however, Cu did not 
significantly affect alkene selectivity or the 1-alkene/2-alkene ratio.

It is found that addition of Cu in high K content iron catalyst 
(100Fe/4.6Si/5.0K/2.0Cu) results in an increase in CO2 selectivity compared to cat-
alysts without Cu (100Fe/5.1Si/5.0K) at a similar CO conversion level. Promotion 
by Cu in high K content catalysts also enhances the olefin selectivity (higher 
olefin ratio of 100Fe/4.6Si/5.0K/2.0Cu in comparison with 100Fe/5.1Si/5.0K; 
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Figure 7.13f). Although addition of Cu initially promotes isomerization of 1-alk-
ene (initially higher 1-alkene/2-alkene ratio for 100Fe/4.6Si/5.0K/2.0Cu in com-
parison with 100Fe/5.1Si/5.0K catalyst; Figure  7.13e), at steady conditions the 
effect is marginal.

It has been suggested [21,22] that the presence of Cu and K increases the rates 
and extent of Fe3O4 carburization during reaction and the FTS rates, by providing 
multiple nucleation sites that lead to the ultimate formation of smaller carbide 
crystallites with higher active surface area. In the present investigation, Cu- and 
K-promoted iron catalysts performed better than the unpromoted catalysts in 
terms of (1) a lower CH4 selectivity, (2) higher C5+  and alkene product selectivi-
ties, and (3) an enhanced isomerization rate of 1-alkene.

7.4  Conclusions

The TPR-XAFS technique confirmed that doping Fischer-Tropsch synthesis cata-
lysts with Cu and alkali (e.g., K) remarkably promotes the carburization rate rela-
tive to the undoped catalyst. The EXAFS results suggest that either the Hägg or 
ε-carbides were formed during the reduction process over the cementite form. A 
correlation is observed between the α-value of the product distribution and the 
carburization rate.

7.5 S upplementary Information

Tables 7.3A to 7.3D provide the path parameters generated by FEFF for the vari-
ous carbide forms investigated in this work.
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8 Characterization of 
Co/Silica Catalysts 
Prepared by a Novel 
NO Calcination Method

Gary Jacobs, Wenping Ma, Yaying Ji, 
Syed Khalid, and Burtron H. Davis

A novel conversion of cobalt nitrate to cobalt oxide using NO (J. R. A. Sietsma 
et al., patent applications WO 2008029177 and WO 2007071899) was utilized to 
prepare silica-supported cobalt research catalysts, in order to test the materials for 
their sensitivity to Fischer-Tropsch synthesis process parameters. In the current 
contribution, extensive characterization of activated air calcined and nitric oxide 
calcined 15 and 25% cobalt-loaded silica catalysts by temperature-programmed 
reduction (TPR), hydrogen chemisorption/pulse reoxidation, extended x-ray 
absorption fine structure (EXAFS), and x-ray absorption near-edge spectroscopy 
(XANES) is described. For catalysts activated at a standard condition of 350°C 
for 10 h in hydrogen, despite a lower percentage of reduction observed with the 
nitric oxide calcined catalysts, the smaller average metal cobalt crystallite size 

Contents

8.1	 Introduction.............................................................................................. 148
8.2	 Experimental............................................................................................ 151

8.2.1	 Catalyst Preparation...................................................................... 151
8.2.2	 BET Measurements...................................................................... 151
8.2.3	 Hydrogen Chemisorption with Pulse Reoxidation....................... 151
8.2.4	 Temperature-Programmed Reduction.......................................... 152
8.2.5	 Extended X-ray Absorption Fine-Structure/X-ray Absorption 

Near-Edge Spectroscopy.............................................................. 152
8.3	 Results and Discussion............................................................................. 153
8.4	 Conclusions................................................................................................161
Acknowledgments.............................................................................................. 163
References.......................................................................................................... 163



148	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

more than compensates for this effect, leading to a higher cobalt surface metal 
active site density on a per gram of catalyst basis. The H2-activated nitric oxide  
calcined catalysts were found to result in higher CO conversion rates on a per 
gram of catalyst basis relative to their activated air calcined counterparts.

8.1  Introduction

Supported cobalt catalysts are important for the slurry phase Fischer-Tropsch syn-
thesis of hydrocarbons, which can be subsequently processed to produce an ultra-
clean, virtually sulfur-free diesel. Owing to their low selectivity for the water-gas 
shift reaction, cobalt catalysts are well suited for the conversion of synthesis gas 
mixtures with a high H2/CO ratio, such as methane-derived syngas. Iron-based 
catalysts, on the other hand, exhibit higher intrinsic water-gas shift selectiv-
ity and, although much lower in cost, are more suitable for converting syngas 
with a lower H2/CO ratio. Due to the high cost of cobalt relative to iron, cata-
lyst activity and stability are important considerations. Iglesia1 reported that the 
turnover frequency is relatively constant over a range of dispersion for supported 
cobalt catalysts, indicating that the catalysts are, relatively speaking, structurally 
insensitive.

Regarding the use of Co/Al2O3 catalysts, from the standpoint of activity, it 
is often reported that the metal oxide–support interaction is a major problem 
(Figure 8.1). Certainly, it is true that after a standard reduction at 350°C, only a 
fraction of the cobalt is reduced. However, the number of active sites depends not 
only on the degree of reduction, but also on the size of the cobalt crystallites. In 
comparing hydrogen chemisorption/pulse reoxidation results shown in Table 8.1 
for 12.4% Co/SiO2 with those of 15% Co/Al2O3 and 10% Co/TiO2 catalysts, all 
of which were prepared by standard impregnation and calcination, while cobalt 
silica offered a much higher degree of reduction, the number of active sites was 
found to be low in comparison with cobalt alumina, owing to the larger average 
diameter of the Co crystallites.2 This was true even considering that the Brunauer-
Emmett-Teller (BET) surface area of the silica support was much higher than the 
alumina support. In the past, researchers have considered alternate preparation 
and reduction procedures,3–5 which have resulted in the formation of smaller Co 
crystallites on SiO2, and consequently, interactions between cobalt species and 
the support were observed in temperature-programmed reduction (TPR) studies 
(Figure 8.1 and Table 8.1). Further inroads in active site density are made when 
adding small amounts of metal promoters, such as Pt, Ru, and Re (Figure 8.1 and 
Table 8.1).1,2,6–14

Recently, it has been reported that a novel calcination procedure relying on 
nitric oxide gas in lieu of air also results in smaller cobalt crystallites over silica 
supports.15–17 The idea is to use a less oxidative gas to prevent rapid decomposi-
tion of the nitrate precursor during thermal nitrate decomposition, which has been 
observed when O2 is present.17 As a result, the mobility of the precursor on the 
oxide carrier surface is hindered, resulting in a smaller average Co oxide cluster 
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size.17 NO was reported to act as an oxygen scavenger during decomposition of 
nickel nitrate, such that no O2 was observed in the product effluent during the 
decomposition of the precursor.17 As such, upon reduction, the active site densities 
are reported to be considerably higher.17 With the aim of testing these catalysts 
for stability and sensitivity to Fischer-Tropsch synthesis process parameters (see 
Chapter 3), we first prepared and characterized supported cobalt catalysts based 
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0.2%Ru–10%Co/TiO2

9.9%Co/SiO2
Uncalcined
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Figure  8.1  Temperature-programmed reduction profiles of supported cobalt cata-
lysts, including (top) Co/Al2O3 catalysts, (middle) Co/TiO2 catalysts, and (bottom) Co/
SiO2 catalysts.
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on this new procedure, extensively characterizing the materials by TPR, hydrogen 
chemisorption/pulse reoxidation, and extended x-ray absorption fine structure 
(EXAFS)/x-ray absorption near-edge spectroscopy (XANES) methods.

8.2 E xperimental

8.2.1  Catalyst Preparation

PQ silica CS-2133 was used as the support for the cobalt FTS catalysts. A slurry 
phase method was used to load cobalt nitrate to the support, such that the loading 
solution volume was 2.5 times that of the measured pore volume. To obtain a 
cobalt loading of 15 or 25% cobalt, multiple steps were used, due to the limited 
solubility of the cobalt nitrate salt. Following cobalt addition, the catalyst was 
dried at 80 and 100°C in a rotary evaporator following each slurry impregnation. 
Catalysts were calcined in either flowing air or flowing 5% nitric oxide in nitrogen 
at a rate of 1 L/min for 4 h at 350°C.

8.2.2  BET Measurements

BET and Barrett-Joyner-Halenda (BJH) measurements for the catalysts were 
conducted to determine the loss of surface area with loading of the metal and 
changes in pore size distributions. These measurements were conducted using a 
Micromeritics Tri-Star system. Prior to the measurement, samples were slowly 
ramped to 160oC and evacuated for 24 h to approximately 50 mTorr.

8.2.3  Hydrogen Chemisorption with Pulse Reoxidation

Hydrogen chemisorption measurements were performed using a Zeton 
Altamira AMI-200 unit, which incorporates a thermal conductivity detector 
(TCD). The sample weight was always 0.220 g. The catalyst was activated at 
350°C for 10 h using a flow of pure hydrogen and then cooled under flowing 
hydrogen to 100°C. The sample was held at 100°C under flowing argon to pre-
vent physisorption of weakly bound species prior to increasing the temperature 
slowly to the activation temperature. At that temperature, the catalyst was held 
under flowing argon to desorb the remaining chemisorbed hydrogen so that 
the TCD signal returned to the baseline. The TPD spectrum was integrated 
and the number of moles of desorbed hydrogen determined by comparing to 
the areas of calibrated hydrogen pulses. Prior to experiments, the sample loop 
was calibrated with pulses of nitrogen in helium flow and compared against a 
calibration line produced from gas-tight syringe injections of nitrogen under 
helium flow.

After TPD of hydrogen, the sample was reoxidized at the activation tempera-
ture by injecting pulses of pure oxygen in helium referenced to helium gas. After 
oxidation of the cobalt metal clusters, the number of moles of oxygen consumed 
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was determined and the percentage reduction calculated, assuming that the Co0 
reoxidized to Co3O4. While the uncorrected dispersions are based on the assump-
tion of complete reduction, the corrected dispersions reported include the per-
centage of reduced cobalt as follows:

	 %D = (no. of Co0 atoms on surface × 100%)/(total no. of Co0 atoms)

	 %D = (no. of Co0 atoms on surface × 100%)/
	 [(total no. of Co atoms)(fraction reduced)]

8.2.4  Temperature-Programmed Reduction

Temperature-programmed reduction (TPR) profiles of fresh catalyst samples were 
obtained using a Zeton Altamira AMI-200 unit. Calcined fresh samples were first 
heated and purged in flowing argon to remove traces of water. TPR was performed 
using 30 cc/min 10% H2/Ar mixture referenced to argon. The ramp was 5°C/min 
from 50 to 1,100°C, and the sample was held at 1,100°C for 30 min.

8.2.5 � Extended X-ray Absorption Fine-Structure/X-
ray Absorption Near-Edge Spectroscopy

Catalysts and Co references were evaluated by XANES and EXAFS spectros-
copy at Brookhaven National Laboratory. Catalysts were first reduced in-house 
at 350°C for 10 h using 30 ccm of 33% H2 (balance He) and cooled in hydrogen 
to room temperature, prior to a helium purge and passivation with 1% O2/He. 
Catalysts were re-reduced in an in situ flow cell in flowing H2 (100 ccm) and He 
(300 ccm) at 350°C and held for 30 min, prior to cooling to liquid nitrogen tem-
peratures in flowing H2. EXAFS/XANES spectra were recorded in transmission 
mode at the National Synchrotron Light Source (NSLS) at Brookhaven National 
Laboratory, Upton, New York, Beamline X18-b. The beamline was equipped with 
a Si (111) channel-cut monochromator. A crystal detuning procedure was used to 
help remove harmonic content from the beam and make the relative response of 
the incident and transmission detectors more linear. The x-ray flux for the beam-
line was on the order of 1 E 10 photons per second at 100 mA and 2.8 GeV, and 
the usable energy range at X-18b is from 5.8 to 40 keV. EXAFS/XANES spectra 
were recorded near the Co K edge. The spectra were recorded near the boiling 
temperature of liquid nitrogen to minimize contributions to the dynamic Debye-
Waller factor. A sample thickness was determined by calculating the amount in 
grams per square centimeter of sample, wD, by utilizing the thickness equation

	 wD = ln(I0/It)/Σ{(m/r)jwj}
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where m/r is the total cross section (absorption coefficient/density) of element j in 
the sample at the absorption edge of the EXAFS element under study in cm2/g, 
wj is the weight fraction of element j in the sample, and ln(I0/It) was taken over a 
typical range of 1 to 2.5. An average value of wD from inputting both values was 
employed. Based on the calculation for wD, and the cross-sectional area of the 
pellet, the grams were calculated. Boron nitride was utilized to dilute the sample, 
such that the wafer could be self-supported. Smooth wafers, free of pinholes, were 
pressed and loaded into the in situ x-ray adsorption spectroscopy (XAS) flow cell, 
and the treatment gas was directed to the sample area. The cell was purged for a 
long duration of time with a high flow rate of inert gas to ensure removal of air, 
prior to the re-reduction treatment.

EXAFS data reduction and fitting were carried out using the WinXAS,18 
Atoms,19 FEFF,20 and FEFFIT20 programs. The k- and r-ranges were chosen to 
be 3–15 Å–1 and 1.0–3.0 Å, respectively. XANES spectra were compared qualita-
tively after normalization.

8.3 R esults and Discussion

BET surface area and porosity data are tabulated in Table 8.2. There is a decrease 
in the BET surface area with loading of cobalt onto the silica support. However, 
in each case where the nitric oxide calcination is used, the drop in surface area is 
lower. For the case of 15% Co/SiO2, the difference is ∆20 m2/g, while in the case 
of the 25% Co/SiO2 catalysts, the difference is ∆12.5 m2/g. The results suggest that 
there is less blocking of the narrower pores by large crystallites in the case of the 
nitric oxide calcined catalysts. In agreement with this, the average pore diameter 
was found to be slightly lower for the case of the nitric oxide catalysts. A sample 
comparison of pore size distributions from application of the BJH method is shown 
in Figure 8.2 for the 15% Co air calcined (solid) and NO calcined (dashed) cata-
lysts. It is evident that while the wider pores do appear to be blocked for the NO 

Table 8.2
BET Surface Area and Porosity Measurements

Catalyst 
Description Calcination

BET SA 
(m2/g)

Single-
Point 
Pore 

Volume 
(cm3/g)

BJH Pore 
Volume 
(cm3/g)

Single-
Point 
Pore 

Diameter 
(nm)

BJH Pore 
Diameter 

(nm)

PQ silica 
CS-2123

Air 352 2.362 2.373 28.0 25.8

15% Co/SiO2 Air 278 1.047 1.057 15.1 14.3

15% Co/SiO2 5% NO 298 1.061 1.072 14.3 13.5

25% Co/SiO2 Air 226 0.760 0.767 13.4 12.8

25% Co/SiO2 5% NO 238 0.728 0.740 12.2 11.5
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calcined catalyst relative to the air calcined catalyst, the narrower pores remain 
more accessible.

Temperature-programmed reduction profiles, provided in Figure  8.3, reveal 
that the air calcined samples reduce over a narrow temperature range in the region 
near 350°C, and reduction resembles the two-step process of bulk Co3O4 crystal-
lites, where the second step of the process (3CoO + 3H2 = 3Co + 3H2O) consumes 
three times as much hydrogen as the first step (Co3O4 + H2 = 3CoO + H2O). 
Remarkably, when nitric oxide is used to calcine the catalysts, the reduction steps 
are spread out over a much wider range, with a shoulder extending up to 600°C. 
These species are likely more strongly interacting CoO species due to the pres-
ence of smaller particles (i.e., smaller particles equal a stronger surface interac-
tion with the support), as has been observed even with air calcined Co/Al2O3 
catalysts. Continuing reduction of more strongly interacting species occurs up 
to 900°C, which may be attributed to the reduction of cobalt silicates. It is worth 
pointing out that there is clearly an important difference between the surface free 
energies of Co/silica and Co/alumina catalysts, since the latter yield small crystal-
lites even with air calcination procedures, while special methods must be used to 
form small crystallites on Co/silica.
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Figure  8.2  Comparison of pore size distributions for the (solid) air calcined and 
(dashed) NO calcined 15% Co/SiO2 catalysts.
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In agreement with the TPR results, the hydrogen chemisorption/pulse reoxida-
tion data provided in Table 8.3 indicate that, indeed, the extents of reduction for the 
air calcined samples are ~20% higher upon standard reduction at 350°C (compare 
O2 uptake values). Yet in spite of the higher extent of reduction, the H2 desorption 
amounts, which probe the active site densities (assume H:Co = 1:1), indicate that the 
activated nitric oxide calcined samples have higher site densities on a per gram of 
catalyst basis. This is due to the much smaller crystallite that is formed. The esti-
mated diameters of the activated air calcined samples are between 27 and 40 nm, 
while the H2-reduced nitric oxide calcined catalysts result in clusters between 10 
and 20 nm, as measured by chemisorption/pulse reoxidation.

Turning to the XANES results (Figure 8.4), upon reduction at 350°C, the 
extent of reduction is found to be higher for the H2-activated air calcined cata-
lysts. This is evident in the shoulder at the edge (~7,709 eV), which is a measure 
of metallic content, as well as the lower white line intensity for the activated air 
calcined catalyst at ~7,725 eV. The catalysts appear to contain a combination of 
mainly Co metal and CoO, in agreement with the interpretation of TPR profiles 
previously discussed.
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Figure  8.3  Temperature-programmed reduction profiles of (top) 25% Co/SiO2 and 
(bottom) 15% Co/SiO2, including catalysts calcined using (bold) 5% NO in N2 and (light) 
standard airflow.
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As shown in Figure 8.5, the χ(k) and FT magnitude EXAFS spectra of the 
reference compounds for Co metal and CoO are very different. While the first 
coordination shell of cobalt metal has ideally twelve atoms of Co surrounding 
the absorber, CoO has six atoms of O and twelve atoms of Co, albeit at a farther 
distance away from the absorber. To fit the EXAFS data of the catalysts, provided 
in Figure 8.6, a mixed model was constructed relying on not only Co–Co metal 
coordination, but also the Co–O and Co–Co contributions due to the presence of 
strongly interacting CoO species that do not reduce at 350°C. As summarized in 
Table 8.4, the average Co–Co coordination in the metal was significantly higher 
in the case of the H2-activated air calcined catalysts than in that of the activated 
catalysts that were calcined using nitric oxide. The H2-activated nitric oxide cal-
cined catalysts, on the other hand, exhibited greater coordination to Co–O and 
Co–Co in the oxide. All of the r-factors were well below 0.02, indicating that the 
fittings were excellent.

Figure 8.7 demonstrates that the H2-activated catalysts that were calcined using 
nitric oxide resulted in higher initial CO conversion rates on a per gram of catalyst 
basis in a CSTR reactor at 220°C and 280 psig, and using a H2/CO ratio of 2.5.

Most recently, we have attempted to use this procedure to alter the dispersion 
of cobalt particles over the more strongly interacting 25% Co/Al2O3 catalyst. 
However, as shown in Table 8.5, the cluster size was not found to change signifi-
cantly, and the TPR profiles (not shown for the sake of brevity) were observed 
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solid line) nitric oxide. Also, spectra of (dashed line) CoO and (thick solid line) Co metal 
reference compounds are provided.
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to be quite similar. As shown in Table 8.5, only a slight decrease in the clus-
ter size was observed, and the extents of reduction are quite similar between 
the activated air calcined and NO calcined catalysts. The findings suggest that, 
for strongly interacting supports (e.g., Al2O3 and TiO2), the support interaction 
plays a more important role in governing the resulting Co oxide average clus-
ter size, and therefore, upon reduction, the Co metal dispersion. In the case of 
Al2O3 in particular, the cluster sizes reported for heavily loaded Co/Al2O3 cata-
lysts (e.g., 25% Co)21–23 are found to offer good resistance to certain deactivation 
phenomena (e.g., H2O-induced reoxidation and/or sintering), which are prob-
lematic especially with noble metal– loaded lower loaded Co/Al2O3 catalysts 
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(e.g., Pt-promoted 15% Co/Al2O3), where the noble metal assists in reducing 
strongly interacting, but smaller, Co oxide species.24–26 Since smaller Co species 
are reported to be less resistant to these deactivation processes, it is suggested 
that, generally speaking, the NO calcination procedure may not be effective 
in improving catalysts prepared using the more strongly interacting supports. 
In those cases, adequate Co loading and the addition of reduction promoters 
(e.g., Pt, Re, and Ru) appear to be effective for increasing active site densities, 
while ensuring catalyst stability. On the other hand, the NO calcination method 
appears to be more effective with Co catalysts prepared using more weakly 

1.0 15%Co/SiO2 Air Calcined 15%Co/SiO2 Air Calcined
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Figure 8.6  EXAFS spectra of H2-activated catalysts, including (top) 15% Co/SiO2 air 
calcined, (upper middle) 15% Co/SiO2 calcined using 5% nitric oxide, (lower middle) 25% 
Co/SiO2 air calcined, and (bottom) 25% Co/SiO2 calcined using 5% nitric oxide. Results 
include (left) k1×χ(k) vs. k spectra of raw data, (middle column) k1×χ(k) vs. k spectra of 
(solid line) filtered data and (circles) EXAFS fitting, and (right) corresponding Fourier 
transform magnitude spectra of (solid light line) raw data and (circles) EXAFS fitting.



160	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Ta
b

le
 8

.4
R

es
ul

ts
 o

f EXA



FS

 F
it

ti
ng

a  o
f H

2-
ac

ti
va

te
d 

C
at

al
ys

ts
 fo

r 
D

at
a 

A
cq

ui
re

d 
N

ea
r 

th
e 

C
o 

K
 E

dg
e

C
o 

Ed
ge

N
 C

o–
O

R
 C

o–
O

 
(Å

)
N

 C
o–

C
o 

M
et

al

R
 C

o–
C

o 
M

et
al

 
(Å

)
N

 C
o–

C
o 

O
xi

de

R
 C

o–
C

o 
O

xi
de

 
(Å

)
e 0

 (e
V

)
σ2

 (
Å

2 )
r-

fa
ct

or

15
%

 C
o/

Si
O

2 
A

ir
 c

al
ci

ne
d

0.
62

 
(0

.0
97

)
2.

03
7 

(0
.0

21
5)

9.
07

 
(0

.3
01

)
2.

49
6 

(0
.0

02
5)

1.
25

 
(0

.1
95

)
3.

01
9 

(0
.0

14
3)

0.
61

9 
(0

.4
21

)
0.

00
24

9 
(0

.0
00

25
4)

0.
00

23
7

15
%

 C
o/

Si
O

2 
N

O
 c

al
ci

ne
d

2.
33

 
(0

.1
76

)
2.

08
5 

(0
.0

09
8)

5.
74

 
(0

.4
75

)
2.

50
9 

(0
.0

05
6)

4.
66

 
(0

.3
52

)
3.

02
5 

(0
.0

09
0)

 2
.1

42
 

(0
.8

07
)

0.
00

32
1 

(0
.0

00
62

0)
0.

01
11

25
%

 C
o/

Si
O

2 
A

ir
 c

al
ci

ne
d

0.
84

 
(0

.1
12

)
2.

04
3 

(0
.0

18
0)

7.
47

 
(0

.3
48

)
2.

49
9 

(0
.0

03
4)

1.
68

 
(0

.2
24

)
3.

01
7 

(0
.0

12
7)

0.
23

1 
(0

.5
76

)
0.

00
24

6 
(0

.0
00

35
6)

0.
00

45
7

25
%

 C
o/

Si
O

2 
N

O
 c

al
ci

ne
d

2.
44

 
(0

.2
06

)
2.

09
6 

(0
.0

11
3)

4.
15

 
(0

.4
66

)
2.

50
8 

(0
.0

07
4)

4.
88

 
(0

.4
12

)
3.

02
1 

(0
.0

09
8)

2.
02

4 
(0

.9
87

)
0.

00
30

6 
(0

.0
00

77
1)

0.
01

88

a 
N

ot
e 

th
at

 S
02  

=
 0

.7
64

 a
nd

 ∆
S 0

2  
=

 0
.0

22
9.



Characterization of Co/Silica Catalysts	 161

interacting supports, where air calcination would otherwise result in a large Co 
cluster size (e.g., some silica and carbon supports).

8.4  Conclusions

The results confirm that the novel metal nitrate conversion method using nitric 
oxide in place of air advocated by Sietsma et al. in patent applications WO 
2008029177 and WO 2007071899 leads to, after activation in H2, catalysts with 
smaller cobalt crystallites, as measured by EXAFS and hydrogen chemisorption/
pulse reoxidation. In spite of the lower extent of cobalt reduction for H2-activated 
nitric oxide calcined catalysts, which was recorded by TPR, XANES, EXAFS, 
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Figure 8.7  CO conversion vs. time on stream in the CSTR (220°C, 280 psig, H2/CO 
= 2.5) at (squares) 10 NL/gcat/h and (circles) 20 NL/gcat/h for H2-activated (filled circles) 
air calcined and (unfilled circles) NO calcined catalysts, including (top) 15% Co/SiO2 and 
(bottom) 25% Co/SiO2. The NO calcined catalysts clearly exhibit higher CO conversion 
rates on a per gram of catalyst basis.
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and pulse reoxidation, cobalt surface metal active site densities were found to be 
considerably higher than those of H2-activated catalysts prepared using the air 
calcination procedure. The activated nitric oxide calcined catalysts were found 
to result in higher CO conversion rates on a per gram of catalyst basis relative 
to their activated air calcined counterparts. The utility of the method appears to 
be particularly effective with weakly interacting supports (e.g., SiO2) and less so 
with more strongly interacting supports (e.g., Al2O3).
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9 Fischer-Tropsch 
Synthesis and 
Hydroformylation on 
Cobalt Catalysts
The Thermodynamic Control

Hans Schulz

Heterogeneous Fischer-Tropsch (FT) synthesis and homogeneous hydroformy-
lation with cobalt catalysts are investigated for common principles. Selectivity 
and mechanism of FT synthesis are evaluated and compared with hydroformy-
lation. For FT on cobalt, the concepts of self-organization of the kinetic regime 
and catalyst surface segregation to attain a thermodynamically controlled state 
with different sites (on-top sites for chain growth, in-pit sites for CH2 monomer 
formation from CO, and on-plane sites for methanation and olefin reactions) are 
presented. It is shown how the regime of FT synthesis shifts toward the regime 
of hydroformylation.
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9.1  Introduction and Experimental

During the early work on Fischer-Tropsch synthesis, when experimenting with 
(heterogeneous) cobalt catalysts and the olefinic FT products, Otto Roelen 
observed the famous reaction of olefins with CO and H2 to produce aldehydes.1 
Originally seen as a heterogeneous reaction, it turned out that high performance 
is achieved in a homogeneous regime, with cobalt dissolved as a carbonyl com-
plex, at higher pressure and lower temperature than for FT synthesis.2,3 It could be 
thought that there is a gradual shift from Fischer-Tropsch synthesis to hydroform-
ylation.4 The mechanism of hydroformylation appears understood today, with its 
individual steps of the catalytic cycle.2,3 However, the mechanism of FT synthesis 
is a matter of ongoing debate.5

It appears like a miracle how aliphatic chains (mainly olefins and paraffins) 
are formed from a mixture of CO and H2. But miracle means only high complex-
ity of unknown order (Figure 9.1). Problems in FT synthesis research include the 
visualization of a multistep reaction scheme where adsorbed intermediates are 
not easily identified. Kinetic constants of the elemental reactions are not directly 
accessible. Models and assumptions are needed. The steady state develops slowly. 
The true catalyst is assembled under reaction conditions. Difficulties with prod-
uct analysis result from the presence of hundreds of compounds (gases, liquids, 
solids) and from changes of composition with time.

From high-resolution wide-range gas chromatograms6,7 basic conclusions are 
possible (Figure 9.2). There are straight-chain hydrocarbons with carbon num-
bers C1 to C20 and higher, indicating a polymerization-type reaction. This raises a 
question concerning the identity of the monomer.

The detailed composition, referring to classes of compounds, is shown for C6 
in Figure 9.3 with and without precolumn hydrogenation. In addition to paraf-
fins, there are olefins—mainly with terminal double bond—and small amounts 
of alcohols (and aldehydes). The low detection limit of gas chromatography (GC) 
analysis allows precise determination even of minor compounds and provides 
exhaustive composition data also for use in kinetic modeling. Because of the short 
sampling duration of ca. 0.1 s,8 time-resolved selectivity data are obtained.

An essential method used in this work is quick ampoule sampling of vola-
tiles.8,9 Small samples of the gaseous reactor effluent (e.g., 1 ml) are recovered in 
glass ampoules for later analysis. The capillary end of the evacuated ampoule is 
inserted into the product flow. The capillary tip is broken and the ampoule filled 

The Miracle of Fischer-Tropsch Synthesis

CO + H2 CH3 – (CH2)% – CH3

Gasoline
Black box

of catalysis
(+H2O)

High complexity of unknown order

Figure 9.1  General view on Fischer-Tropsch catalysis.
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Figure 9.2  Gas chromatograms of an FT product, original and precolumn hydroge-
nated. Ampoule samples taken from the gaseous product flow at ca. 200°C. GC condi-
tions: Capillary, 100 m; di, 0.25 mm; df, 0.5 µm; methyl silicone cross-linked temperature 
programm –80 to 270°C; carrier gas H2; introducing gas N2; FID.
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3-Methyl-pentene-2

cis-Hexene-2
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n-Hexene-1
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Figure 9.3  C6 section of the chromatograms in Figure 9.2.
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immediately. The ampoule is sealed by fusion of the capillary with a small flame. 
Figure 9.4 shows the sampling duration in dependence of the capillary diameter. 
This sampling is the key method for obtaining FT selectivity data—accurately 
time resolved—as needed for understanding self-organization in FT synthesis. To 
underline the impact of ampoule sampling, Figure 9.5 demonstrates conventional 
FT product recovery, as laborious and inaccurate, and temporal resolution would 
be only in the order of hours. For studying self-organization of the FT regime, an 
apparatus has been developed, as schematically presented in Figure 9.6.6,7,9,10

From the abundant FT literature an important conclusion by Pichler4,11 is 
reported in Figure 9.7. It contains the basic understanding from all the famous work 
of Franz Fischer and coworkers at the Kaiser-Wilhelm-Institute in Muehlheim, 
today an institute of the Max Plank society. Each of the catalysts—Ni, Co, Fe, 
and Ru—has its own operating range of pressure and temperature. With Ni, Co, 

CO + H2
Hot Trap

220°C
Cold Trap

25°C
Reactor
220°C

Reactor wax Hot condensate

Cold condensate
(inorganic)

water, alcohols

Cold condensate
(organic)

Tail gas
CH4, C2, C3, C4

H2, CO, CO2, H2O

Figure 9.5  Conventional product recovery in FT synthesis.
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Figure 9.4  Quick ampoule sampling of volatiles. Ninety-five percent ampoule filling 
time as a function of capillary diameter for 3 compounds. Calculation for filling through 
consecutive Knudsen diffusion into a vacuum, super sonic flow, and laminar flow.
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and Ru, the maximum temperature is 200 to 220°C, because at higher tempera-
ture methane selectivity is excessive. With increasing pressure another limit is 
noticed. This is of interest in relation to the topic of this article: the catalyst met-
als begin to react with CO to form metal carbonyls—with nickel above ca. 1 bar, 
cobalt above ca. 30 bar, and ruthenium above more than 100 bar. Because of 
the strong interaction of CO with the metal surface, Pichler proposed “surface 
complexes” as intermediates of FT synthesis.12 It can be concluded that the met-
als are finally converted to carbonyl complexes, which are optimal catalysts for 
hydroformylation.

PI

PI

PI

PI

PI

H2

CO

CO2 or Ar 

Ar 

CP + N2

PC

FIC

FIC

FIC

FIC

Mixer

4-way valve

Reactor

TIC

Heat sink

Heated zone

QIR

QIR

QIR

QIR

FI

H2O

Ampoule Probe
Sampler

CO2

CO

H2

H2O-Absorber

Throttling valve

Mixer

Figure 9.6  Apparatus for time resolution kinetic in FT-measurements. Quick ampoule 
sampling, internal references, accurate control of flows and pressure, precise zero time, 
accurate mixing of flows, and catalyst powder on inert particles.

300

°C

350

250

200

150
1

Ni Co Carbonyls Ru Carbonyls
Carbonyls

Paraffins
+ Olefins

Paraffins
Olefins
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Figure 9.7  Operating ranges of the catalysts nickel, cobalt, iron, and ruthenium in FT 
synthesis as indicated by Pichler.
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It is also indicated in Figure 9.7 that iron behaves differently. With iron as 
catalyst the temperature can be increased up to 350°C without excessive methane 
formation (Sasol fluid bed process for low molecular weight olefin and gasoline 
production13 and former U.S. Hydrocol process14). Here, promoting with alkali is 
essential.15 Increasing the pressure, and specifically the partial pressure of CO, 
leads to carbon formation on the catalyst—and not to iron-carbonyl formation. 
Much understanding had been achieved already by the pioneers of this area of 
catalysis—Franz Fischer, Otto Roelen, and Helmut Pichler (Figure 9.8).

9.2 Ac tivity in Dependence of Time on Stream

As a general phenomenon, observed already by Fischer and coworkers, activ-
ity and FT synthesis selectivity develop in the initial time of a run in a process 
of Formierung (formation)16—in modern terms self-organization and catalyst 
restructuring. In order to achieve high performance of synthesis with cobalt as 
catalyst, the temperature had to be raised slowly up to the temperature of steady-
state conversion. A distinct thermodynamically controlled state of the Co surface, 
populated with reactants and intermediates, can be assumed. This state depends 
on temperature and particularly on CO partial pressure, and its catalytic nature 
changes with changing conditions.

An example of activity developing with a Co catalyst is shown in Figure 9.9 
(right). CO-conversion (respectively the yield of products) increases with time by 
a factor of about 10, from ca. 4% to ca. 55%.7,17 Figure 9.9 (left) shows the time 
dependence of FT with an iron catalyst. There are a strong initial carbon deposi-
tion (referring to iron carbide formation) and fast water gas shift reaction, and FT 

Otto Roelen
(1897–1993)
Olefin-hydroformylation on Cobalt-FT-catalysts in 1938
Head of Research at the Ruhrchemie company until 1962
Early co-worker of Franz Fischer

Helmut Pichler
(1904–1974)
FT-synthesis at medium pressure on Co and Fe 
Polymethylene on ruthenium
Co-worker of Franz Fischer, FT-research at KWI until 1946
In the USA (Bureau of Mines and HRI) 1946–1956
Professor in Fuel Chemistry, University of Karlsruhe 1956–1974

Franz Fischer
(1877–1947)
Famous professor in Fuel Chemistry
Director Coal-Research Institute at Muehlheim (1914–1943)
Invention of “gasoline synthesis” (at normal pressure)
together with Hans Tropsch in 1925

Figure 9.8  Pioneers of Fischer-Tropsch and Oxo synthesis.
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activity develops as a function of time, when sufficient carbon has accumulated 
on the catalyst and reacted with iron to form iron carbide.18

9.3 � Concept of Cobalt Surface Segregation 
Causing FT Active Sites Generation

In recent literature, images with Angstrom-scale resolution of cobalt metal surfaces 
before and after FT synthesis (obtained by surface tunneling electron microscopy) 
have been reported. These show surface restructuring through FT synthesis,19 
being addressed as formation of the “true catalyst.”20 The observed features of 
this process are the following: Crystallite planes (0001) are segregated to small 
islands of fairly uniform diameter (1.75 nm), the depth of segregation being one 
atomic step (0.205 nm). It can be assumed that this restructuring is caused by CO 
adsorption. It has been concluded that restructuring approaches the thermody-
namic equilibrium.20 For catalysis on the segregated surface this would mean:

Increase of the number of surface atoms•	
Disproportionation of on-plane sites to such of lower coordination (on-•	
top sites) and higher coordination (in-pit sites)

These sites must be considered to have different catalytic properties. The sites 
on top (Co atoms of low coordination) would be similar to that of the central atom 
of cobalt carbonyl complexes, and reactions on these should be similar to those in 
hydroformylation. Specifically, insertion reactions between π- and σ-ligands (CO 

100

60

20

0
101 102

Time, texp, min
Yields   YFT:  CO + 2H2 = (CH2) + H2O
         YRWGS:    CO2 + H2 = CO + H2O    
           Ycarb:                 CO = Ccarb + (O)    

103 104

101 102

Time, texp, min
1 hr 10 hr 4 days

103 104

16
I II

Episodes Iron Cobalt

YFT

Ycarb

YFTYRWGS

S´CO

III I II IIIIV V
Yi

el
d,

 C
 - 

%

Yi
el

d,
 C

-%

12

8

0

4

Figure 9.9  Self-organization of Fischer-Tropsch synthesis with iron and cobalt as cata-
lysts. Yields of carbon containing compounds as a function of time on stream texp. Catalysts 
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or C2H4 or CH2 with R or H) are expected. On the in-pit sites with near-neigh-
bor atoms, CO dissociation would be favored (see Ponec et al.21 for dissociative 
adsorption of CO on nickel). Co-surface segregation, as a principle of formation 
of the true Co FT catalyst,20 is pictured in Figure 9.10. The new structure then 
represents the equilibrium between more CO molecules adsorbed (this producing 
additional free enthalpy of adsorption) against enlarging the specific Co surface 
(consuming free enthalpy).

It can be expected that, if a highly dispersed, poorly ordered active catalyst has 
been prepared, and if the reaction conditions (T, pCO) refer to low-equilibrium seg-
regation, a deactivation will also proceed initially through reverse segregation.

Excessive segregation—at high pressure and low temperature—then leads to 
carbonyl complexes.

In commercial Fischer-Tropsch synthesis, catalyst performance is modified by 
support and promoter interaction22 to control segregation and stabilize dispersion.

9.4 B asic Kinetic Model of FT Synthesis

The basic approach of kinetic modeling of FT synthesis is to assume ideal polymer-
ization (Figure 9.11). Such product composition can be described by only one num-
ber, the value of probability of chain prolongation pg. The assumptions would be that 
pg is independent of carbon number (Nc) of the growing species (Sp), and that there 
is only one kind of product compound. With this model the curve of pg over Nc is 
just a horizontal line. Calculating such curves from experimental product composi-
tions can be used to characterize the deviations from ideal behavior17 (Figure 9.12.). 
In the present example, the deviations are a low value at Nc = 1, referring to high 
methane selectivity; a high value at Nc = 2, referring to the high reactivity of ethene 
for readsorption for growth23–25; and increasing values in the range of Nc = 5 to Nc 
= 9, indicating an increasing probability of growth, this being caused by increasing 
readsorption resulting from increasing reactor residence time.7,24,25

Typical results of growth probability as a function of carbon number for FT 
synthesis on iron and cobalt7,26—both for different times on stream during catalyst 
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formation—are shown in Figure 9.13. With the cobalt catalyst, the shapes of the 
curve shows deviations from ideal polymerization, as discussed with Figure 9.12. 
Depending on time, growth probability is initially low (first hour of experiment, 
pg ca. 0.6). It increases with time (during, e.g., 100 h) to pg ca. 0.8. This means 
the polymerization nature develops under reaction conditions, when the cobalt 
catalyst is being reconstructed.
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9.5  FT Chain Branching

In the extended kinetic model of nontrivial surface polymerization, a branching 
reaction to form a methyl side group at the aliphatic chain has been proposed.27 
Typical results10,18 are presented in Figure 9.14. With cobalt,10 the curve of branch-
ing probability over carbon number at steady state shows a strong decline with 
the size of the chain. This is interpreted as a steric effect, assuming the branching 
reaction to be demanding in space. The first value at Nc = 3 is exceptionally low, 
a result attributed (Wojciechowski28) to particular spatial demands: hindrance of 
desorption after branching. Because a tertiary C atom is involved, a bulky transi-
tion state of desorption has to be assumed.

The values of branching probability with cobalt are in general more than two 
times higher in the beginning of an experiment than at steady state. It is con-
cluded that initially the spatial constraints on the growth sites are lower than at 
steady state. This also indicates a change in the nature of the growth sites.

A further phenomenon is noticed. Initially (during about the first hour), the 
shapes of the curve shows a different pattern, as exhibiting a minimum. A strong 
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increase of branching probability in the range Nc = 5 to Nc =10 is observed. It 
follows that initially the spatial constraints at the growth sites are not fully estab-
lished. The readsorption of alpha-olefins with their second C atom will then be 
possible, and growth leads to a methyl-branched chain. Olefin readsorption in 
general is favored by the chain length of the olefin (along with the increased reac-
tor residence time).

Branching reactions appear to be a unique indication of the existence of spatial 
constraints at growth sites. Analogies between homogeneous and heterogeneous 
catalysis are pertinent.

Iron as catalyst for FT synthesis does not exhibit the dynamic characteristics 
observed with cobalt26 (Figure 9.14, left).

9.6  FT Olefins

By extending the FT model to the formation of two kinds of products—olefins and 
paraffins—and including secondary olefin reactions, the kinetic schemes shown 
in Figure 9.15 are obtained. In parallel primary reactions (from the growth sites), 
paraffins and alpha-olefins are desorbed—by irreversible associative desorption 
(the paraffins) and by dissociative desorption (the olefins) (upper scheme in 
Figure 9.15).

Olefins react secondarily for isomerization and hydrogenation (on cobalt sites 
that are not active for chain growth; lower scheme in Figure 9.15). There is a first 
reversible H-addition (at the alpha- or beta-C-atom of the double bond) to form 
an alkyl species, and a slow irreversible second H-addition to form the paraffin 
(lower scheme in Figure 9.15). Thus, double-bond shift and double-bond hydro-
genation are interrelated by a common intermediate to produce olefins with inter-
nal double bonds or paraffins from the primary FT alpha-olefins. Experimental 
results10,18 are presented in Figures 9.16 and 9.17.

On cobalt, the typical shape of the curve of olefin content vs. carbon number 
fractions in Figure 9.16 shows a low value at Nc = 2, indicating the high reactivity 
of ethene for hydrogenation and growth. The olefin content declines from Nc = 3 
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with increasing carbon number of the olefins because of increasing reactivity and 
longer reactor residence time of the olefins. In the early time of the run (when the 
FT regime is being established), the olefin content is particularly low. In view of 
ongoing surface segregation, this reflects more on-plane sites.

The shapes of the curves for short time on stream (12–30 min; Figure 9.16, 
right) differ principally from the common shape by exhibiting a lower value at 
Nc = 3 than at Nc = 4. The plain explanation is that at the actual high degree 
of secondary hydrogenation, the relative concentration of olefins with internal 
double bonds is high (see Figure 9.17). This means that at C4 and higher, the con-
centrations of the more reactive alpha-olefins are low. But at C3 there are only two 
identical alpha-olefin isomers possible. Thus, olefin hydrogenation at C3 is more 
extensive than at olefins with higher carbon numbers.

With iron, almost no secondary olefin double-bond shift and double-bond 
hydrogenation are possible (see Figures  9.16, left, and 9.17). Consequently, in 
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systems, where iron carbide is the true FT catalyst, no sites for olefin secondary 
reactions are present.

9.7 Shif t of the FT Regime at Increasing Pressure

Increasing pressure strongly affects performance of FT synthesis17,29 (Figure 9.18). 
In the present case, the increase from 1.2 to 30 bar causes the reaction rate to 
increase by a factor of 5. The methane selectivity declines from 15% to 7%, and 
the olefin content in the C3 fraction increases from 20% to 65% C. The con-
cept of activation through surface segregation is hereby strongly supported, the 
segregation being more extensive at higher pressure. More FT sites (on-top for 
growth, in-pit for CH2 formation) are generated, and more on-plane sites (active in 
methanation and secondary olefin reactions) are consumed. The decline of olefin 
hydrogenation and olefin double-bond shift with increasing pressure29 is shown 
in Figure 9.19.

Increased spatial constraint effects on growth sites are evident from Figure 9.20. 
This figure shows the contents of individual monomethyl-branched compounds in 
carbon number product fractions. Note that their values decline by a factor of 5 to 
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10 when the pressure increases from 1.2 to 9 bar.29 The selectivity of the isomers 
with methyl groups more inside the chain is even more reduced. With Nc = 9, the 
value of 2-methyl octane decreases from 5% C at 1.2 bar to 0.7% C at 9 bar (a 
factor of 0.14), but the value of 4-methyl octane decreases from 4% C to 0.2% C 
(a factor of 0.05).

9.8  FT Alcohols

Increasing pressure affects alcohols selectivity (Figure  9.21). The contents of 
alcohols in product carbon number fractions generally increase, and the shape of 
the distribution curve changes, exhibiting a second maximum at higher reaction 
pressure.29 At Nc = 2 the alcohol content increases drastically from ca. 3 to ca. 55 
mole% when the pressure is raised from 1.2 to 33 bar.
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It is of interest to relate the formation of alcohols to the basic reactions of the 
kinetic scheme. For this reason, co-feeding of 1 vol% of propene was performed29 

(Figure 9.22). An increase of butanol selectivity was observed. The interpreta-
tion is that propene has reacted with CO via CO insertion, as known in hydro-
formylation. The oxygen remains in the species, and the species does not grow. 
Generalizing this finding, it is concluded that with cobalt as FT catalyst, the oxy-
genates (aldehydes, alcohols) are formed by CO insertion. However, this is not the 
common FT reaction of chain growth, because the obtained acyl species does not 
grow but must desorb.

To explain the specifically high selectivity of ethanol (Figure 9.22), it can be 
assumed that CO insertion with the small CH3 species is preferred if compared 
with bigger alkyl species. The reaction is favored at high pressure, because of 
stronger surface segregation, shifting the regime from Fischer-Tropsch synthesis 
toward hydroformylation. Hydroformylation with FT olefins causes the maximum 
in the alcohol distribution at Nc = 4. This refers to the high olefin content in the 
FT C3 fraction.

The kinetic scheme in Figure 9.23 pictures the alternative reaction possibilities 
of the alkyl species (here the CH3 species) on a growth site to react either with CO 
for hydroformylation or with CH2 for FT synthesis.

9.9  CH2 as Monomer in FT Synthesis

Among the indications for CH2 to be the main monomer in FT synthesis, a result 
from co-feeding 14C-labeled n-hexadecene-(1)-(1-14C) during FT synthesis on 
cobalt17 is being recalled. Figure  9.24 presents the relative molar radioactivity 
of the product compounds as a function of their carbon number. Evidently, the 
labeled olefin has reacted for growth, as indicated by the constant molar radio-
activity of compounds bigger than C16. This means the expected reaction of 
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adsorption of the olefin on a growth site and indicates reversibility of FT olefin 
desorption from growth sites.

Surprisingly, the compounds smaller than C16 are also radioactive. Their molar 
radioactivity increases linearly with carbon number. This indicates a carbon num-
ber constant probability to incorporate the 14C-labeled C atom. The radioactive 
alpha-C-atom is split from the C16-olefin and reacts as monomer for FT chain 
prolongation. Because the probability to react with the 14CH2 is the same for each 
growth step, the molar radioactivity of the product compounds increases propor-
tionally with their carbon number. The general mechanistic conclusion for FT 
synthesis is that the observed splitting of the C1 atom from the alkyl chain is the 
reverse of chain growth with a CH2 species. This indicates reversibility of chain 
growth by CH2 insertion.

A sketch of the FT mechanism, involving a surface intermediate with carbon 
number N, is presented in Figure 9.25. There are:
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	 1.	Sites for growth (on-top sites) and the alkyl intermediate (SpN) bound 
on them

	 2.	Sites for secondary reactions (on-plane sites) and alkyl species (Sp*N) 
bound on them

	 3.	Two desorption reactions, for paraffins and for olefins, the latter one 
being reversible

	 4.	Reversibility of the growth reaction

The sites for secondary reactions are not capable of chain growth.

9.10  Conclusions

Comparing heterogeneous Fischer-Tropsch synthesis with homogeneous olefin 
hydroformylation can be seen as a source for understanding catalytic principles, 
particularly because the selectivity is complex and therefore highly informative. 
Reliable analytical techniques must be readily available.

It is concluded that with cobalt the regime of FT synthesis is established through 
self-organization and catalyst restructuring. Surface segregation is visualized to form 
on-top sites for growth and in-pit sites for CO dissociation. The steady state of the FT 
regime with cobalt is dynamic and thought to be thermodynamically controlled, thus 
depending on experimental parameters as temperature and CO partial pressure.

Advanced insight is obtained from temporal resolution of activity and selectiv-
ity during formation of the catalytic regime. Applying a polymerization model, 
it is deduced how the ratio of chain growth to chain desorption, or of linear to 
branched growth, or of desorption as olefin to that as paraffin, varies with time 
and reaction conditions. Specifically, reaction pressure and reaction temperature 
are relevant, shifting the catalytic regime from heterogeneous to homogeneous 
catalysis. The trends of this shift are characterized in Figure 9.26 as follows:
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	 1.	Active sites generation
	 2.	CO or CH2 insertion
	 3.	Desorption after CO insertion
	 4.	Spatial constraints on the growth sites
	 5.	Methanation and olefin hydrogenation or isomerization (secondary and 

side reactions)

Progress in understanding FT reaction mechanisms shall be useful for theo-
retical calculations, catalyst design, and reaction engineering.

References

	 1.	 O. Roelen. 1938. DRP: 849.548.
	 2.	 A. Behr. 2003. Organometallic complexes and homogeneous catalysis. In Ullmann’s 

encyclopaedia of industrial chemistry, 429. 6th ed., Vol. 24. Weinheim: Wiley-VHC.
	 3.	 R.F. Heck, D.S. Breslow. 1961. J. Am. Chem. Soc. 83:4023.
	 4.	 H. Pichler. 1952. Twenty-five years of synthesis of gasoline by catalytic conversion 

of carbon monoxide and hydrogen. In Advances in catalysis, ed. W. Frankenburg, E. 
Rideal, V. Komarewsky. Vol. 4:271. New York: Academic Press.

	 5.	 H. Schulz. 2007. Stud. Surf. Sci. Cat. 163:127.
	 6.	 E. van Steen. 1993. Dissertation, University of Karlsruhe, Karlsruhe.
	 7.	 M. Claeys. 1997. Dissertation, University of Karlsruhe, Karlsruhe.
	 8.	 H. Schulz, K. Beck. Unpublished results.
	 9.	 H. Schulz, W. Böhringer, C. Kohl, N. Rahman, A. Will. 1984. Entwicklung 

und Anwendung der Kapillar-GC-Gesamtprobentechnik fuer Gas/Dampf-
Vielstoffgemische, DGMK-Forschung: Hamburg.

Surface Segregation (finally dissolution)
On-Plane-Sites Disproportion

On-Top-Sites and In-Pit-Sites Formation

Methanation, Olefin-hydrogenation, Olefin-isomerization
Reactions on On-Plane-Sites

Reaction on In-Pit-Sites: CO-Dissociation

Steric (Spatial) Constraints

CO-Insertion
Reactions on On-Top-Sites

TREACTION

pco

Fischer-Tropsch
Surface of Co-metal

Hydroformylation
Co-Carbonyl-Complex

CH2-Insertion

Dynamic Equilibrium State of Catalytic Regime

Figure 9.26  Fischer-Tropsch synthesis vs. Oxo synthesis on cobalt catalysts. The ther-
modynamically controlled shift from heterogeneous to homogeneous catalysis.



Fischer-Tropsch Synthesis and Hydroformylation on Cobalt Catalysts	 183

	 10.	 Zh. Nie. 1996. Dissertation, University of Karlsruhe, Karlsruhe.
	 11.	 H. Pichler. 1952. Brennstoff-Chemie 33.
	 12.	 H. Pichler, H. Buffleb. 1940. Brennstoff-Chemie 21:273.
	 13.	 A. Steynberg, R. Espinoza, B. Jager, A. Vosloo. 1999. Appl. Catal. A Gen. 186:41.
	 14.	 A.W. Weitkamp et al. 1953. Ind. Eng. Chem. 45:343, 350, 539, 363.
	 15.	 M. Dry. 1981. The Fischer-Tropsch synthesis. In Catalysis, ed. J. Anderson and M. 

Boudart, 159. Berlin: Springer-Verlag.
	 16.	 H. Pichler. Personal communication.
	 17.	 H. Schulz. 2003. Topics Catal. 26:73.
	 18.	 T. Riedel, H. Schulz, G. Schaub, K. Jun, J. Hwang, K. Lee. 2003. Topics Catal. 26:41.
	 19.	 J. Wilson, G. de Groot. 1995. J. Phys. Chem. 99:7860.
	 20.	 H. Schulz, Zh. Nie, F. Ousmanov. 2002. Catal. Today 71:351.
	 21.	 V. Ponec, W.L. van Dijk, J.A. Groenewegen. 1976. J. Catal. 45:277.
	 22.	 S.L. Soled, E. Iglesia, R.A. Fiato, J.E. Baumgartner, H. Vroman, S. Miseo. 2003. 

Topics Catal. 26:101.
	 23.	 H. Schulz, B.R. Rao, M. Elstner. 1970. Erdoel und Kohle: Erdgas. Petrochemie 23:65.
	 24.	 H. Schulz, M. Claeys. 1999. Appl. Catal. A Gen. 186:71.
	 25.	 H. Schulz, M. Claeys. 1999. Appl. Catal. A Gen. 186:91.
	 26.	 H. Schulz, G. Schaub, M. Claeys, T. Riedel. 1999. Appl. Catal. A Gen. 186:215.
	 27.	 H. Schulz, K. Beck, E. Erich. 1988. Fischer-Tropsch CO-hydrogenation, a non 

trivial surface polymerization: Selectivity of branching. In Proceedings of the 9th 
International Congress on Catalysis, Calgary, Vol. 2, p. 829.

	 28.	 B.W. Wojciechowski. 1988. Catal. Rev. Sci. Eng. 30:629.
	 29.	 S. Roesch. 1980. Dissertation, University of Karlsruhe, Karlsruhe.





185

10 The Value of a Two 
Alpha Model in the 
Elucidation of a Full 
Product Spectrum 
for Fe-LTFT

Johan Huyser, Matthys Janse van 
Vuuren, and Godfrey Kupi

In this chapter a two α selectivity model is proposed that is based on the premise that 
the total product distribution from an Fe-low-temperature Fischer-Tropsch (LTFT) 
process is a combination of two separate product spectrums that are produced on two 
different surfaces of the catalyst. A carbide surface is proposed for the production 
of hydrocarbons (including n- and iso-paraffins and internal olefins), and an oxide 
surface is proposed for the production of light hydrocarbons (including n-paraffins, 
1-olefins, and oxygenates) and the water-gas shift (WGS) reaction. This model was 
tested against a number of Fe-catalyzed FT runs with full selectivity data available 
and with catalyst age up to 1,000 h. In all cases the experimental observations could 
be justified in terms of the model proposed.

10.1  Introduction

The determination of an accurate product spectrum for the Fischer-Tropsch (FT) 
reaction is not trivial because there is not an analytical technique available to 
accurately quantify a product sample consisting of hydrocarbons and oxygenates 
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with carbon numbers ranging from C1 to C100+. In the case of a continuously 
stirred tank reactor (CSTR), the product exits the reactor in either the gas or liquid 
phase, with the heavier products condensed in two separate catch pots. For a full 
product spectrum, the four different samples (tail gas, water, oil, and wax) are 
analyzed separately and combined for the construction of a full product spectrum 
to represent the catalyst produced during the sample period. Based on this product 
spectrum, a selectivity model was developed and used to gain an understanding of 
the factors influencing selectivity changes in a low-temperature Fischer-Tropsch 
(LTFT) process.

10.2  Method

There are several different reactor types available for generating kinetic and 
selectivity data. A properly mixed CSTR is used because of the accurate control 
of reaction conditions (temperature and reagent partial pressures) to which the 
catalyst is exposed. To account for all the products that leave the reactor, the 
contents of both knockout pots and the tail gas need to be analyzed and combined 
to give the total product spectrum. Because the product spectrum changes with 
catalyst age, it is important to isolate the products the catalyst produced within 
the sample period. The wax sample that leaves the reactor as a liquid, due to dilu-
tion in the reactor slurry, will represent the average of the heavy product made 
during the previous few days and will not represent the product made during the 
sampling period. The lighter products that leave the reactor as a vapor and con-
dense in a cold pot that is drained once during the sampling period will represent 
the products made during the sampling period, and this difference of sampling 
periods to represent the full product spectrum signifies a real challenge. For the 
same reason, the wax analysis of a reaction in the first few days will not be repre-
sentative of the products made by the catalyst but will be contaminated with the 
medium used to start up the reaction.

To avoid these negative effects, results were recently reported1 from reactions 
done where an FT run, at any selected age, was stopped and the catalyst placed 
under inert conditions. This was followed by the replacement of the reactor con-
tents by flushing out with degassed and dried poly-alpha-olefin oil (Durasyn 
P164) and restarting the reaction again in order to determine a full product spec-
trum. The freshly produced FT products that are free of accumulation can then 
be considered as real products produced at that particular period with a catalyst of 
defined age. These analyses can then be used to construct a true product spectrum 
of the catalyst with a specific age. The complete product spectrum showing the 
contribution of the four different gas chromatography (GC) analyses is shown in 
Figure 10.1.

The description of the product distribution for an FT reaction can be simpli-
fied and described by the use of a single parameter (α value) determined from 
the Anderson-Schulz-Flory (ASF) plots. The α value (also called the chain 
growth probability factor) is then used to describe the total product spectrum 
in terms of carbon number weight fractions during the FT synthesis. In the case 
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of a precipitated iron catalyst in an LTFT process, the ASF plot does not give a 
straight line, as shown in Figure 10.2.

As indicated in Figure 10.2, there is a distinct change in the slope of the line 
at carbon numbers 8 to 12, and this has also been observed by other research-
ers.2,3 This change in the slope cannot be explained by the ASF model, which 
is based on the premise that the chain growth probability factor (α) is indepen-
dent from the carbon number. Some further developments of the ASF model by 
Wojciechowski et al.3 made use of a number of abstract kinetic parameters for the 
calculation of a product spectrum. Although it still predicts a straight line for the 
α plot, they suggested that the break in the line is due to different mechanisms 
of chain termination and could be explained by the superposition of two ideal 
distributions. This bimodal distribution explained by two different mechanisms 
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has also been proposed by other researchers.4 Other authors5 have suspected the 
existence of two different growth sites, with each yielding ideal distributions with 
different chain growth probabilities. Another explanation was recently proposed 
by Botes6 in which the main assumption was that the rates of chain growth and 
hydrogenation (termination step for paraffins) are independent of carbon chain 
length, but that the rate of desorption (the termination step for olefins) is a func-
tion of carbon number. This model allows us to explain the exponential decrease 
in the olefin/paraffin ratio and the gradual increase of the α value with increasing 
carbon number until a limiting value is reached.

Another explanation for the changing slope has been proposed by Schulz and 
Claeys,7 who suggest that the product olefins undergo secondary reactions and, 
because of changing product olefin solubility, result in chain length dependence 
on the chain growth probability (α).

The approach proposed in this report is similar to those proposed indepen-
dently by Satterfield and Gaube5 in a sense that the total product spectrum is a 
combination of two distinct sets of products produced as a result of either two 
different mechanisms, for instance, two different reactive intermediates,4 or two 
different catalytic surfaces,5 each producing a different product spectrum.

If we assume that α1 and α2 are the results of two distinct sets of products, 
then it is imperative to first separate the contribution of each in terms of mass 
or molar production before determining the α1 value. This is because the total 
product spectrum for C1 to C10 (typically used for the calculation of α1) will be 
a combination of the two product spectra and will give an erroneous α1 value. 
Since we are interested in not only the paraffin and olefin production but also the 
oxygenates, we use molar production. A typical molar production of a standard 
LTFT run is shown in Figure 10.3.

If the product distribution follows a perfect ASF product distribution, then 
the graph in Figure 10.3 should fit an exponential function. However, this is not 
the case and can only be done if the production is separated in two product spec-
tra, one being described by α1 and consisting mostly of <C15, and the other one 
C1–C100+, with the products >C15 being mostly from the spectrum described 
by α2.
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Figure 10.3  Molar production of standard LTFT reaction.



The Value of a Two Alpha Model	 189

Separation of the two product spectra is done by fitting an exponential func-
tion to the total molar production graph for the carbon number higher than 15 and 
then extrapolating down to C1. This exponential function would then describe 
the molar production of the α2 contribution and could just be subtracted from the 
total production to give the contribution described by α1. Figure 10.4 shows the 
exponential function fitted to the >C15 part of the total molar production shown 
in Figure 10.3. Subtracting the α2 contribution from the total production will give 
the α1 production, and the individual molar production is shown in Figure 10.5.

This technique allows us to separate the total product spectrum into an α1 
and an α2 contribution. This also highlights the point that for this technique to 
give accurate results, the product spectrum needs to be determined very accu-
rately, especially in the region that is used to calculate α2. Small variations in the 
products measured will skew the α2 determination and result in the inaccurate 
product separation. This only highlights the fact that care should be taken with 
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Figure 10.4  Molar production with an exponential function fitted to the C >15 part of 
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the interpretation of analysis and the calculation of α values. Before we can spec-
ify which products represent the α1 and α2 product spectrum, it is first necessary 
to have a closer look at the catalyst surface.

10.3 A  Closer Look at the Catalyst Surface

For the development of a selectivity model it is helpful to have a picture of the sur-
face of the catalyst to fit the explanation of how the product spectrum is formed. 
The fundamental question regarding the nature of the active phase for the FT and 
water-gas shift (WGS) reactions is still a controversial and complex topic that has 
not been resolved.8 Two very popular models to describe the correlations between 
carbide phase and activity are the carbide9 and competition models.10 There are 
also proposals that magnetite and metallic iron are both active for the FT reaction 
and carbides are not active11. These proposals will not be discussed in detail and 
are only mentioned to highlight the uncertainty that is still present on the exact 
phase or active site responsible for the FT and WGS reactions.

For a precipitated iron catalyst, several authors propose that the WGS reaction 
occurs on an iron oxide (magnetite) surface,12,13 and there are also some reports 
that the FT reaction occurs on a carbide surface.14 There seems to be a general 
consensus that the FT and WGS reactions occur on different active sites,13 and 
some strong evidence indicates that iron carbide is active for the FT reaction and 
that an iron oxide is active for the WGS reaction,15 and this is the process we pro-
pose in this report. The most widely accepted mechanism for the FT reaction is 
surface polymerization on a carbide surface by *CH2 insertion.16 The most widely 
accepted mechanism for the WGS reaction is the direct oxidation of CO with sur-
face *O (from water dissociation).17 Analysis done on a precipitated iron catalyst 
using bulk characterization techniques always shows iron oxides and iron carbides, 
and the question of whether there can be a sensible correlation made between the 
bulk composition and activity or selectivity is still a contentious issue.18

Because of all these uncertainties and the questionable relationships found 
between bulk composition and activity, or even selectivities, we followed a dif-
ferent approach in order to gain an understanding and formulate a theory on sur-
face composition responsible for FT and WGS reactivity. A logical sequence of 
catalyst surface transformations based on scientific principles was proposed and 
adapted to form a general model that can be used to explain our experimental 
observations. These proposed catalyst transformations will be discussed in a little 
more detail below.

After calcinations, the precipitated iron catalyst is composed of a mixture of 
iron oxide phases before activation. The exact nature of this phase is not critical 
for the discussion and will be referred to in general as an oxide phase. During 
activation the catalyst is subjected to a reducing environment that will lead to the 
formation of either metallic iron if pure hydrogen is used or some iron carbide 
if the reduction is done with either CO or syngas. During reduction with a gas 
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containing CO there is a transformation of an iron oxide phase to an iron carbide 
phase.13 The density of these types of phases is given in Table 10.1.

During the reduction with the conversion of an iron oxide to iron carbide there 
is a substantial increase in density (see values in Table 10.1). The formation of a 
smooth carbide layer over an oxide bulk can therefore not proceed without the 
creation of a void or shattering of the carbide layer because of the density mis-
match between the two phases. This shrinking core type of reduction is therefore 
very unlikely. Because of the Cu and K promoters present and evenly distributed 
in the bulk, the formation of a large number of small iron carbide regions will 
lead not only to more complete carburization (lower the diffusion path of oxygen 
and limit the negative effects of the density mismatch between the two phases) 
but also to a high concentration of small carbide islands on a bulk oxide phase.19 
Considering only the surface of the catalyst containing iron, it will be very dif-
ficult to predict the percentage oxide and carbide, but what is sure is that both 
will be present on the surface of the catalyst, most probably small carbide islands 
covering most of the oxide surface.

To better understand the difference in reactivity behavior of these carbide and 
oxide surfaces, it is helpful to look at the charge distribution among iron, carbon, 
and oxygen. The difference in the electronegativity of the atoms in a complex can 
be used to classify it as being either covalent or ionic. The electronegativity of 
some atoms is given in Table 10.2. The carbide phase, consisting of Fe–C bonds, 
will have a nonpolar, covalent character (ΔΧFe–C = 0.72), and the oxide phase, 
consisting of Fe–O bonds, will have a polar, ionic character (ΔΧFe–O = 1.61) with a 
more prominent positive charge on the iron than in the case of the carbide phase.

Table 10.1
Density of Selected Iron Carbide and Oxide Phases20

Iron Oxide Iron Carbide

Fe2O3 density, 5.25 g/cm3 Fe3C density, 7.7 g/cm3

Fe3O4 density, 5.17 g/cm3 Fe5C2 density, 7.57 g/cm3

Fe(O)OH density, 4.26 g/cm3 Fe2C density, 7.19 g/cm3

Fe7C3 density, 7.61 g/cm3

Table 10.2
Electronegativity Values of Selected Elements20

Elements Electronegativity (Χ)

Fe 1.83

O 3.44

C 2.55
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10.4 � Correlation of Surface Properties 
with Product Selectivities

As discussed above, the product spectrum of an iron-catalyzed LTFT reaction can 
best be described by using a two α model with two separate product spectra added 
together to give the total product distribution. For the production of paraffins 
(see discussions above), it is reasonable to assume it is produced on the carbide 
surface since this is where the CH2* monomer responsible for chain growth is 
most abundant. For the oxygenates it is a little more challenging, since they can 
be explained as being formed on either the carbide or oxide surface. There are, 
however, a few clues that we can use to favor one of the surfaces. If the oxygen-
ates were formed on the carbide surface by reacting of the growing chains with 
the very active surface O* species, we would expect the product spectrum of 
the types of oxygenates (alcohols and acids) to follow the paraffin distribution 
in terms of α values. Even though the oxygenate production is a lot lower than 
that of the paraffins, both termination steps would be expected to be similarly 
affected by the chain length, and so the α values of paraffin and oxygenate should 
be similar. However, this is not the case, and a much more realistic explanation is 
that they are actually formed on two different surfaces. Since the oxide surface, 
active for WGS, mostly consists of O*/OH*, it is a logical conclusion that this is 
where oxygenates are formed.

Following the discussions above, the product spectra were separated using the 
following assumptions. The carbide (nonpolar) surface is responsible for the pro-
duction of paraffins and olefins, while the oxide (polar) surface is responsible 
for the production of light hydrocarbons, olefins, and oxygenates. A proposed 
mechanism of olefin formation is shown in Figure 10.6. The consequence of this 
is that the formation of branched paraffins and internal olefins must be linked 
due to the common intermediate. Considering this reaction (Figure 10.6) on a 
nonpolar (carbide) surface, it is realistic to assume that reaction A will be far 
closer to equilibrium than the same reaction on a polar (oxide) surface. The reason 
is the much stronger coordination of a nonpolar molecule to a nonpolar surface 
than of the same nonpolar molecule to a polar surface. The more electronegative 
oxygen atom will lower the electron density on the iron in an oxide environment, 
lowering the back donation from the iron d-orbital to the antibonding π molecular 
orbital, resulting in a weaker bond that will leave the surface as a 1-olefin. This 
means that on a nonpolar surface (carbide surface) the formation of internal ole-
fins and branched paraffins will be favored compared to a polar surface, which 
will prevent equilibrium A from being established and the alpha olefin will leave 
the surface as soon as it is formed.

The approach described above to calculate a true α2 value as well as to sepa-
rate the α1 and α2 product distributions was followed to test if this description 
could be used to account for the selectivity results observed in the iron-catalyzed 
LTFT reaction. The assumptions for the calculations are given below:
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In the total product spectrum the contribution of •	 α1 is negligible in the 
carbon range higher than C15.
There are two different surfaces (polar or oxide and nonpolar or carbide) •	
responsible for the formation of FT products.
One of these surfaces is also responsible for the WGS reaction (polar or •	
oxide surface).
The WGS reaction as well as n-paraffins, 1-olefins, and oxygenates are •	
formed on the polar surface.
Paraffins (normal and branched) and internal olefins are formed on the •	
nonpolar surface.

These assumptions might not be 100% correct, and a more correct statement 
will, for instance, be that the bulk of the 1-olefins are formed on the polar surface 
but will make separation of products impossible, so the assumption was made that 
all the 1-olefins are formed on the polar surface. These assumptions should not 
change the conclusions reached.

Following the reasoning above, the product spectrum was separated with the 
stated assumptions. For the carbide surface the molar productions of the n- and 
iso-paraffins and internal olefins were added together and a growth function fitted 
for the carbon number range higher than C15 (C30+). This growth function was 
extrapolated to include C1 up to C60. However, there was still a small deviation 
from the function in the lower carbon range, and since paraffins are formed on 
both the polar and nonpolar surfaces, it was assumed that this deviation is due 
to the paraffins formed on the polar surface. This deviation was subtracted from 
the n-paraffin production that left the molar production of internal olefins and 
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Figure 10.6  Mechanism for the formation of branched paraffins and internal olefins.
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n- and iso-paraffins. The molar production of the remaining products is then the 
production on the polar (oxide) surface. The total molar production of the prod-
ucts formed on the two surfaces can then just be added together and expressed 
as a percentage. From this, a few interesting observations can be made from the 
product distribution and the WGS reaction. Because the WGS reaction also takes 
place on the polar (oxide) surface, there should be a correlation between the molar 
production corresponding to the α1 surface and the CO2 selectivity. This cor-
relation is shown in Figure 10.7 from the plot of α1 mole% vs. CO2 mole %. It is 
also expected that since most of the CH4 is produced on the oxide (polar) surface 
(same as the WGS), there should be a correlation between the CH4% selectivity 
and the WGS or CO2% selectivity. This is shown in Figure 10.8 for a catalyst at 
different ages.

Another way of comparing the CH4 and CO2 selectivities that will reflect 
changes in the surface on which the reactions take place is to look at the CH4 
formation rate expressed as mole CO converted to CH4/g catalyst/second, and 
the WGS reaction rate expressed as mole CO2 formed/g catalyst/second. Because 
the units only differ in specifying the products made, the number of active sites 
must be the same for CH4 and CO2 formation only if there is a direct correlation 
between the two rates. The two rates are plotted in Figure 10.9 and clearly show 
that there is a very strong correlation. It must be kept in mind, however, that 
strictly speaking the parameters that can influence the CH4 and CO2 formation 
rates to a different degree were not constant for the duration of the run; specifi-
cally the H2 and CO partial pressures are known to influence the CH4 and CO2 
reactions differently, so the correlation is expected to fluctuate a bit. Another 
interesting observation is in the selectivity of the products formed on the oxide 
surface. This product selectivity corresponds to the α1 production and is shown 
in Figure 10.10.
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Keeping in mind that the molar production in Figure 10.10 is a combination of 
three FID GC (Flame Ionization Detector) results and dependent on six param-
eters, it is remarkable that a good exponential fit is possible and a consistent α1 
value can be calculated. What is also immediately apparent is that the region 
from C1 to C4 deviates only slightly from the exponential fit. Since reincorpo-
ration of C2 products (mostly ethylene and ethanol) is known to occur, the C2 
negative deviation corresponds remarkably to the sum of the C3 and C4 positive 
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deviations, indicating a possibility of C2 being transformed into C3 and C4 prod-
ucts explaining these deviations. This is in accordance with similar work with 
co-feeding olefins.4 The C1 deviation (although small) can be related to an error in 
the combination of at least two FID GC traces and a thermal conductivity detector 
(TCD) GC trace, making the C1 fraction difficult to determine accurately. (Some 
methanol reincorporation might also play a role.)

10.5  Conclusions

A selectivity model was proposed based on a theory that the product spectrum 
consists of two separate products formed on two different catalytic surfaces. 
Chemical reactivity arguments were used to show that the two surfaces (carbide 
and oxide) are responsible for the production of different groups of products. 
Separation of the product spectrum in this way enabled us to explain and some-
times predict changes in selectivity and gave us a handle on tracking the full 
selectivity changes by following the CO2 and CH4 selectivity.
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11 Studies on the Reaction 
Mechanism of the 
Fischer-Tropsch Synthesis
Co-Feeding Experiments 
and the Promoter 
Effect of Alkali

Johann Gaube and Hans-Friedrich Klein

The readsorption and incorporation of reaction products such as 1-alkenes, alco-
hols, and aldehydes followed by subsequent chain growth is a remarkable prop-
erty of Fischer-Tropsch (FT) synthesis. Therefore, a large number of co-feeding 
experiments are discussed in detail in order to contribute to the elucidation of the 
reaction mechanism. Great interest was focused on co-feeding CH2N2, which on 
the catalyst surface dissociates to CH2 and dinitrogen. Furthermore, interest was 
focused on the selectivity of branched hydrocarbons and on the promoter effect of 
alkali on product distribution. All these effects are discussed in detail on the basis 
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of a recently proposed reaction mechanism characterized by the superposition of 
two incompatible mechanisms resting exclusively on –CH2– and on CO insertion.

11.1  Introduction

Since the invention of the Fischer-Tropsch (FT) synthesis numerous studies have 
been concerned with its mechanism. However, this subject still remains controver-
sial. Only rare case studies were focused on co-feeding of compounds such as alco-
hols, aldehydes, 1-alkenes, or diazomethane. But most of these investigations were 
undertaken in order to support one of the specific hypotheses that were favored at 
that time. Unfortunately, these informative co-feeding experiments were hardly 
taken into consideration for discussion of more recent mechanistic hypotheses.

An outstanding example is the excellent and comprehensive work of Emmett 
and coworkers in the 1950s,1–4 where 14C-labeled alcohols, aldehydes, and ethene 
were co-fed to the syngas in Fischer-Tropsch synthesis over iron and cobalt cata-
lysts in order to study the buildup of hydrocarbons of higher carbon numbers. 
These authors have already shown that for iron catalysts, the incorporation of 
alcohols, and their activity to start chains, is much higher than that of ethene. 
They found that in the case of co-feeding of ethane, the 14C activity of formed 
hydrocarbons decreases with increasing carbon number, while for alcohol co-
feeding, the 14C activity increases and finally approaches a constant value at high 
carbon number hydrocarbons in the fraction of wax. Furthermore, this series of 
articles presents a wealth of experimental results that are useful for current dis-
cussion of the mechanism of FT synthesis.

As a refinement of the well-known studies of Brady and Petit,5 Quyoum and 
coworkers were able to show, by co-feeding of 13CH2N2 to syngas 12CO/H2, that 
the 13CH2 intermediates react in the same way as surface 12CH2 groups formed 
from 12CO/H2, leading to random incorporation into the formed hydrocarbons.6 
If hydrocarbons were formed exclusively via CH2 insertion, a constant fraction 
of incorporated 13C would be expected in all hydrocarbons. However, the experi-
ments revealed a strong decrease of 13C incorporation with increasing carbon 
number, an observation that was not commented on by the authors. This result 
shows without a doubt that the mechanism characterized by CH2 insertion is not 
the only one operating in Fischer-Tropsch synthesis.

The carbon number distribution of Fischer-Tropsch products on both 
cobalt and iron catalysts can be clearly represented by superposition of two 
Anderson-Schulz-Flory (ASF) distributions characterized by two chain 
growth probabilities and the mass or molar fraction of products assigned to 
one of these distributions.7–10 In particular, this bimodal-type distribution is 
pronounced for iron catalysts promoted with alkali (e.g., K2CO3). Comparing 
product distributions obtained on alkali-promoted and -unpromoted iron cata-
lysts has shown that the distribution characterized by the lower growth prob-
ability α1 is not affected by the promoter, while the growth probability α2 and 
the mass fraction f2 are considerably increased by addition of alkali.9 This is 
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a further indication of two different and incompatible mechanisms governing 
the Fischer-Tropsch synthesis.

Based on these observations and several other experimental results with co-
feeding of ethene and 1-alkene,9 the selectivity of branched hydrocarbons,11 and 
the different promoter effects of Li-, Na-, K-, and Cs-carbonate/oxide,12,13 a novel 
mechanism has been proposed that is consistent with these various experimental 
results.14 The formulation of this mechanism follows the knowledge of analogous 
reactions in homogeneous catalysis and gives a detailed insight in the crucial 
step of C–C linkage formation. The aim of this work is to discuss in detail these 
experiments and their relationship to the proposed mechanism.

11.2 Th e Bimodal Carbon Number Distribution

With the exception of methane and the C2 fraction, the carbon number distribu-
tion of Fischer-Tropsch products can be well represented by superposition of two 
ASF distributions:

	 SCi,exp./i = SCi,1/i + SCi,2/i = A Bi i⋅ + ⋅− −α α1
1

2
1

The carbon selectivity SCi of hydrocarbons of carbon number i is defined by 
the mass of carbon in the components related to the mass of carbon of all hydro-
carbons in the 3 to 40 carbon number range. The slopes of the straight lines in 
the diagram log(SCi/i) vs. the carbon number i give α1 and α2. In Figures 11.1 and 
11.2 the open symbols represent SCi,1/i of distribution 1, which is the difference of 
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Figure 11.1  Bimodal ASF distribution obtained on Co catalyst. T = 493 K, pH2 = 3 bar, 
pCO = 1.5 bar, pure unsupported cobalt.15 (From J. Gaube, H.-F. Klein, J. Mol. Catal. A. 
Chemical 283, 2008. pp. 60–88. Elsevier. With permission.)
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the experimentally obtained value SCi,exp./i and the extrapolated value for distri-
bution 2, SCi,2/i. A more detailed description is given by Patzlaff et al.9 and Huff 
and Satterfield.10

For the experiment of Figure 11.1 the degree of syngas conversion was kept at a 
low level, 0.2–0.3, so that the partial pressures of 1-alkenes also remained low.

Under these conditions incorporation of 1-alkenes is negligible. As discussed in 
Section 11.2, for a high degree of conversion, a deviation from this strict bimodal 
ASF distribution is observed due to incorporation of these compounds and their 
subsequent chain growth.

For iron catalysts in general, the incorporation of 1-alkenes is negligible, and 
that of ethene is much lower than that of cobalt.16,17 Therefore, for all published 
carbon number distributions for iron catalysts, a strict representation by two 
superimposed ASF distributions is obtained. Examples are given by Schliebs and 
Gaube,7 Dictor and Bell,8 and Huff and Satterfield.10 Also, the old experiments of 
the Schwarzheide tests are well represented by this model.7

The conclusion of this strict representation is that if two reaction mechanisms are 
responsible for this bimodal distribution, these mechanisms have to be incompatible.9

11.3  Co-feeding Experiments

11.3.1  Co-Feeding of Diazomethane

It has been assumed that CH2N2 dissociates on the catalyst surface to N2 and 
CH2, producing methylene units as active surface intermediate for chain growth 
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Figure 11.2  Promoter effect of K2O/K2CO3 on ASF distribution. Iron catalysts Fe(0) 
and Fe(2 wt% K2CO3), T = 493 K, PH2 = 5 bar, pCO = 5 bar.15
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of hydrocarbons. Quyoum and coworkers have shown that these CH2 intermedi-
ates react in the same way as surface CH2 groups formed from CO/H2, leading 
to random incorporation into the formed hydrocarbons. A very interesting result 
of these experiments is the strong decrease of 13C incorporation with increasing 
carbon number.6

Figure 11.3 shows the fraction of hydrocarbons with incorporated 13C and the 
ratio of hydrocarbons formed according to distribution 1 and the total of hydro-
carbons formed. The decrease of both curves is the same. The conclusion is drawn 
that hydrocarbons assigned to distribution 1 are formed via insertion of CH2.

The same conclusion has already been drawn on the basis of co-feeding exper-
iments with ethene and 1-alkene, as discussed in detail in the following section.

11.3.2  Co-Feeding of Ethene and 1-Alkenes

Detailed studies by Patzlaff et al.9,18 have shown that addition of ethene causes an 
increased fraction f1 of the distribution characterized by α1 and a small increase 
of α1. This indicates that ethene mainly acts as a chain initiator of hydrocarbons 
formed according to distribution 1, and to a very small extent as a surface inter-
mediate for insertion into a growing chain. Concurrent experimental results were 
obtained by Schulz and Claeys.19 Distribution 2 and also α2 are not affected by 
co-feeding of ethene. Figure 11.4 shows that ethene changes the ASF plot only in 
the range of low carbon numbers.

The carbon number distribution of the synthesis run with co-fed 1-hexene 
shows an increased C selectivity of the C7 fraction (Figure 11.5). However, the 
increase of the following fractions strongly declines with increasing carbon num-
ber, so that the distribution approaches, within a few carbon numbers, the one 
obtained without co-feeding 1-hexene. This result suggests that readsorbed and 
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finally incorporated 1-alkenes grow according to the mechanism characterized by 
the lower growth probability α1. The experiments with co-feeding of 1-hexene at 
low pCO, as presented in Figure 11.5, have revealed a low fraction of incorporated 
1-hexene (about 0.1), while most co-fed 1-hexene is hydrogenated. At elevated 
pCO the degree of incorporation reaches relatively high values up to 0.5.19,20 This 
result can be interpreted by the decrease of secondary 1-alkene hydrogenation 
with increasing pCO, as demonstrated in Figure 11.6.

The kinetics of secondary hydrogenation and isomerization of 1-alkenes as 
represented by the reaction scheme is characterized by a negative reaction order 
with respect to carbon monoxide.13,15
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Figure 11.4  Effect of ethene addition. Co catalyst, T= 493 K, pCO = 0.1 MPa, pH2 = 
0.1 MPa.18 (From J. Patzlaff, Y. Liu, C. Graffmann, and J. Gaube, Catal. Today 71, 2002. 
pp. 381–394. Elsevier. With permission.)
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Hydrogenation of 1-alkene:         

Isomerization of 1-alkene:          

Hydrogenation of 2-alkene:         

CO  +  H2 1–alkene alkane

2–alkene

r1 = k1 · pH 2 · c1–en · pCO
–1.5

r3 = k3 · pH 2 · c2–en · pCO
–1.5

r2 = k2 · c1–en · pCO
–1.5

Therefore, for elevated pCO it is expected that with increasing residence time 
in a fixed bed reactor, a marked incorporation of 1-alkenes followed by subse-
quent chain initiation occurs. The consequence is an increased formal α1,eff and 
an increased fraction f1, respectively; f2 is decreased. This effect can be demon-
strated by experiments of Madon et al.21 While at low residence times and at a 
respectively low degree of syngas conversion the carbon number distribution can 
be strictly represented by superposition of two ASF distributions at increased 
residence times, a positive bulging in the middle range of carbon numbers is 
observed. However, at elevated carbon numbers the straight line, and conse-
quently α2, remains unchanged. Later Iglesia22 showed that for an experiment 
with a high degree of syngas conversion, in comparison to one with low conver-
sion, a decreased termination probability is observed only up to carbon number 
15. In our view this corresponds to an increased α1,eff. and f1.

For an accurate representation of the carbon number distribution in the case 
of elevated pCO and a high degree of syngas conversion, the bimodal model must 
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Figure 11.6  Dependence of hydrogenation and isomerization of 1-hexene on pCO pure 
cobalt catalyst. T = 493 K, pH2 = 0.33 MPa, mCat = 7.42 g Fe, j1-hexene = 0.0024 mol/h.15 
(From J. Gaube and H.-F. Klein, Catal. A. General 350, 2008. pp. 126–132. Elsevier. With 
permission.)
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be completed by including 1-alkene incorporation and subsequent chain growth, 
a task still to be carried out.

11.3.3  Co-Feeding of Alcohols and Aldehydes

Co-feeding of alcohols effects an increased rate of hydrocarbon formation, as 
shown in early experiments of Emmett and coworkers1–4 using 14C-labeled alco-
hols. These experiments were carried out in order to support the hydroxyl-carbene 
mechanism favored at that time. Their experiments were confirmed by Shi and 
Davis23 for Co catalysts and co-feeding of ethanol. Furthermore, in their study, 
the argument that ethanol may be dehydrated to ethene, incorporated, and fol-
lowed by subsequent chain growth via CH2 insertion could be excluded, as co-fed 
ethanol incorporated much faster than ethene.

For co-feeding of 14C-labeled ethanol and 1-propanol, the molar 14C activity 
of hydrocarbons formed on iron catalysts (unpromoted and promoted with K2O/
K2CO3) shows in the range up to C6 a decelerating increase, and then a constant 
value up to the wax fraction, as shown for ethanol in Figure 11.7.1,3 This charac-
teristic behavior of alcohol incorporation is complementary to the incorporation 
of ethene and 1-alkenes. Therefore, incorporation of alcohol and subsequent chain 
growth can only occur in the course of mechanism 2, with the high growth prob-
ability α2 dominating at elevated carbon numbers.

For both ethanol and 1-propanol, co-feeding of methylene- and methyl-labeled 
alcohols shows nearly the same activity distribution of formed hydrocarbons, 
indicating that C–C bonds of incorporated alcohols are not cleaved. Accordingly, 
the formation of methane is very small.1,3

Propionaldehyde is incorporated to an extent similar to that of 1-propanol. 
For formation of hydrocarbons the hydroxoalkyl group of incorporated alcohol 
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is inevitably hydrogenated to a CH2 group. Besides incorporation and subsequent 
chain growth, hydrogenation of incorporated alcohol toward hydrocarbons of the 
same carbon number also occurs.1–4

11.4 S ynthesis of Branched Hydrocarbons

Van Steen11 and Schulz et al.24,25 have presented a detailed analysis of FT prod-
ucts obtained on iron and cobalt catalysts that revealed an exponential decrease 
of branching with increasing carbon number, as demonstrated in Figure 11.8. At 
elevated carbon numbers the fractions of branched hydrocarbons approach a con-
stant value.

The trend in branching reflects the superposition of the two mechanisms. The 
decrease of branching corresponds to the decrease of the fraction of hydrocarbons 
that are formed via mechanism 1 as presented in Figure 11.3, while the constant 
fraction of branching corresponds to mechanism 2, which dominates at elevated 
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carbon numbers. A detailed analysis and modeling of the course of branching is 
in preparation.

11.5 D evelopment of a Novel Mechanism

Without doubt, the superimposed ASF distributions are the result of two incom-
patible mechanisms. In particular, the experiment with co-fed 13CH2N2 suggests 
that mechanism 1 assigned to distribution 1 and characterized by the growth 
probability α1 is based on the insertion of CH2. It is assumed that mechanism 2 
assigned to distribution 2 and characterized by the higher growth probability α2 
is based on the insertion of CO.

This view is supported by the formation of alcohols and aldehydes, which is 
not possible via mechanism 1. For the formation of these oxygenates, insertion of 
CO is necessary. Therefore, several authors and first of all M. E. Dry26 proposed a 
combined mechanism where hydrocarbons are mainly formed via CH2 insertion 
and oxygenates via CO insertion. We extend this proposal by the assumption that 
hydrocarbons are also formed via CO insertion in the same way as oxygenates.

Further support comes from the alcohol co-feeding experiments of Emmett 
and coworkers, who have shown that co-fed alcohol is hydrogenated to a consid-
erable extent to hydrocarbons. Claeys and Schulz27 have shown that the yield of 
alcohols strongly decreases with increasing particle size of the catalyst due to the 
increased residence time of products favoring consecutive dehydration.

Based on these manifold experimental data and the concept of two incompat-
ible mechanisms, we have proposed a novel mechanism14 that in a slightly revised 
version is presented in the following sections.

11.5.1  Formation of CH2

Current opinion is that CO dissociatively adsorbs on the catalyst surface, and that 
both C and O are subsequently hydrogenated, yielding CH2 and H2O.

However, recently Inderwildi et al.28 showed by density functional theory  
(DFT) calculations that hydrogenation of CO leading to formyl (oxomethyli-
dyne) and subsequent conversion toward CH2 show lower activation barriers 
than CO dissociation.

Therefore, we prefer the formal reduction of CO toward a “formyl” species. 
Subsequently, C–O bond cleavage gives coordinated methylene and an oxide ion 
that is transformed to OH– and H2O.

	 CO + 2 H + 2 e– ® CH2O2– ® CH2 + O2–

	 O2– + 2 H ® H2O + 2 e–

The sequence of steps requires at least two metal atoms: One of them accepts 
the oxide ion and the adjacent one carries the carbon chain.
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11.5.2  Mechanism 1 (CH2 Insertion)

In order to formally insert CH2, the growing alkyl chain must attain a situation 
of metal-to-carbon bonding that favors CH2 insertion over coupling of two CHR 
groups (R=H, alkyl).29 A (C, H)-chelating coordination mode characterized by 
agostic M-H-C interaction30 would meet this requirement.

	
Valence-bond representations of the (C, H)-chelating (“agostic”)

bonding mode in a two-metal-atom site 

M

H
M

R
H

CH
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H

CH
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When compared with α-alkylmetal bonding, the (C–H)-chelating coordi-
nation mode is characterized by a longer C–H bond and a smaller HCM angle 
and requires a decreased activation energy for alkylidene-methylene coupling. 
Valence bond representation (b) is chosen to demonstrate the particular reactivity. 
This novel mechanism is in accordance with the experiments of Brady and Pettit, 
who could show that chain growth can only occur in the presence of hydrogen. In 
the absence of hydrogen, dimerization toward ethene occurs.

The mechanism presented in Scheme 11.1 substantially differs from the formal 
CH2 insertion mechanism assumed in most preceding studies. Each growth cycle 
consists of:

	 1.	Transformation of an alkyl metal species via α-H elimination to the (C, 
H)-chelating ground state (written as (b) of the scheme)

	 2.	Coordination of a migrating CH2 unit to the adjacent metal center
	 3.	Alkylidene-methylene coupling affording a coordinated olefin
	 4.	Reductive coupling leading to the alkyl metal state

Chain propagation is started from a methylene group and terminated by 
desorption of 1-alkenes or alkanes. Propeller-type mobility of the olefin ligand ren-
ders possible CH3 branching of the growing chain, as demonstrated by the scheme. 
The growth probability is determined by the ratio of rates of formation of the alkyl 
intermediate and of the desorption of 1-alkenes, and to a minor extent of alkanes.

11.5.3  Mechanism 2 (CO Insertion)

The presented CO insertion mechanism (Scheme 11.2) partly follows the one pro-
posed by Pichler and coworkers,31,32 but differs in several important points. In 
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both proposals insertion of CO proceeds as in alkyl(carbonyl)-metal complexes 
by alkyl migration. Reductive C–O cleavage and elimination of water lead back 
to the starting situation, the alkyl metal. In the present version it is assumed that 
termination occurs by conversion of the C,O-bridging aldehyde intermediate to 
alcoholate, or by release of aldehyde. This formulation has been inspired by a 
study of Tau et al.,33 who have shown that alcohol and aldehyde are reversibly 
converted on iron. Hutchings et al.34 interpreted this redox process by the adsorp-
tion of alcohol via oxygen.

The alcoholate is either dehydrogenated via β-CH activation to afford an M–OH 
function and a hydrido (olefin) metal species or, to a minor extent, converted to alco-
hol. The hydrido (olefin) metal species can release 1-alkenes. The route toward alcohol 
is regarded as reversible, and thus allows the incorporation of co-fed alcohol, caus-
ing initiation of the FT synthesis via the alcoholate and the C,O-bridging aldehyde 
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intermediate. But co-fed alcohol can also be dehydrated to olefin, as expressed by the 
novel mechanism and in line with the experiments of Emmett and coworkers.

As shown by van Steen,11 the fractions of monomethyl-branched hydrocar-
bons decrease with increasing carbon numbers and change into a constant level. 
Since mechanism 2 dominates the carbon number distribution in the range of 
elevated carbon numbers, the constant molar fraction of branched hydrocarbons 
must be assigned to mechanism 2. Since there is hardly a possibility of branch-
ing in the cycle of chain prolongation, we suspect that the origin of branching 
is in the reversible conversion of alcoholate intermediate/olefine metal species. 
Support comes from the experiments of Kummer and Emmett3 with co-feeding 
of 14C-labeled 1-propanol in which a marked formation of 14C-labeled isobutene 
was observed.

11.5.4  Interpretation of the Promoter Effect of Alkali

Alkalization of iron catalysts causes two different effects. The selectivities of 
1-alkenes are raised and both the growth probability α2 and the fraction f2 are 
markedly increased, as already shown in Figure  11.2. Detailed studies on the 
promoter effect of alkali have revealed the effect on 1-alkene selectivity to satu-
rates at 1 mass% of K2CO3, while the effect on f2 already begins at 0.2 mass% of 
K2CO3.12,13 This difference points to specific active sites in Fischer-Tropsch syn-
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thesis, while subsequent isomerization and hydrogenation of 1-alkenes may occur 
at various other sites on the catalyst.

The mass fraction f2 increases strongly in the order Li-, Na-, K-, and Cs-oxide/
carbonate. However, the increase of the growth probability α2 is the same for all 
alkali promoters. The growth probability α1 and, consequently, mechanism 1 are 
not affected. Therefore, it is necessary to modify only mechanism 2 of the novel 
hypothesis for alkali ions to take part in the catalytic cycle.13

Formally, the proton of a surface Fe-OH group is replaced by an alkali cation 
A+ (Scheme 11.3).

One of the main consequences of this change concerns the branching toward 
the formation of the alcoholate or the release of aldehyde and hydrogenation 
toward the alkyl intermediate formation. Coordination of the alkali cation weak-
ens the O–C bond, favoring the hydrogenolysis of this bond. Correspondingly, it 
reduces the chance of alcoholate formation and aldehyde release. This assumption 
may explain why α2 is only marginally affected by the nature of A (A = Li, Na, 
K, Cs).

For interpretation of the dependence of f2 on the nature of the alkali cation, we 
must consider the effect of hydrolysis expressed by the following equilibrium:
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Scheme 11.3  Modified mechanism 2 on alkalized iron surfaces, A = Li, Na, K, Cs.
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With increasing size of the alkali cation, the left-hand side is favored, lowering 
the chance of Fe-OH hydrogenation. Thereby the number of active centers with 
mechanism 2, and thus f2, is increased. This effect may explain the increasing 
promoter effect on f2 in the order: H <<< Li << Na < K ~ Cs.

11.6  Conclusion

In Fischer-Tropsch synthesis the readsorption and incorporation of 1-alkenes, 
alcohols, and aldehydes and their subsequent chain growth play an important 
role on product distribution. Therefore, it is very useful to study these reactions in 
the presence of co-fed 13C- or 14

 C-labeled compounds in an effort to obtain data 
helpful to elucidate the reaction mechanism. It has been shown that co-feeding of 
CH2N2, which dissociates toward CH2 and N2 on the catalyst surface, has led to 
the sound interpretation that the bimodal carbon number distribution is caused by 
superposition of two incompatible mechanisms. The distribution characterized by 
the lower growth probability is assigned to the CH2 insertion mechanism.

Detailed studies of co-feeding experiments with alcohol and aldehyde, first 
undertaken by Emmett and coworkers, have led to the conclusion that the distri-
bution with the higher growth probability is with high probability due to a mecha-
nism based on CO insertion.

The discussion of all these results and other experimental results on the basis 
of our recently proposed novel mechanism gives a consistent interpretation of this 
highly complicated synthesis.
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12 Modeling of Internal 
Diffusion Limitations 
in a Fischer-
Tropsch Catalyst

Anke Jung, C. Kern, and Andreas Jess

Today, Fischer-Tropsch (FT) synthesis is carried out in diverse reactor designs, 
such as fixed beds, bubble columns, or circulating fluid beds. If a fixed bed mode 
of operation is favored, the Fischer-Tropsch catalyst will generally consist of 
particles of a few millimeters in size in order to minimize the pressure drop. 
Unfortunately, for particle diameters of more than about 1 mm, the effective reac-
tion rate decreases significantly due to pore filling of the catalyst with high molec-
ular weight hydrocarbons formed during synthesis.1 As a result, a limited diffusion 
rate of dissolved hydrogen and carbon monoxide is produced. Furthermore, steam 
is formed that induces strong inhibiting effects on the reaction rate, especially in 
the rear part of a fixed bed reactor.2–5

Taking these effects into account, internal pore diffusion was modeled on the 
basis of a wax-filled cylindrical single catalyst pore by using experimental data. 
The modeling was accomplished by a three-dimensional finite element method 
as well as by a respective differential-algebraic system. Since the Fischer-Tropsch 
synthesis is a rather complex reaction, an evaluation of pore diffusion limitations 
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by the classical Thiele modulus is problematic, as this approach is in general 
limited to simple kinetics such as a power law equation. Hence, the numerically 
obtained solution was compared to data calculated by means of the classical 
Thiele modulus.

12.1  Introduction

Production of synthetic fuels via Fischer-Tropsch (FT) synthesis has the potential 
to produce high-value automotive fuels like gasoline and diesel oil, as well as 
petrochemicals from fossil and renewable resources. The availability of cheap 
natural gas and solid raw materials like coal and biomass has given momentum 
to synthesis technologies already developed in the 1920s. Thus, the worldwide 
Fischer-Tropsch capacities will increase significantly in the near future, with 
natural gas as the favored feedstock for today, and coal and biomass as potential 
feedstocks for the future. Therefore, it is worthwhile to have a closer look at this 
long known but still important and fascinating technology.

The most difficult problem to solve in the design of a Fischer-Tropsch reactor is 
its very high exothermicity combined with a high sensitivity of product selectivity 
to temperature. On an industrial scale, multitubular and bubble column reactors 
have been widely accepted for this highly exothermic reaction.6 In case of a fixed 
bed reactor, it is desirable that the catalyst particles are in the millimeter size 
range to avoid excessive pressure drops. During Fischer-Tropsch synthesis the 
catalyst pores are filled with liquid FT products (mainly waxes) that may result in 
a fundamental decrease of the reaction rate caused by pore diffusion processes. 
Post et al. showed that for catalyst particle diameters in excess of only about 1 
mm, the catalyst activity is seriously limited by intraparticle diffusion in both 
iron and cobalt catalysts.1

Modeling of pore diffusion phenomena can be a helpful tool mainly in terms 
of catalyst design considerations but also in terms of understanding the effects 
caused by diffusional restrictions. For example, a modeling study by Wang et al.7 
demonstrated a negative impact on selectivity by particle diffusion limitations.

12.2  Fundamentals

12.2.1  Reactions in Fischer-Tropsch Synthesis

Fischer-Tropsch synthesis can be regarded as a surface polymerization reaction 
since monomer units are produced from the reagents hydrogen and carbon mon-
oxide in situ on the surface of the catalyst. Hence, a variety of hydrocarbons 
(mainly n-paraffines) are formed from hydrogen and carbon monoxide by succes-
sive addition of C1 units to hydrocarbon chains on the catalyst surface (Equation 
12.1). Additionally, carbon dioxide (Equation 12.3) and steam (Equations 12.1 
and 12.2) are produced; CO2 affects the reaction just a little, whereas H2O shows 
a strong inhibiting effect on the reaction rate when iron catalysts are used.
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	 CO + 2 H2 → (–CH2–) + H2O	 ΔRH0
298 = –152 kJ/mol	 (12.1)

	 CO + 3 H2 → CH4 + H2O	 ΔRH0
298 = –206 kJ/mol	 (12.2)

	 CO + H2O → CO2 + H2	 ΔRH0
298 = –41 kJ/mol	 (12.3)

The model presented in this paper will display the concentration gradients in a 
cylindrical, fully wax-filled pore of the catalyst. For simplification reasons, only 
the reactants CO and H2 as well as the reaction product H2O will be considered. 
CO2 formation is disregarded in the model due to its comparatively low concen-
tration in FT products and because compared to steam, CO2 has no impact on the 
main reaction rate. Methane formation (usually not more than 5% of total CO 
conversion) was also neglected.

12.2.2 � Mass Balance of a Single Cylindrical Pore and 
Diffusive Effects (Classical Thiele Approach)

For a single cylindrical pore of length L and a reactant A diffusing into the pore, 
where a first-order reaction takes place at the pore surface, the power law rate 
expression

	

r
dn

dA
k cA

A

pore
A A= − =


	 (12.4)

is obtained. The rate constant kA (m3 m–2 s–1) is related to the surface of the pore 
Apore (m2). As shown in Figure 12.1, at steady state the mass balance for a small 
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Figure 12.1  Representation of a single cylindrical catalyst pore and mass balance for 
an elementary slice of the pore.



218	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

slice with thickness Δz, cross-sectional area π r2
pore, and mantle area 2π rpore, Δz 

is given by
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	 (12.5)

if Fick’s first law is used for the flux of A into and out of the slice. In this equation, 
DA is the diffusion coefficient in the pore and equals the molecular diffusion coef-
ficient, if the influence of Knudsen diffusion in very narrow pores is negligible 
(which is the case here, as we have diffusion in liquid wax). Rearrangement of 
Equation 12.5 leads to

	
d c

dz D r
cA

A pore
A

2

2
= 2k A 	 (12.6)

The solution of this frequently met linear differential equation for the bound-
ary conditions

	 c c zA A s= =, for (pore entrance, external su0 rrface to bulk phase) 	 (12.7)

and

	
dc

dz
z LA = =0 for (interior end of pore) 	 (12.8)
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where Φ is the Thiele modulus of a single pore:

	 Φ = =L
k

D r
L

k A

D
A

A Pore

A v

A

2 int, 	 (12.10)

Aint,V (m2 m–3) is the internal surface area per volume (2/rpore for a single cylindrical 
pore), and kA (m3 m–2 s–1) is the rate constant related to the surface of the pore.

As a measure of how much the effective rate is lowered by the resistance to 
pore diffusion, the effectiveness factor ηpore is used. This factor is defined as the 
ratio of the actual mean reaction rate within the pore to the maximum rate if not 
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slowed down by pore diffusion. For a first-order reaction, ηpore is also equivalent 
to the ratio of the mean concentration to the one at the pore entrance:
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In case of Fischer-Tropsch synthesis, we have to consider that the first-
order reaction rate constant is related to the concentration in the gas phase 
(e.g., cH2), and that the diffusive flux in the liquid-filled pores is related to the 
concentration in the liquid (cH2,l). Thus, instead of Equation 12.10, we have 
to use
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and if we use Henry’s law c
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Unfortunately, Equation 12.13 is only a rough approximation, as we do not 
have a simple first-order reaction, as discussed in the subsequent section.

12.3 �P ore Diffusion Modeling in 
Fischer-Tropsch Synthesis

12.3.1 B asis of Calculation

In reality, not only the main reaction (the Fischer-Tropsch reaction) leading to the 
formation of higher hydrocarbons (Equation 12.1), but also methane formation 
(Equation 12.2) and the water-gas shift reaction (Equation 12.3) have to be con-
sidered. The rate equations for these three reactions on a commercial Fe-catalyst 
were determined by Popp8 and Raak2 and summarized by Jess et al.9 However, to 
simplify matters, just the Fischer-Tropsch reaction forms the basis of the approach 
presented here:
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with

	 k m kg s em H FT
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	 (12.15)

as the intrinsic mass-related rate constant.
In the special case of an ideal single catalyst pore, we have to take into account 

that diffusion is quicker than in a porous particle, where the tortuous nature of the 
pores has to be considered. Hence, the tortuosity τ has to be regarded. Furthermore, 
the mass-related surface area Am,BET is used to calculate the surface-related rate 
constant based on the experimentally determined mass-related rate constant. 
Finally, the gas phase concentrations of the kinetic approach (Equation 12.14) 
were replaced by the liquid phase concentrations via the Henry coefficient. This 
yields the following differential equation:
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A similar equation was derived for carbon monoxide.
Henry’s law was also used to calculate the H2, CO, and H2O concentrations in 

the liquid Fischer-Tropsch products (wax) at the entrance of the pore (z = 0):
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The molecular diffusivity was evaluated by the Wilke-Chang10 equation:
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with χ as the association parameter, M in kg mol–1, vmol,cp (molar volume of solute 
at the condensation point at 1 bar) in m3 mol–1, and μ in P = Pa s = kg m–1 s–1. The 
applied pore geometry resulted from BET measurements (pore diameter) and an 
approximation of the pore length according to
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	 L
d

pore
particle cyl= ,

4
	 (12.19)

based on dimensions of a commercially used Fischer-Tropsch catalyst.

12.3.2  Modeling

The modeling of the internal pore diffusion of a wax-filled cylindrical single cata-
lyst pore was accomplished by the software Comsol Multiphysics (from Comsol 
AB, Stockholm, Sweden) as well as by Presto Kinetics (from CiT, Rastede, 
Germany). Both are numerical differential equation solvers and are based on a 
three-dimensional finite element method. Presto Kinetics displays the results in 
the form of diagrams. Comsol Multiphysics, instead, provides a three-dimensional 
solution of the problem.

All subsequent considerations are based on the following constant reaction 
conditions:

T = 523 K•	
p = 2 MPa•	
Molar ratio of H•	 2:CO = 2:1

The initial gas phase concentrations, the respective concentrations of the com-
ponents CO, H2, and H2O at the gas-wax phase boundary (for a conversion X = 
XCO ≈ XH2 of 5%), as well as the molecular diffusion coefficients applied in the 
model are listed in Table 12.1.

Assuming that there are only axial and no radial concentration gradients in the 
pore due to the negligible size of the pore diameter, the modeled concentration pro-
files of CO, H2, and H2O in a wax-filled cylindrical pore are given in Figure 12.2 
(left, Presto Kinetics). For verification reasons of the underlying model and to 
obtain a better visual impression of the respective processes in the catalyst pore, 

Table 12.1
Molecular Diffusion Coefficients (at 523 K), Gas Concentrations, and the 
Phase Interface Concentrations of CO, H2, and H2O (assumed reaction 
conditions: conversion X = 5%, 2 MPa, 523 K, H2:CO = 2:1)

DH l2 ,
a

DCO l,
a DH O l2 ,

a cH g2 , cCO g, cH O g2 , cH l2 ,
b cCO l,

b
cH O l2 ,

b

m2/s m2/s m2/s mol/m3 mol/m3 mol/m3 mol/m3 mol/m3 mol/m3

4.2·10–8 2.2·10–8 2.8·10–8 301.4 150.7 7.9 48.2 32.6 15.7

a Calculated by Wilke-Chang (Equation 12.14).
b Liquid phase concentration calculated by Henry’s law (Equation 12.13).
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a second three-dimensional model was calculated by Comsol Multiphysics. As 
an example, the concentration profile for H2 is shown in Figure 12.2 (right). As 
expected, the results of both simulation programs are exactly the same.

With the data obtained it is feasible to determine the actual effectiveness factor 
of the pore ηpore:

	 ηpore
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where the surface concentrations ci,s at the pore mouth are identical to the phase 
boundary concentrations (see Table 12.2 and Figure 12.3).

Hence, for a technical particle size in the range of several millimeters (Lpore = 
6.75·10–4 m → dparticle,cyl = Lpore·4 = 2.7·10–3 m) and a typical reaction temperature 
of 523 K (X = 5% at p = 2 MPa), only 13% of the average pore is really used 
for synthesis, which has to be accepted to limit the pressure loss in fixed bed 
reactors.

The influence of the increasing conversion degree along the catalyst bed on the 
effectiveness factor is illustrated in Table 12.3. The calculations were carried out 
for three different CO conversions X = 5, 40, and 80%.
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Figure 12.2  Concentration profiles of CO, H2, and H2O in a wax-filled pore (Lpore = 
6.75·10–4 m → dparticle,cyl = Lpore·4 = 2.7·10–3 m) modeled with Presto Kinetics (left) and a 
three-dimensional concentration profile of H2 modeled with Comsol Multiphysics (right) 
(conversion X = 5%).
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When having a look at variable conversion degrees, the different gas phase 
concentrations affect the liquid phase concentrations via the solubility equilib-
rium, as shown in Table 12.3.

For a better understanding of the obtained effectiveness factors in Table 12.2, 
the results of the simulation at different conversion degrees (concentrations of 
CO, H2, and H2O in a cylindrical catalyst pore) are depicted in Figure 12.3.

According to Figure 12.3, the increase of the effectiveness factor with rising CO 
conversion (see Table 12.2) is a result of the flattening concentration profiles along 
the catalyst bed (increasing conversion), meaning the CO concentration drops to 
zero further in the inner part of the pore for a low conversion (front part of a fixed 
bed) and increases for a higher conversion (rear part), although the concentration 
in the inner part of the pore is still lower than at the pore mouth. This effect can be 
explained by the high H2O concentration at the gas-liquid boundary layer arising 
at high CO conversions (see Table 12.3). Since H2O inhibits the Fischer-Tropsch 
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Figure 12.3  Concentration profiles of CO, H2, and H2O in a wax-filled pore (Lpore = 
6.75·10–4 m → dparticle,cyl = Lpore·4 = 2.7·10–3 m) at different CO conversion degrees X = 5% 
(left), 40% (middle), and 80% (right) modeled with Presto Kinetics.

Table 12.2
Gas and Liquid Phase Concentrations at the Phase Change

CO 
Conversion

%

cH g2 , cCO g, c H O g2 , c H l2 , cCO l, cH O l2 ,

mol/m3 mol/m3 mol/m3 mol/m3 mol/m3 mol/m3

5 301.4 150.7 7.9 48.2 32.6 15.7

40 250.9 125.4 83.6 40.1 27.2 165.0

80 131.4 65.7 262.8 21.0 14.2 518.5
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reaction, the reaction rate is already lowered at the pore entrance. By reason of 
the limited reaction rate, less H2 and CO are converted, and therefore less H2O is 
formed, which yields a smaller concentration gradient inside the pore.

For comparison reasons, the results derived from the simulation were addi-
tionally calculated by means of the Thiele modulus (Equation 12.12), i.e., for a 
simple first-order reaction. The reaction rate used in the model is more complex 
(see Equation 12.14); thus, the surface-related rate constant kA in Equation 12.12 
is replaced by

	 k
k

c

c

constA
A H FT

H O g

CO g

=
+

≈, ,

,

,

.

2

21 1 6

	 (12.21)

where, to simplify matters, the concentration-dependent denominator is assumed 
to be constant. The effectiveness factor was calculated as follows:

	 η = tanh Φ
Φ

	 (12.22)

The Thiele modulus and the effectiveness factor, respectively, were calculated 
for the three CO conversions X = 5, 40, and 80%. The H2, CO, and H2O gas phase 
concentrations as well as the respective H2 concentration at the gas-wax phase 
boundary were taken from Table 12.3. The value of the diffusion coefficient DH2,l 

is listed in Table 12.1.
The effectiveness factors calculated by the Thiele modulus as well as the find-

ings obtained from the simulation are shown in Table 12.4.
By comparing the values we find that the results are roughly the same, but 

the data obtained from the Thiele modulus exceed the values of the modeling at 

Table 12.3
Effectiveness Factors Calculated with the Simulation 
Program Presto Kinetics (Lpore = 6.75·10–4 m → 
dparticle,cyl = Lpore·4 = 2.7·10–3 m)

CO Conversion 
%

Effectiveness Factor 
Simulated with Presto Kinetics

5 0.13

40 0.16

80 0.29
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all conversion degrees. This effect can be explained as follows. In contrast to the 
Thiele modulus, the simulation software takes into account that the reaction rate 
reaches zero when the CO concentration approaches a lower limit in the pore (see 
Figure 12.3). In contrast, by calculating the Thiele modulus, the reaction of H2 is 
not limited. Figure 12.4 shows the concentration profiles of H2 derived from both 
the modeling (Presto Kinetics) and the Thiele modulus (see Equation 12.9).

In Figure 12.4, we clearly see that the effective reaction rate is smaller in the 
simulation than that calculated by the Thiele modulus, which causes a higher 
effectiveness factor (see also Equations 12.11 and 12.20).

Table 12.4
Comparison of the Effectiveness Factors Modeled with Presto Kinetics 
and Calculated by Means of the Thiele Modulus Lpore = 6.75·10–4 m → 
dparticle,cyl = Lpore·4 = 2.7·10–3 m)

CO 
Conversion

%

Effectiveness  
Factor

Calculated (Thiele)

Effectiveness 
Factor

Simulated (Presto Kinetics)

Absolute 
Deviation

%

Relative 
Error

%

5 0.15 0.13 2 15

40 0.21 0.16 5 29

80 0.39 0.29 10 33
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Thiele modulus: 
cH2

(z) cosh (Φ(1 – z/L)) 
cosh ΦcH2,l
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Figure 12.4  Concentration profiles of H2 in a wax-filled pore (Lpore = 6.75·10–4 m → 
dparticle,cyl = Lpore·4 = 2.7·10–3 m) at a CO conversion of 40% modeled with Presto Kinetics 
and calculated by the Thiele modulus.
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Keeping the concentration ratio of H2O and CO in the simulation model con-
stant (according to the Thiele modulus; see Equation 12.21) leads to equal con-
centration profiles of H2, as shown in Figure  12.4, and consequently to equal 
effectiveness factors for both methods (Thiele modulus and simulation). In fact, 
the concentrations of H2, CO, and H2O change inside the pore, as considered in 
the simulation. Therefore, the results obtained by the software used represent 
reality best.

12.4  Conclusion

The concentration profiles of CO, H2, and H2O in a single cylindrical catalyst pore 
were modeled by two different simulation programs, Presto Kinetics and Comsol 
Multiphysics. Both software showed the same result. For a technical particle size 
in the range of several millimeters (Lpore = 6.75·10–4 m → dparticle,cyl = Lpore·4 = 
2.7·10–3 m) and a typical reaction temperature of 523 K (conversion X = 5% at p 
= 20 bar), only 13% of the average pore is actually used for synthesis. This result 
must be considered in order to minimize the pressure drop and, hence, energy 
loss in fixed bed reactors. With rising conversion along the catalyst bed, the effec-
tiveness factor increases due to the inhibition of the reaction rate by the reaction 
product H2O.

The data derived from modeling at different conversion degrees (X = 5, 40, 
and 80%) were also compared to the results obtained from the calculation of the 
classical Thiele modulus. The calculated (by the Thiele modulus) and modeled 
(by Presto Kinetics) effectiveness factors showed comparable values. Hence, the 
usage of simulation software is not required to get a first impression of the diffu-
sion limitations in a Fischer-Tropsch catalyst pore. Nevertheless, modeling repre-
sents a valuable tool to better understand conditions within a catalyst pore.
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13 Fe-LTFT Selectivity
A Sasol Perspective

Matthys Janse van Vuuren, Johan Huyser, 
Thelma Grobler, and Godfrey Kupi

The use of a Fischer-Tropsch (FT) process to produce long-chain hydrocarbons is 
well known in industry, and achieving the desired selectivity from the FT reac-
tion is crucial for the process to make economic sense. It is, however, well known 
that a one-alpha model does not describe the product spectrum well. From either 
a chemicals or fuels perspective, hydrocarbon selectivity in the FT process needs 
to be thoroughly understood in order to manipulate process conditions and allow 
the optimization of the required product yield to maximize the plant profitability. 
There are many unanswered questions regarding the selectivity of the iron-based 
low-temperature Fischer-Tropsch (Fe-LTFT) synthesis.

In order to manipulate the selectivity of the FT synthesis, there needs to be an 
understanding of the parameters that control the selectivity. Within Sasol there are 
many activities to ensure more accurate measurements, e.g., developments in the two-
dimensional gas chromatography (GC×GC) technique. This discussion will give a 
flavor of what Sasol is doing regarding the understanding of Fe-LTFT selectivity.

13.1  Introduction

The use of an FT process to produce long-chain hydrocarbons is well known in 
industry, and achieving the desired selectivity from the FT reaction is crucial for 
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the process to make economic sense. FT selectivity is discussed in detail else-
where.1 Assuming an ideal polymerization type mechanism, a single parameter 
(namely, the propagation factor referred to as the α-value) can be used to describe 
the carbon number distribution of the product spectrum. A low α-value (<0.7) cor-
responds to a very light product spectrum (typically obtained in the iron-based 
high-temperature Fischer Tropsch (Fe-HTFT) synthesis) and a high α-value (>0.9) 
corresponds to a heavy, waxy product (typically obtained in the Fe- and Co-LTFT 
processes). Figure 13.1 shows the change in the ideal product distribution with the 
change in the α-value. There are, however, numerous examples where the product 
distribution from an Fe- or Co-based FT process cannot be adequately described 
by using a single α-value, and many attempts have been made to modify this 
single alpha model to correctly predict the measured selectivity.2–4

The FT reaction produces 1 mole of water for every mole of CO converted 
to aliphatic products. The water produced by the FT reaction can be consumed 
in the water-gas-shift (WGS) reaction, yielding CO2 and H2. The usage ratio of 
hydrogen to CO (i.e., the rate of hydrogen consumption relative to the rate of 
CO consumption) is about 2 if only alipahtic FT products are considered and 
the WGS reaction does not occur. If all the water formed in the FT reaction 
is consumed by the WGS, then the overall H2/CO usage ratio would be 0.5. 
Compared to cobalt catalysts, the Fe-LTFT catalyst is much more active for the 
WGS reaction, and the resulting usage ratio can be as low as 0.7. Knowledge 
of the actual usage ratio is important, since the hydrogen content in the reactor 
tail gas depends on the hydrogen content in the feed gas and the usage ratio. 
Manipulation of the fresh-feed H2/CO ratio, conversion, recycle ratio, and usage 
ratio allows some degree of control over the syngas ratio to which the catalyst 
is exposed.
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Figure 13.1  Influence of α-value on product distribution.



Fe-LTFT Selectivity	 231

The exit H2/CO ratio in the FT synthesis can be lower or higher than the H2/
CO ratio at the inlet of the reactor, depending on whether the initial H2/CO ratio is 
lower or higher than the usage ratio. Figure 13.2 illustrates this change in the exit 
H2/CO ratio of an FT reactor with an iron catalyst for different conversions when 
the initial H2/CO ratio is below, at, or above the usage ratio of 1.55. Operating off 
the usage ratio will cause a shift in the H2/CO ratio from feed to tail. In a con-
tinuously stirred tank reactor (CSTR), the catalyst is only exposed to the tail H2/
CO ratio, as no gradients exist in such a reactor. However, this is not the case for 
a fixed bed reactor where concentration profiles will exist along the bed length. 
Hydrocarbon selectivity is dependent on the H2/CO ratio (with a higher H2/CO 
ratio generally producing lighter products). Hence, there is a gradient in FT prod-
uct with a gradient in H2/CO ratio. It is thus preferable to either use a CSTR 
reactor or operate a fixed bed reactor in a gradientless regime when selectivity 
measurements are made. For reasons like temperature and conversion gradients 
in fixed bed reactors, caution should be applied when comparing selectivity data 
measured in a slurry bed reactor with data measured in a fixed bed reactor.

Furthermore, it is sometimes questionable to use literature data for modeling 
purposes, as small variations in process parameters, reactor hydrodynamics, and 
analytical equipment limitations could skew selectivity results. To obtain a full 
product spectrum from an FT process, a few analyses need to be added together 
to form a complete picture. This normally involves analysis of the tail gas, water, 
oil, and wax fractions, which need to be combined in the correct ratio (calculated 
from the drainings of the respective phases) to construct a true product spectrum. 
Reducing the number of analyses to completely describe the product spectrum is 
one obvious way to minimize small errors compounding into large variations in 
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the final product spectrum. These are only some of the challenges that need to be 
addressed for the accurate determination of a true product spectrum. It is therefore 
reasonable to state that the use of in-house selectivity data should be preferred for 
the development and testing of selectivity models. All selectivity data reported in 
the following discussions were obtained in a well-mixed laboratory-scale slurry 
reactor with a fresh-feed syngas ratio close to the usage ratio.5

The total product spectrum for a typical precipitated iron catalyst in an 
LTFT process is shown in Figure  13.3. Constructing an Anderson-Schulz-
Flory (ASF) plot from the total product spectrum does not give a straight line 
and can conveniently be separated in two distinct regions, one from C1 to C8 
and another from C20 onward (as shown in Figure 13.4). The light olefins and 
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Figure 13.3  Typical hydrocarbon product distribution of a Fe-LTFT catalyst.
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oxygenates require extensive workup to be sold as valuable chemicals, and the 
light paraffins have a low fuel value that make this section of the product spec-
trum undesirable. Therefore, for fuels production, the C10+ selectivity should 
be optimized, and from the ASF graph it is clear that the products from the α1 
region should be minimized.

From either a chemicals or fuels perspective, hydrocarbon selectivity in the 
FT process is something that needs to be thoroughly understood in order to 
manipulate process conditions and allow the optimization of the required product 
yield to maximize the plant profitability. There are many unanswered questions 
regarding the selectivity of the Fe-LTFT synthesis. These include the selectivity 
of the oxygenates and what can be done to manipulate the oxygenate selectivity. 
Recent studies also showed some good correlation between CO2 selectivity and 
acid selectivity, and highlighted a need for an analytical method for the accurate 
determination of low-level compounds like branched- and straight-chain olefins, 
alcohols, aldehydes, ketones, and acids. The developments in GC×GC as an ana-
lytical tool for the analysis of very complex product streams have paved the way 
to start an investigation into the oxygenate selectivity. Subsequently, Sasol’s effort 
in GC×GC will be discussed to illustrate the power of this analysis method. As 
a conclusion, some interesting relationships between oxygenate selectivity and 
other parameters will be shown.

13.2 �A n Increase in the Accuracy of the 
FT Product Analysis with GC×GC

Figure 13.5 shows the ASF plot for the linear acids, n-alcohols, and total product 
as analyzed with a multidimensional GC. It is clear that the total product shows a 
two-alpha distribution with a break between C8 and C10. Furthermore, α1 for the 
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Figure 13.5  ASF plot for hydrocarbon classes as determined by full analysis of the 
FT product.
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acids and alcohols is similar to that for the total product (see Table 13.1), which 
may suggest that the same mechanism is at play for the production of oxygenates 
and light hydrocarbons.6 If the alcohols are measured up to sufficiently high car-
bon numbers, they also show a bend in the distribution.

Even more detail can be extracted from the GC×GC analysis, as illus-
trated in Figure 13.6. If the branching is compared for different product classes 
(Figure 13.7), it is clear that the acids have a much higher percentage of branch-
ing. This may give us a hint as to what is happening on the catalyst surface where 
the product is made. The detail regarding oxygenate selectivity as presented in 
Figures 13.5 to 13.7 will lead to a more fundamental understanding of the forma-
tion of FT products and, in particular, the mechanism of oxygenate formation.

13.3 � Improvements in the Sampling Method 
for Accurate Alpha Determination

A full product spectrum for the LTFT synthesis as measured in a laboratory 
CSTR is based upon the products collected in the knockout vessels after leaving 
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Figure 13.6  ASF plot of oxygenates as determined by GC×GC.

Table 13.1
α-values for Compound Classes

α1 α2

Total product 0.59 0.93

n-alcohols 0.62 0.82

Linear acids 0.59 —



Fe-LTFT Selectivity	 235

the reactor. Heavy FT products have a low vapor pressure, and therefore a long 
residence time in the reactor. If the products collected are not representative of 
those formed during the sampling period, the product spectrum will not be an 
accurate representation of the catalyst selectivity during the period under investi-
gation.7 Deviations brought about by residence time effects can have a big impact 
on the value of α, so it is crucial to have a realistic and accurate product distribu-
tion in order to calculate true α-values.

One way to get a representative product distribution for a specific period is to 
remove all FT products in the reactor system and replace them with a substance 
that will not influence selectivity determination. The FT reaction is then run for 
a specific period, after which a full analysis can be done that will represent only 
the products produced during that specific period. In Figure 13.8, data are pre-
sented for a run started with the catalyst suspended in a highly paraffinic wax 
(FT H1 wax, C30–C90). After a certain time of synthesis, the FT run was stopped 
and the catalyst placed under inert conditions (argon). The reactor content was 
then displaced with degassed and dried polyalphaolefin oil (Durasyn). After 
restarting the FT synthesis, the total product spectrum was determined (H1 run 
after displacement). It was found that the value of α2 was much lower than before 
the displacement of the H1 wax. In fact, the α2 values were quite comparable to 
those measured when the FT synthesis was started up with Durasyn (compare 
with Durasyn runs 1, 2, and 3). This clearly illustrates the impact that the reac-
tor medium used to start the FT reaction can have on the determination of the 
α-value. The results further show that there was no change in the value of α2 of 
the iron catalyst up to 500 h on-line.
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13.4 �O bserved Correlations between Product 
Selectivities in the Fe-LTFT Synthesis

Although the manipulation of process conditions to optimize certain fractions 
of the product spectrum can significantly increase the economic feasibility of 
LTFT as a fuel-producing technology, another aspect of the selectivity data is 
that a better understanding of the mechanism or catalyst surface can be obtained. 
This will allow certain predictions and further optimizations to be made from 
a more fundamental viewpoint. One such example is the previously published 
correlations between CO2 and acid selectivity for Fe-LTFT catalysts, where the 
potassium levels on the catalysts were varied,8 as illustrated in Figure 13.9. A 
very interesting correlation was also found between the double-bond isomeriza-
tion and the acid selectivity (Figure 13.10). Accurate selectivity data on low-level 
minor products like acids, internal olefins, esters, etc., and correlations like those 
shown in Figures 13.9 and 13.10 opened up a whole new field to investigate inter-
dependent parameters. Questions like the extent to which the CO2 selectivity is 
dependent on the acid selectivity (or vice versa) prompted investigations into co-
feeding of organic acids and led to a novel way to manipulate the CO2 selectivity.9 
From Figure 13.11, it is clear that the CO2 selectivity can be lowered by co-feeding 
carboxylic acids.

To further understand the possible changes occurring on the catalyst, it is 
important to investigate the FT product in more detail. Previous efforts to simulate 
the Fe-LTFT product spectrum mainly focused on the paraffins and olefins in the 
lighter fraction (C1–C10).10 This needs to be expanded to include the heavier frac-
tion, as well as other product classes (such as oxygenates). The possible influence of 
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secondary reactions, e.g., hydrogenation and double-bond isomerization, must also 
be accounted for. At Sasol it has proved useful to focus on the oxygenate fraction in 
order to get a more fundamental understanding of the changes in the catalyst.

13.5 S electivity Changes over Time

There are also changes that occur while the catalyst ages. For instance, it was 
observed that the methane and CO2 selectivities of the Fe-LTFT synthesis increase 
concomitantly with increasing catalyst age, as illustrated in Figure 13.12. From 
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the same run, it was observed that the ratio between oil and wax changes over 
synthesis time (Figure 13.13). It is also clear that the product selectivity did not 
significantly change with a catalyst age beyond 500 h on-line. These variations 
in the product selectivity indicate that there are changes occurring on the cata-
lyst surface. These changes are possibly related to the conversion of carbidic to 
oxidic phases, since it is widely accepted that the Fe-LTFT catalyst oxidizes as 
it ages.11
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13.6  Conclusion

Several decades of FT selectivity research focused mainly on the paraffins and 
olefins, as the available GC techniques were able to give good resolution on these 
compounds. Fortunately, better analysis is now possible with GC×GC, and prog-
ress has been made to accurately analyze low-level oxygenates. In the forego-
ing discussions it has been shown that there is more to FT than just paraffins 
and olefins. Oxygenates, probably formed via the same primary reaction, contain 
information about the selectivity behavior of the catalyst. Accurate quantification 
of oxygenates gives the advantage that different product classes can be compared 
in terms of branching, α-value, etc. Comparison of these different classes will aid 
in developing better mechanistic insight into the FT reaction. There are also very 
interesting correlations between apparently unrelated parameters, especially with 
respect to oxygenates. These relationships will test our fundamental understand-
ing of the FT process, as they must be explained by the mechanisms proposed for 
the reaction.

In terms of industrial application, Figure 13.14 gives a good indication of what 
is required for Fe-LTFT to be really competitive as a diesel process, namely, a low 
gas and high liquid plus wax selectivity. When we understand what factors really 
control the FT product spectrum, we will be in a position to manipulate the FT 
product spectrum as indicated in Figure 13.14.

From the presented data there may be a correlation between the catalyst surface 
and the observed selectivity changes over time. These changes may be explained 
by a two-alpha model, where different products are produced on two different sites. 
Figure 13.15 shows how a product spectrum can be simulated with a change in 
ratio between the amounts of products produced on each of the two assumed types 
of sites. For this simulation the values of α1 and α2 were kept constant and only 
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Figure 13.13  Change of wax to oil ratio as catalyst ages (wax condensation tempera-
ture = 200°C, oil condensation = 25°C).
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the relative contributions were changed. With an increase in the α1 contribution, 
the gas fraction increases with a corresponding decrease in the wax fraction. This 
change could explain the observed changes, as shown in Figures 13.12 and 13.13.

In order to manipulate the selectivity of the FT synthesis, there needs to be 
an understanding of the parameters that control the selectivity. The preceding 
discussion gives a flavor of what Sasol is doing regarding the understanding of 
Fe-LTFT selectivities. There are many activities to ensure more accurate mea-
surements, e.g., developments in the GC×GC technique. There are also attempts 
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to find correlations between apparently unrelated selectivities to get a firmer 
understanding of the observed product spectrum.

References

	 1.	 Van Der Laan, G.P. 1999. Kinetics, selectivity and scale up of the Fischer Tropsch 
process. PhD dissertation, Rijksunivertiteit Groningen.

	 2.	 Donnelly, T.J., Yates, I.C., Satterfield, C.N. 1988. Analysis and prediction of product 
distributions of the Fischer-Tropsch synthesis. Energy & Fuels 2:734.

	 3.	 Schulz, H., Claeys, M. 1999. Kinetic modelling of Fischer-Tropsch product distribu-
tions. Appl. Catal. A 186:91.

	 4.	 Van der Laan, G.P., Beenackers, A.A.C.M. 1999. Hydrocarbon selectivity model 
for the gas-solid Fischer-Tropsch synthesis on precipitated iron catalysts. Ind. Eng. 
Chem. Res. 38:1277.

	 5.	 Govender, N.S., Janse van Vuuren, M., Claeys, M., Van Steen, E. 2006. Importance 
of the usage ratio in iron-based Fischer-Tropsch synthesis with recycle. Ind. Eng. 
Chem. Res. 45:8629.

	 6.	 Janse van Vuuren, M.J., Grobler, T., Bekker, R. 2007. Comprehensive analysis of FT 
product with GCxGC. Paper presented at the NACS 20th North American Meeting, 
Houston, TX, June 17–22.

	 7.	 Shi, B., Davis, B. 2004. Fischer-Tropsch synthesis: Accounting for chain length 
related phenomena. Appl. Catal. A 277:61.

	 8.	 Janse van Vuuren, M.J., Govender, G.N.S., Kotze, R., Masters, G.J., Pete, T.P. 2005. 
The correlation between double bond isomerisation, water-gas-shift and acid produc-
tion during Fischer-Tropsch synthesis. Prepr. Am. Chem. Soc. Div. Pet. Chem. 50:200.

	 9.	 Janse van Vuuren, M.J. 2007. Introduction of an acid in a Fischer-Tropsch process. 
US 20070100004.

	 10.	 Botes, F.G. 2007. Proposal of a new product characterisation model for the iron-
based low-temperature Fischer Tropsch synthesis. Energy & Fuels 21:1379.

	 11.	 Sirimanothan, N., Hamdeh, H.H., Zhang, Y., Davis, B.H. 2002. Fischer-Tropsch syn-
thesis: Changes in phase and activity during use. Catal. Lett. 82:3–4.





243

14 Fischer-Tropsch Synthesis
Comparison of the Effect 
of Co-Fed Water on the 
Catalytic Performance of 
Co Catalysts Supported 
on Wide-Pore and 
Narrow-Pore Alumina

Amitava Sarkar, Gary Jacobs, Peter 
Mukoma, David Glasser, Diane Hildebrandt, 
Neil J. Coville, and Burtron H. Davis

Contents

14.1	 Introduction.............................................................................................. 244
14.2	 Experimental............................................................................................ 247

14.2.1	 Catalyst Preparation...................................................................... 247
14.2.2	 Characterization........................................................................... 248

14.2.2.1	 Surface Area and Pore Size Distribution....................... 248
14.2.2.2	 Temperature-Programmed Reduction........................... 248
14.2.2.3	 H2 Chemisorption by TPD and Percentage 

Reduction by Pulse Reoxidation.................................... 248
14.2.2.4	 X-ray Diffraction........................................................... 249
14.2.2.5	 Reaction System and Procedure.................................... 249

14.3	 Results and Discussions............................................................................ 251
14.3.1	 Characterization........................................................................... 251
14.3.2	 Effect of Water Addition on Catalyst Activity............................. 256
14.3.3	 Effect of Water Addition on Product Selectivity in FTS.............. 261

14.4	 Conclusion................................................................................................ 264
References.......................................................................................................... 265



244	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Catalysts with two different cobalt loadings (12 and 25%) supported on wide-pore 
and narrow-pore alumina (Degussa C-aluminoxide and Condea Vista Catalox 
SBA150 alumina, respectively) were prepared to study the effect of co-fed water 
during Fischer-Tropsch synthesis in a continuously stirred tank reactor (CSTR) 
operated at 220°C, 2.03 MPa, and H2/CO = 2:1. The amount of co-fed water was 
varied between 5 and 30 vol%, while total space velocity of the feed and the par-
tial pressure of H2 and CO in the feed were kept constant during all experiments. 
The average pore diameters of the wide-pore and narrow-pore supports were 22.9 
and 9.5 nm, respectively. In the 12% Co/Degussa C-alumina catalyst, the major 
fraction of cobalt clusters (size 12.2 nm) are believed to be located within the 
pore, while in the 25% Co/Degussa C-alumina (cluster diameter, 19.5 nm), 12% 
Co/SBA150 alumina (cluster diameter, 8.5 nm), and 25% Co/SBA150 alumina 
(cluster diameter, 9.2 nm), the cobalt clusters are thought to be outside the pore 
structure. A negative effect of co-fed water on catalytic activity was observed for 
all four catalysts. However, in the case of 12% Co/Degussa C-alumina catalyst, 
this negative effect was severe and, in particular, irreversible when 25 vol% water 
was added, while for the other three catalysts this effect was either marginal 
(25% Co/Degussa C-alumina) or significant (12 and 25% Co/SBA150 alumina), 
but always reversible even when up to 30% water was added. The CO2 selectivity 
of all four catalysts was found to increase with the addition of water, suggesting 
the participation of the water-gas shift reaction in parallel with Fischer-Tropsch 
synthesis. The calculated C5+ selectivity of catalysts with 25% cobalt loading (for 
both wide-pore and narrow-pore supports) increased with co-fed water, while 
the CH4 selectivity decreased. The differences in catalytic performance can be 
explained in terms of relative sizes of cobalt clusters, differences in pore volumes 
and pore networks of supports, location of cobalt clusters within pore networks 
(i.e., within the pore or outside the pore), and relatively higher residence time of 
water vapor within the pore, compared to the outside of the pores.

14.1  Introduction

Supported cobalt catalysts may be preferable for production of premium middle 
distillate, a wide variety of hydrocarbon and oxygenates produced by slurry phase 
Fischer-Tropsch synthesis (FTS) utilizing a syngas with high H2/CO ratio, such as 
derived from natural gas. This is mainly due to their low selectivity for the water-
gas shift reaction, good catalytic activity, high selectivity toward high molecular 
weight hydrocarbons, and high attrition resistance, particularly for alumina-sup-
ported cobalt catalysts in slurry phase operation.

Various materials, such as SiO2, TiO2, and Al2O3, have been used as support 
for the preparation of these catalysts. It has been found that the support has a sig-
nificant influence on the reducibility of the cobalt species, catalytic activity, and 
product selectivities.1 The pore characteristics of the support have a significant 
effect on the cobalt crystallite size in the catalyst after impregnation and calcina-
tion. In some cases, the support interacts strongly with the active phase, leaving a 
fraction of cobalt chemically inactive after reduction. In the case of supports with 
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a weak interaction with cobalt (e.g., silica), cobalt oxide produces large cobalt 
clusters after standard reduction (at 623 K with hydrogen), while in the case of 
supports like TiO2 and Al2O3, much smaller clusters with a smaller fraction of 
cobalt being reduced are observed.2 The higher reducibility of wide-pore silica-
supported catalysts than of narrow-pore silica-supported cobalt catalysts was 
explained by the fact that larger particles (in wide pores) are expected to behave 
more like bulk Co3O4 with respect to their reducibility than smaller particles.3–5 
It was reported that the ease of reduction decreases from larger (20–70 nm) to 
smaller (6 nm) silica-supported Co3O4 particles.6 On the contrary, a negative cor-
relation between the support pore size, Co3O4 particle size, and degree of reduc-
tion was observed for Co/ γ − Al2O3 catalysts.7 It has been reported that in Co/
Al2O3 catalysts, there is a strong interaction between the support and the cobalt 
oxide phase.8 Therefore, the catalytic activity and product selectivity for FTS are 
influenced by the surface properties of the Al2O3 support and the nature of the 
species formed in the calcined and reduced catalyst.

The use of cobalt-based catalysts in Fischer-Tropsch synthesis on a commercial 
basis requires that the catalysts withstand long-term use at high CO conversion lev-
els. In FTS with cobalt catalysts, water is produced at a significant rate, which may 
in turn influence the syngas conversion rate, product selectivity, and rate of catalyst 
deactivation. The rate of catalyst deactivation also depends on the type of reactor 
employed. With fixed bed reactors, high partial pressure of water at the reactor exit 
is generally observed. Ideally, in continuously stirred tank reactors (CSTRs), a uni-
form water concentration and temperature profile exists throughout the entire reac-
tor as a result of extensive back-mixing. High CO conversion is feasible in a CSTR 
slurry system due to efficient control of the reaction exotherm.9 High CO conversion 
also results in a high concentration of water in the reaction environment. In spite of 
many studies that have been conducted regarding the effect of water on the activity 
of cobalt-based FTS catalysts, there has been little consensus in the findings. The 
impact of water on the performance of cobalt catalysts can be traced to the com-
position, support, preparation procedure, and pretreatment. The effect of water on 
cobalt catalysts has been reported to be negligible,10–14 negative,15–17 or even posi-
tive,18,19 depending on the nature of the support. This is probably due to different 
support materials, promoters, cobalt precursors, and preparation methods that are 
used by various researchers.20–22 The oxidation of cobalt metal to cobalt oxide or 
cobalt aluminate (in alumina-supported catalysts) by the product water has long 
been postulated to be a significant cause of deactivation in supported Co catalysts.23 
From the study on the formation of metal-alumina spinel at high temperatures using 
a model system consisting of thin metal films of Fe, Ni, Co, and Cu evaporated onto 
flat polycrystalline α − alumina, Bolt24 reported that water increased the rate of 
metal-aluminate formation, and the reaction rate for aluminate formation increased 
in the order: Fe < Ni < Co < Cu. Generally, the extent of deactivation depends on 
the water partial pressure in the reactor. Low water partial pressures are associ-
ated with temporary catalytic activity loss, and high water partial pressures are 
associated with more permanent loss of the catalyst activity. It was proposed that 
conditions that favor the formation of low valence ions also favor spinel formation. 
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γ–Alumina was found to have a much higher reactivity than α–alumina, which may 
be due to the higher mobility of Co and Al ions along the grain boundaries and 
surfaces of the internal pores of the γ–Al2O3 support in the presence of steam, and 
the similarity in structure with the cobalt aluminate product.

From an analysis of the results of water co-feeding experiments in a fixed 
bed reactor and utilizing thermogravimetric analysis (TGA) and x-ray photoelec-
tron spectroscopy (XPS) techniques, Schanke et al.25–27 suggested the oxidation 
of cobalt species to cobalt oxide was the main reason for catalyst deactivation, 
and that the extent of reoxidation depends on the partial pressure of water and the 
H2O/H2 ratio. Similar studies by Hilmen et al.16,28,29 concluded that surface oxida-
tion of small cobalt crystallites was responsible for catalyst deactivation during 
FTS. The effect of water during FTS on the number of active sites on a Co/Al2O3 
and Co/Re/Al2O3 catalyst using steady-state isotopic transient kinetic analysis 
(SSITKA) was studied by Rothaemel et al.30 Co-feeding of water was found to 
decrease the number of active sites during FTS, which was assigned to the surface 
oxidation of the metallic cobalt during water treatment. It was concluded that the 
catalyst surface available for methane formation and reversible CO adsorption 
decreased after water addition.

A number of studies at the University of Kentucky Center for Applied Energy 
Research (CAER) focused on testing the stability of low loaded (~15% Co) cobalt 
catalysts, whereby a reduction promoter was used to facilitate reduction of smaller 
cobalt oxide species interacting strongly with the support. Jacobs et al.31,32 ana-
lyzed wax-coated used Ru–promoted 15% Co/Al2O3 catalysts collected during 
FTS by x-ray absorption near-edge spectroscopy (XANES) and found oxidation 
of a fraction of the cobalt in spent catalysts. It was concluded that small cobalt 
crystallites oxidized during FTS to Co3O4 or cobalt aluminate. It was also reported 
that a clear differentiation between the two cobalt phases was not possible using 
this technique. It was postulated that the fraction that did oxidize was most likely 
the small cobalt clusters. Slight oxidation of a fraction of Co was also observed 
by Das et al.33 for a Re-promoted 15% Co/Al2O3 catalyst tested at 220°C, H2/CO 
= 2, P = 20 bar. Deactivation was also accompanied by growth of the peak for 
Co–Co metal coordination in EXAFS as a function of time on stream, suggesting 
sintering. The influence of co-fed water on the deactivation of Pt-promoted 15% 
Co/Al2O3 catalysts during FTS (210 °C, 29 bar, H2/CO = 2) was reported by Li et 
al.20 A reversible effect of water was observed at low amounts in the reactor (about 
P P 0.5H O H2 2

< ). However, an irreversible deactivation of the Pt-promoted 15% 
Co/Al2O3 catalyst along with an increase in the CO2 selectivity was observed with 
a P P 0.6H O H2 2

ratio of  in the reactor. It was suggested that the catalyst underwent 
oxidation to cobalt oxide or cobalt aluminate.

In a similar fashion, from analysis of results of water co-feeding experiments 
with the Pt-promoted 15% Co/Al2O3 catalyst (~5.6 nm cluster size), Jacobs et al.34 
concluded that, at P P 0.6H O H2 2

<  in the reactor, a negative but reversible kinetic 
effect takes place with no changes in the cobalt structure as observed with XANES. 
However, when a higher P PH O H2 2

ratio in the reactor was used ( P PH O H2 2
> 0.6), 
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irreversible deactivation of the catalyst took place. XANES analyses revealed that 
cobalt oxidation took place, including cobalt aluminate formation. In another study, 
Jacobs et al.21 reported the oxidation behavior of unpromoted alumina-supported 
cobalt catalysts, containing 15 and 25 wt% cobalt, using water co-feeding during 
FTS. It was found that the 25 wt% Co/Al2O3 (~11.8 nm cobalt cluster diameter) 
catalyst did not significantly deactivate irreversibly under the following conditions: 
210°C, Ptot = 20 bar, PH O2

 = 7.7 bar, PH2
= 6.2 bar. At 30% volume % added H2O, 

XANES analysis confirmed that a fraction of cobalt oxidized to CoO and a drop in 
CO conversion took place; however, when the H2O was switched off, the catalyst 
recovered. The 15 wt% Co/Al2O3 catalyst showed irreversible deactivation during 
FTS (conditions: 220°C, Ptot = 19.7 bar, PH O2

 = 7.4 bar, PH2
= 8.1 bar), which was 

explained by cobalt oxidation and the subsequent formation of cobalt-aluminate, as 
observed by XANES analyses. The results are consistent with Sasol’s view that high 
loadings of cobalt are important for stabilizing against support-influenced reoxida-
tion phenomena. Catalysts with a larger average cluster size are more robust.

It is evident that the pore structure of the support, the cobalt loading of the 
catalyst, and the P PH O H2 2

 ratio during FTS significantly affect the catalyst per-
formance and deactivation rate. The objective of the present research is to ascer-
tain the effect of water on the performance of catalysts with two different cobalt 
loadings (i.e., 12 and 25%) supported on wide-pore and narrow-pore alumina (i.e., 
Degussa C-aluminoxide and Condea Vista Catalox SBA150, respectively). It is 
expected that the cobalt clusters will be situated within the pore in the case of the 
wide-pore support, while in the case of the narrow-pore support a higher fraction 
of the cobalt clusters will likely be outside the pore. The amount of co-fed water 
was varied to obtain a wide variation in P PH O H2 2

 ratio. The activity and prod-
uct selectivity of these catalysts can be compared, and the effect of water will be 
studied in an attempt to explain it.

14.2 E xperimental

14.2.1  Catalyst Preparation

A narrow-pore γ-Al2O3 (Condea Vista Catalox SBA150, high purity) and a wide-
pore γ-Al2O3 (Degussa C-aluminoxide, high purity) were used as the supports 
for catalyst preparation. The Degussa C-aluminoxide support is a narrow particle 
size material with a high surface area. When wetted with water to the incipient 
wetness point, dried in air at 375 K for 24 h, and calcined at 623 K for 5 h, the 
material is transformed. The particles agglomerate into clusters, and this results 
in a sponge-like structure characterized by cavities with an average diameter 
of 25.5 nm. The catalysts were prepared by a slurry impregnation method, and 
cobalt nitrate was used as the cobalt precursor. Two catalysts were prepared from 
each support with two different cobalt loadings: 12 and 25%.

In the slurry impregnation method, which adheres in part to a patented proce-
dure,35 the ratio of the volume of loading solution used to the weight of alumina 
was 1:1, such that approximately 2.5 times the pore volume of solution was used 



248	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

to prepare the catalyst. Multiple impregnations were required to achieve the final 
loading of the catalyst. Between two impregnation steps, the catalyst was dried 
under vacuum in a rotary evaporator at 333 K and the temperature was slowly 
increased to 373 K. After the final impregnation/drying step, the catalyst was 
calcined at 623 K.

14.2.2  Characterization

Structural characterization of the prepared Co/alumina catalysts was studied by 
using the following techniques: Brunauer-Emmett-Teller (BET), temperature-pro-
grammed reduction (TPR), H2 chemisorption by temperature-programmed des-
orption (TPD) with O2 pulse reoxidation, and powder x-ray diffraction (XRD).

14.2.2.1  Surface Area and Pore Size Distribution
The surface area was calculated using the BET equation,36 while the total pore 
volume and the average pore size were calculated from the nitrogen desorption 
branch applying the Barrett-Joyner-Halenda (BJH) method.37 BET and BJH 
adsorption measurements were carried out with a Micromeritics Tri-Star system 
on both the supports and the calcined catalysts. Prior to measurements, the sam-
ples were evacuated at 433 K to approximately 50 mTorr for 4 h.

14.2.2.2  Temperature-Programmed Reduction
TPR profiles of calcined catalysts were recorded using a Zeton-Altamira AMI-
200 unit, which employs a thermal conductivity detector (TCD). Calcined samples 
were first purged at 623 K in flowing Ar to remove traces of water. A liquid nitro-
gen trap was used to prevent water generated by reduction from interfering with 
the TCD signal. TPR was performed using a 10% H2/Ar mixture at a flow rate of 
30 cm3/min, using Ar as the reference to maximize the signal-to-noise ratio. The 
sample was heated from 323 to 1,300 K using a heating ramp of 10 K/min.

14.2.2.3 � H2 Chemisorption by TPD and Percentage 
Reduction by Pulse Reoxidation

Hydrogen chemisorption was conducted using temperature-programmed desorp-
tion, also measured with the Zeton-Altamira AMI-200 instrument. The sample 
weight was 0.22 g. Catalysts were activated in a flow of 10 cm3/min of H2 mixed 
with 20 cm3/min of Ar at 623 K for 10 h, and then cooled under flowing H2 to 373 
K. The sample was held at 373 K under flowing argon to remove weakly bound spe-
cies prior to increasing the temperature slowly to 623 K, the reduction temperature 
of the catalyst. The catalyst was held under flowing Ar to desorb any remaining 
chemisorbed hydrogen until the TCD signal returned to baseline. The TPD spec-
trum was integrated and the number of moles of desorbed hydrogen determined 
by comparing its area to the areas of calibrated hydrogen pulses. The loop volume 
was first determined by establishing a calibration curve with syringe injections of 
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nitrogen in helium flow. Dispersion calculations were based on the assumption of a 
1:1 H:Co stoichiometric ratio and a spherical cobalt cluster morphology.

In estimating the cluster size from hydrogen chemisorption measurements, as 
reported in the literature,38 it is necessary to estimate the fraction of cobalt existing 
in the metallic phase. Therefore, after TPD of hydrogen, the sample was reoxidized 
at 623 K using pulses of oxygen in a helium carrier. The percentage of reduction 
was calculated by assuming that the metal reoxidized to Co3O4. Further details of 
the procedure are provided elsewhere.2,38 In summary, the volume component of 
the calculated dispersion is corrected by the percentage reduction, as follows:

	
D (%)

number of Co atoms on surfac
corr

0

= ee

total number of Co atoms
X 100

0

	

D (%)
number of Co atoms on surf

corr

0

= aace X 100

(total number of Co atoms in samplle) (fraction reduced)

Geometrical arguments are used only for the reduced metal to obtain an 
estimate of cluster size. This is equivalent to the assumption that the unreduced 
cobalt is interacting with the support or is present as a cobalt aluminate species. 
Despite the inherent assumptions of the method, the resulting cluster size much 
more closely approximates the true cluster size in comparison with reported data 
that erroneously assume that the cobalt is 100% reduced (i.e., excludes the reoxi-
dation step).

14.2.2.4	 X -ray Diffraction
Powder x-ray diffraction patterns for calcined catalysts were recorded at room 
temperature using a Philips X’Pert Diffractometer and CuKα radiation ( λ  = 1.54 
Å). The scans were recorded in the 2θ  range between 10° and 90° using a step 
size of 0.04°. Long scans were made over the intense peak at 2θ  of 36.8° so that 
estimates of Co3O4 cluster size could be assessed from line-broadening analysis. 
The Co3O4 particle size was converted to the corresponding cobalt metal particle 
size according to the relative molar volumes of metallic cobalt and Co3O4 with 
a resulting contraction factor of 0.75 for conversion from the oxide to metallic 
phase.32

14.2.2.5  Reaction System and Procedure
The FTS experiments were conducted in a 1 L CSTR equipped with a magneti-
cally driven stirrer with turbine impeller, a gas inlet line, and a vapor outlet line 
with an stainless steel (SS) fritted filter (7.0 microns) placed external to the reac-
tor. A tube fitted with an SS fritted filter (2.0 micron opening) extends below 
the liquid level of the reactor for withdrawing reactor wax to maintain a nearly 
constant liquid level in the reactor. Another SS dip tube (1/8 inch OD) extends to 
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the bottom of the reactor, and this could be used to withdraw catalyst/wax slurry 
samples from the reactor at different synthesis times. Separate mass flow control-
lers were used to control the flow of hydrogen and carbon monoxide at the desired 
rate. The gases were premixed in a vessel before entering the reactor. Carbon 
monoxide was passed through a vessel containing lead oxide–alumina to remove 
traces of iron carbonyl. The mixed gases entered the CSTR below the stirrer oper-
ated at 750 rpm. The reactor slurry temperature was maintained constant ( ± 1°C) 
by a temperature controller.

Prior to loading into the CSTR, the calcined catalyst (ca. 15 g, powdered form) 
was reduced ex situ in a fixed bed reactor at 623 K for 10 h in hydrogen at a flow 
rate of 1 L/min. The reactor temperature was increased from room temperature to 
373 K at the rate of 2 K/min and held at 373 K for 1 h; then the temperature was 
increased to 623 K at a rate of 1 K/min and kept at 623 K for 10 h. The catalyst 
was then transferred pneumatically under the protection of helium to the CSTR, 
which contained 310 g of melted Polywax-3000 (polyethylene fraction with an 
average molecular weight of 3,000). To facilitate the transfer, the fixed bed reactor 
was connected to the CSTR using a transfer tube fitted with a ball valve. The fixed 
bed reactor was pressurized with argon, forcing the catalyst powder out of the 
reactor through the valve. The reactor was weighed before and after the transfer 
of the catalyst to ensure that all the catalyst powder was transferred to the CSTR. 
The catalyst was then reduced in situ with hydrogen at a flow rate of 60 SL/h at 
atmospheric pressure. With the temperature controller programmed in a ramp/
soak mode, the reactor temperature was ramped up to 553 K at a rate of 2 K/min 
and held at 553 K for 24 h.

After the activation period, the reactor temperature was decreased to 453 K, 
synthesis gas (H2:CO = 2:1) was introduced to the reactor, and the pressure was 
increased to 2.03 MPa (20.7 atm). The reactor temperature was increased to 493 
K at a rate of 1 K/min, and the space velocity was maintained at 5 SL/h/gcat. The 
reaction products were continuously removed from the vapor space of the reactor 
and passed through two traps, a warm trap maintained at 373 K and a cold trap 
held at 273 K. The uncondensed vapor stream was reduced to atmospheric pres-
sure through a letdown valve. The gas flow was measured using a wet test meter 
and analyzed by an online GC. The accumulated reactor liquid products were 
removed every 24 h by passing through a 2 µm sintered metal filter located below 
the liquid level in the CSTR. The conversions of CO and H2  were obtained by 
gas chromatography (GC) analysis (micro-GC equipped with thermal conductiv-
ity detectors) of the reactor exit gas mixture. The reaction products were collected 
in three traps maintained at different temperatures: a hot trap (200°C), a warm 
trap (100°C), and a cold trap (0°C). The products were separated into different 
fractions (rewax, wax, oil, and aqueous) for quantification. However, the oil and 
wax fractions were mixed prior to GC analysis.

In all experiments, the pressures of CO plus H2 in the feed were kept constant 
at 70% of the total pressure, while argon was used to make up the balance before, 
during, and after H2O addition experiments. When water was added, a fraction 
of the argon was replaced by water. The amount of water added was calculated 
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based on the amount of argon to be replaced, thus ensuring that the sum of the 
water and argon partial pressures remained at 30% of the total pressure. Hence, 
the sum of partial pressure of water vapor added plus argon partial pressure was 
always 0.878 MPa (8.67 atm). Water addition was done using a high-precision, 
high-pressure ISCO syringe pump. The added water, together with the water pro-
duced by the reaction, was collected in the warm and cold traps and the fractions 
were combined to ensure an accurate water balance.

14.3 R esults and Discussions

14.3.1  Characterization

To determine any structure modification to the Degussa C-aluminoxide sup-
port during wet impregnation and calcinations, adsorption/desorption isotherms 
obtained before and after modifications were compared. The results as presented 
in Figure 14.1 are in agreement with our previous results.39 It is found that the 
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as-received Degussa C-aluminoxide yields a type II BET adsorption isotherm. 
The wetted/dried/calcined Degussa C-alumina, on the other hand, yields a type 
IV adsorption isotherm, indicating the filling of a limited porous structure. The 
average pore volume of the modified Degussa C-aluminoxide is almost twice that 
of the as-received material. The BET surface area, BJH pore volume, and average 
pore radius for both supports and all four catalysts are presented in Table 14.1.

Cobalt catalysts supported on alumina may have limited reducibility due to 
a strong interaction between the support and cobalt oxides. Calcined Co/Al2O3 
catalysts have a complicated composition on the surface of the support, and this 
has been suggested to be a mixture of Co3O4 and cobalt support complexes (e.g., 
cobalt aluminates).40 Unlike bulk Co3O4, which gives a sharp TPR profile centered 
below 673 K, broad profiles typical of Co/Al2O3 Fischer-Tropsch catalysts, con-
sisting of a relatively sharp peak centered about 600 K and a broad peak centered 

Table 14.1
BET Surface Area, Pore Volume, and Average Pore 
Diameter of the Supports and Catalysts after Calcination at 
623 K

Catalyst Description

Measured 
BET SA 
(m2/g)

BJH Des. 
Pore Vol. 
(cm3/g)

BJH Des. Ave. 
Pore Diameter 

(nm)

Condea Vista γ-Al2O3 
  Catalox SBA150 
  Narrow pore

149 0.50 9.5

Degussa C γ-Al2O3  

Dried, calcined

103 0.34 14.0

Degussa C γ-Al2O3 

  Wetted, dried, calcined 
  Wide pore

117 0.80 22.9

12% Co/γ-Al2O3 Catalox
  SBA150 Slurry impregnation 
  Narrow pore

127 0.37 9.3

12% Co/γ-Al2O3

  Degussa C γ-Al2O3

  Wetted, dried, calcined
  Wide pore

89.1 0.48 18.6

25% Co/γ-Al2O3 Catalox
  SBA150 Slurry 
  impregnatio
  Narrow pore

103 0.26 8.7

25% Co/γ-Al2O3

  Degussa C γ-Al2O3

  Wetted, dried, calcined
  Wide pore

76.8 0.36 16.8
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about 850–950 K, are observed for all four catalysts, as presented in Figure 14.2. 
A number of explanations have been given to explain the broad profile of Co/
Al2O3 catalysts.21 Some favor the idea that atoms of the support are present in the 
cobalt oxide clusters themselves, yielding a broad reduction profile for a surface 
overlayer containing, in part, Co2+ and Co3+ ions; other explanations favor the idea 
that the small cobalt oxide clusters exhibit varying degrees of surface interac-
tion with the support, and this hinders their reduction to different degrees. One 
may consider the two peaks of the profile to reflect a two-step reduction process 
passing through CoO as the intermediate: Co3O4 → 3CoO → 3Coo. In such a sce-
nario, it is the CoO that is most sensitive to the surface interaction, and the strong 
interactions with the support can stabilize the cobalt oxide phase. This view has 
been confirmed by recent TPR EXAFS/XANES investigations.41,42 In the case 
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impregnation method.
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of Degussa C-alumina-supported catalyst, the lower loaded 12% Co catalyst dis-
plays a higher fraction of species interacting strongly with the support than the 
25% Co catalyst, as can be observed by the presence of a higher shoulder at about 
1,100 K. The reduction temperature maxima for the 12% Co catalyst supported 
on SBA150 alumina is found to be lower than the 12% Co catalyst supported 
on Degussa C-alumina, suggesting a lower temperature reduction of the cobalt 
species present in the narrow-pore network for lower Co loading. However, for 
the 25% Co catalyst, the reduction temperature maxima are similar for both the 
Degussa C-alumina- and the SBA150 alumina-supported catalyst. The high-tem-
perature shoulder at about 1,100 K found in the case of the 12% Co loading was 
not observed at 25% Co loading.

To calculate the cluster size and the degree of reduction by chemisorption, 
a method in which the amount of oxygen consumed by the metallic component 
during reoxidization following the reduction procedure has been employed to 
estimate the metallic fraction of cobalt that is present.2 The extent of reduction 
term, calculated from the O2 uptake measurement, is included in the denominator 
of the dispersion equation so that an accurate estimate of the true Coº disper-
sion, and therefore, the average cobalt diameter, can be obtained. Results hydro-
gen chemisorption, pulse reoxidation for the Co/Al2O3 catalysts are presented 
in Table 14.2 along with the corrected average diameter for the cobalt clusters. 
Although the TPR profile of 12% Co/SBA150 alumina catalyst indicated an easy 
reduction of cobalt species compared to the 12% Co/Degussa C-alumina catalyst, 
results of H2 chemisorption by TPD of H2 and pulse reoxidation study clearly 
suggest that percentages of reduction of cobalt species are much higher for wide-
pore supported catalysts than the narrow-pore supported catalysts for a similar 
cobalt loading (Table 14.2). However, it is found that the percent dispersion of the 
cobalt crystallites is higher for the narrow-pore supported catalysts than for the 
wide-pore supported catalysts at corresponding cobalt loading (Table 14.2). The 
higher reducibility of the wide-pore supported catalysts than of the narrow-pore 
supported catalyst may be explained by the fact that larger particles (in wide 
pores) are expected to behave more like bulk Co3O4, and the reduction decreases 
in going from the larger to smaller Co3O4 particles.6

Powder XRD patterns of the calcined catalyst were utilized to estimate the 
cluster size of the cobalt crystallites based on a contraction factor. For ease of 
comparison of cobalt cluster diameter calculated from XRD measurement and 
H2 TPD/pulse reoxidation, the results from the above two methods are presented 
in Table 14.3. It can be seen that results calculated from the data for the above 
two measurements are in close agreement after considering the percentage reduc-
tion. The average diameter of the cobalt cluster for the 25% Co/Degussa C-Al2O3 
catalyst is almost double that of the 12% metal-loaded catalyst. It can be assumed, 
therefore, that for the 12% Co/Degussa C-Al2O3 catalyst, nearly all of the cobalt 
metal particles can be present within the pores of the support since the aver-
age pore diameter of the support, 22.9 nm, is almost twice as large as the aver-
age cobalt cluster size, 12.2 nm. However, for the 25% Co/Degussa C-alumina 
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catalyst, a major fraction of cobalt clusters can be assumed to be located near the 
pore entrance or external to the pore.

14.3.2  Effect of Water Addition on Catalyst Activity

Experiments were performed with the four catalysts (mentioned in Tables 14.1 
and 14.2) with co-fed water to determine the effect of water on the activity and 
selectivity for FTS. The amount of co-fed water was varied between 5 and 30 
vol% in different experiments by replacing corresponding amounts of argon to 
maintain constant syngas partial pressure and space velocity. The partial pres-
sures of the inlet H2 and CO were kept constant during the experiments. After 
each period of water addition, the reaction conditions were adjusted by stopping 
the water flow and adding the required amount of argon so as to obtain flow 
conditions similar to those obtained before water addition (i.e., constant space 
velocity of feed stream).

The variation in CO conversion during FTS with co-fed water for the 12% Co/
Degussa C-alumina catalyst is shown in Figure 14.3, while for 25% Co/Degussa 
C-alumina catalyst, the CO conversion profile is presented in Figure 14.4. It is 
evident from Figure 14.3 that with the addition of water along with syngas, the 
catalytic activity decreases, but the effect is reversible in the 5 to 20 vol% water 
addition range. The catalyst activity was found to recover once the water addi-
tion was terminated. The magnitude of conversion decline with time on stream 

Table 14.3
Results of XRD in Comparison with H2 TPD/Reoxidation Data and 
Average Pore Size and Coo Cluster Size

Catalyst

Co3O4 Cluster 
Size (nm) from 

XRD

Calculated Coo 
Cluster Size 

(nm)

Coo Cluster 
Size from H2 
TPD/Reoxid.

Support Ave. 
Pore Diameter 

(nm)

12% Co/γ-Al2O3 

(Catalox 
SBA150)
(Narrow pore)

11.2 8.4 8.5 9.5

12% Co/γ-Al2O3 

(Degussa C)
(Wide pore)

13.3 10.0 12.2 22.9

25% Co/γ-Al2O3 
(Catalox 
SBA150)
(Narrow pore)

14.4 10.8 9.2 9.5

25% Co/γ-Al2O3 

(Degussa C)
(Wide pore)

23.2 17.4 19.5 22.9
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(0.543% per day) suggests that the catalyst was not impacted irreversibly by the 
brief operating periods with additional water present. The temporary decline in 
CO conversion with the addition of co-fed water may be due to the kinetic effect 
of water by adsorption inhibition, which may be due in part to reversible oxida-
tion. Most kinetic rate equations for cobalt-catalyzed Fischer-Tropsch synthesis 
do not include the influence of water.43 However, when 25 vol% water was added, 
a severe and irreversible loss in the catalytic activity was observed. The CO con-
version decreased from 11.77% to 0.68% with the addition of 25 vol% water. More 
importantly, the catalyst activity was not recovered to the expected value after 
the water addition was terminated, indicating that the catalyst had deactivated 
permanently. In the case of 25% Co/Degussa C-alumina catalyst (Figure 14.4), 
the rate of decline of CO conversion was higher (i.e., 2.54% per day) than that for 
the 12% Co/Degussa C-alumina. However, the addition of up to 30 vol% co-fed 
water did not show any significant additional effect.

It is proposed that in FTS with cobalt catalysts, water does not participate in 
the FT reaction, and minor reactions, such as water-gas shift, can be ignored. 
Hence, the water effect is normally not considered in the FT reaction kinetics 
with cobalt catalysts. In addition, kinetic studies that are performed at low CO 
conversions do not allow the true determination of the water effect since the water 
partial pressures in the reactor are low. It is commonly believed that the water 
effect is related to reoxidation of the cobalt catalysts, which leads to an activity 
loss for FT reaction, while the presence of hydrogen or CO (i.e., reducing envi-
ronment) prevents the catalyst from oxidation when the water partial pressure is 
not too high to cause permanent deactivation. Therefore, it is conceivable that the 
water effect is such that the amount of catalyst active sites available for FT reac-
tion changes with the partial pressures of water and hydrogen. Three possibili-
ties for the deactivation of cobalt Fischer-Tropsch catalyst have been advanced: 
surface condensation,44 sulfur poisoning,45 and oxidation.16,17 Thermodynamic 
calculations indicate that the oxidation of bulk phase metallic cobalt to either 
CoO or Co3O4 is unlikely,17 particularly under the FTS conditions used in the 
present study. However, previous investigators16,21,25,39 have found that irreversible 
deactivation of cobalt catalysts in Fischer-Tropsch synthesis may be a result of an 
oxidative process caused by the presence of a high partial pressure of water, and 
is often attributed to cobalt-support complex formation. However, oxidation of Co 
to CoAl2O4 is often considered to be kinetically restricted during typical Fischer-
Tropsch synthesis conditions.46 The higher resistance of the 25% Co/Degussa 
C-alumina catalyst toward deactivation upon addition of co-fed water may be 
due to the higher cobalt loading of the catalyst. Another possibility for higher 
resistance to water may be related to the difference in the relative size of cobalt 
clusters and their location within the pore network of the wide-pore support. The 
average pore diameter of Degussa C-alumina support is 22.9 nm, while the diam-
eters of cobalt clusters for catalysts with 12 and 25% metal loading are 12.2 and 
19.5 nm, respectively (Table 14.3). Hence, most of the cobalt clusters in 12% Co/
Degussa C-alumina catalyst are probably located within the pore, while for 25% 
Co/Degussa C-alumina catalyst a major fraction of cobalt clusters is expected to 
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be situated outside the pore. The residence time of water vapor within the pore 
is higher than the corresponding residence time at the catalyst surface. Thus, the 
exposure time of cobalt clusters to water vapor is higher for the 12% Co/Degussa 
C-alumina catalyst than for the 25% Co/Degussa C-alumina catalyst, which in 
turn can result in significant deactivation of the catalyst with co-fed water or even 
cause permanent deactivation.

The change in the catalytic activity for CO conversion during FTS with co-fed 
water for the 12% Co/SBA150 alumina catalyst is shown in Figure 14.5, while for 
25% Co/SBA150 alumina catalyst, the variation in CO conversion level is pre-
sented in Figure 14.6. It can be seen from Figure 14.5 that the addition of co-fed 
water during FTS results in a significant and reversible change in catalytic activity 
for the 12% Co/SBA150 alumina catalyst. The decline in CO conversion with time 
on stream for this catalyst was 1.4% per day. However, the catalyst activity was 
found to recover once the water addition was terminated. The magnitude of revers-
ible loss in catalytic activity with different amounts of co-fed water was found to 
be in the order: 25% > 20% > 10%. In the case of the 25% Co/SBA150 alumina 
catalyst (Figure 14.6), the CO conversion did not change significantly with the 
addition of up to 20 vol% water. This catalyst exhibited a small decline of 0.11% 
per day in CO conversion with time on stream. However, the conversion decreased 
significantly and reversibly during the addition of 25 and 30 vol% water.

The above behavior of narrow-pore supported cobalt catalysts toward co-fed 
water can also be explained in terms of relative size of cobalt clusters, pore net-
work of support, expected location of cobalt clusters within the pore network, and 
relative differences in the residence time of water vapor within and outside the 
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pore. The pore diameter of the narrow-pore support is 9.5 nm, and the diameters 
of cobalt clusters for 12% Co/SBA150 alumina and 25% Co/SBA150 alumina 
catalysts are 8.5 and 9.2 nm, respectively (Table 14.3). Hence, it can be expected 
that the major fraction of cobalt clusters in both of these catalysts will be located 
outside the pore (i.e., at the surface of the pore). Since the residence time of water 
vapor at the pore/catalyst surface is lower than that within the pore, the adverse 
effect of water vapor to cobalt clusters located at the pore surface is probably less 
severe and reversible. In addition, if a cobalt cluster is situated at the pore/catalyst 
surface, it can experience a more reducing environment (presence of H2 and CO) 
immediately once the addition of co-fed water is terminated, compared to cobalt 
clusters situated within the pore where higher partial pressure of water vapor may 
continue to exist even when the addition of co-fed water is stopped (depending on 
the diffusion time of water vapor from pore to surface). This in turn may facilitate 
re-reduction of the cobalt cluster, and the resulting water effect can be reversible 
(as can be observed for 25% Co/Degussa C-alumina, 12% Co/SBA150 alumina, 
and 25% Co/SBA150 alumina in Figures  14.4 to 14.6, respectively). However, 
when the cobalt cluster is located within the pore, the residence time of water 
vapor within the pore is relatively higher, and the cluster may not experience the 
reducing environment even after a long time once the addition of co-fed water is 
terminated. Such a scenario may result in a more severe and irreversible water 
effect and, in turn, catalyst deactivation (which can be seen for 12% Co/Degussa 
C-alumina catalyst presented in Figure 14.3).

The cobalt metal cluster size of the catalyst is believed to be related to the 
catalyst deactivation,21,47 as the number of surface active sites varies with cobalt 
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cluster size for a fixed cobalt loading of the catalyst. The pore structure of the sup-
port and the size/appearance of the cobalt crystallites are believed to be important 
factors in determining the effect of co-fed water. It has been reported that the 
appearance of cobalt particles depends on the support.48 In the narrow-pore sup-
port, cobalt seems to exist as clusters of small particles, whereas for wide-pore 
supports, cobalt exists as larger particles when prepared by the incipient wetness 
impregnation technique. Jacobs et al.21 suggested that, in the case of noble metal–
promoted catalysts with lower Co loading, a significant fraction of the cobalt clus-
ters that reduce arises from those cobalt species interacting strongly with the 
support (presumably with a smaller cluster size); these clusters are expected to 
display a higher sensitivity to the water effect. Instead of an unfavorable thermo-
dynamic calculation for bulk oxidation of cobalt metal to CoO or Co3O4 under 
normal FTS conditions, it is conceivable that the interaction of the clusters with 
the support may allow for surface oxidation to CoO to occur. Krishnamoorthy et 
al.15 also pointed out that the metal-oxygen bonds are stronger at metal surfaces 
than in the bulk. It was also indicated21 that unlike the smaller cobalt clusters 
on unpromoted Co/Al2O3 catalyst, the larger crystallites (>10 nm diameter, mea-
sured by chemisorption and XRD measurement) undergo oxidation by water to 
CoO and are most likely confined to the surface. However, these clusters are 
re-reduced when addition of co-fed water is stopped and the catalytic activity 
displays a reversible recovery. This fact, along with the pore diameter of narrow-
pore alumina support used in the present study (i.e., 9.5 nm), may explain why 
the 12% Co/SBA150 alumina (cluster diameter, 9.3 nm) and 25% Co/SBA150 
alumina (cluster diameter, 8.7 nm) catalysts are less sensitive to the water effect 
and exhibit a relatively reversible deactivation with co-fed water.

14.3.3  Effect of Water Addition on Product Selectivity in FTS

The effects of co-fed water on the CO2 and CH4 selectivities during FTS for 12% 
and 25% Co/Degussa C-alumina are presented in Figures 14.7 and 14.8, respec-
tively, while for 12% and 25% Co/SBA150 alumina the corresponding variations 
in CO2 and CH4 selectivity are shown in Figures 14.9 and 14.10, respectively. In 
the case of 12% Co/Degussa C-alumina (Figure 14.7), both CO2 and CH4 selec-
tivity increased steadily with an increase in the vol% of water added to the feed. 
As mentioned earlier the CO conversion dropped to 0.68% with the addition of 
25 vol% co-fed water. The highest magnitude of CO2 and methane selectivity 
was also observed with the addition of 25 vol% water. Generally, a higher CO2 
selectivity in FTS suggests a higher rate of the water-gas shift reaction. Hence, 
the above observation also suggests that some surface cobalt atoms would have 
been oxidized to form cobalt oxide or some other oxidized form of cobalt (e.g., 
cobalt-support complex), and that this form is active for the water-gas shift reac-
tion, resulting in a higher selectivity to CO2. A similar trend in CO2 selectivity 
was observed for the 25% Co/Degussa C-alumina catalyst with the addition of 
co-fed water (Figure 14.8), suggesting an increase in water-gas shift activity simi-
lar to that discussed for the 12% Co/Degussa C-alumina catalyst. However, the 
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methane selectivity for the 25% Co/Degussa C-alumina was found to decrease 
with the addition of co-fed water (with the highest decrease in the magnitude of 
CH4 selectivity when 25 vol% water was added). Nevertheless, the variations in 
the CH4 and CO2 selectivities were found to be reversible.

A small decrease in CH4 selectivity was also observed with the addition 
of co-fed water for 12% Co/SBA150 alumina catalyst, while a significant and 
reversible increase in CO2 selectivity was observed (Figure 14.9). A similar trend 
for CO2 selectivity was observed with the 25% Co/SBA150 alumina catalyst 
(Figure 14.10). The CH4 selectivity during FTS with the 25% Co/SBA150 alumina 
catalyst showed a significant decrease with addition of co-fed water, and then the 
conversion returned to the expected value when water addition was terminated 
(Figure 14.10). The variations in CH4 selectivity for the 12% Co/SBA150 alumina 
and 25% Co/SBA150 alumina catalysts follow the same trend as the catalytic 
activity (i.e., CO conversion) in FTS. Among the four catalysts used in FTS in the 
present study, three (i.e., 12% Co/SBA150 alumina, 25% Co/SBA150 alumina, 
and 25% Co/Degussa C-alumina) displayed a reversible decrease in CH4 selectiv-
ity upon the addition of co-fed water. In FTS, methane is believed to be produced 
via hydrogenation of a hydrocarbon precursor.49 Hence, methane selectivity in 
FTS can be considered to be an indicator of hydrogenation selectivity for the cata-
lyst. The shift in the above-mentioned product selectivity during water addition 
from methane (i.e., hydrogenation product) to CO2 (water-gas shift product) sug-
gests that a fraction of cobalt was oxidized, thereby enhancing the water-gas shift 
activity. The large increase in CH4 selectivity for 12% Co/Degussa C-alumina 
with the addition of 25 vol% water (Figure 14.7) can be explained by the very low 
FTS activity (with a CO conversion of only 0.68%) of the catalyst.

14.4  Conclusion

Cobalt FTS catalysts with comparable metal loadings were prepared with wide-
pore (average pore diameter, 22.9 nm) and narrow-pore (average pore diameter, 9.5 
nm) alumina supports. Wet impregnation followed by drying and calcination trans-
forms the nonporous Degussa C-alminoxide into a porous alumina support having 
a wide-pore network. The cobalt cluster size in the case of wide-pore supported 
catalyst (19.5 nm diameter) was found to be almost double that of the narrow-
pore supported catalyst (9.2 nm) of comparable cobalt loading (25%). A reversible 
negative effect of co-fed water on catalytic activity was observed for 12% Co/
Degussa C-alumina (cobalt cluster diameter, 12.2 nm) catalyst up to 20 vol% of 
co-fed water. However, when 25 vol% of water was added, a severe and irrevers-
ible catalyst deactivation resulted. In contrast, the 25% Co/Degussa C-alumina 
(cobalt cluster diameter, 19.5 nm) catalyst did not exhibit any significant effect 
during water addition. This difference can be related to the difference in cobalt 
loading of the catalyst and relative size and location (i.e., inside or outside the 
pore) of the cobalt clusters. In the case of narrow-pore support, both the 12% Co/
SBA150 alumina (cobalt cluster diameter, 8.5 nm) and 25% Co/SBA150 alumina 
(cobalt cluster diameter, 9.2 nm) displayed a reversible and significant negative 
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effect with the addition of co-fed water. The CO2 selectivity of all four catalysts 
was found to increase with addition of co-fed water, indicating an enhancement of 
water-gas shift activity of the catalysts. The C5+ selectivity of catalysts with 25% 
cobalt loading (for both wide-pore and narrow-pore support) increased with co-fed 
water, while the CH4 selectivity decreased simultaneously. The variations in above 
selectivities are believed to due to a shift of catalyst behavior from hydrogenation 
activity to water-gas shift activity. However, 12% Co/Degussa C-alumina catalyst 
showed a reversible increase in CH4 selectivity with the addition of water, whereas 
a slight negative effect on CH4 selectivity was observed for the 12% Co/SBA150 
catalyst with water addition. The difference in water effect toward catalytic per-
formance of cobalt catalysts supported on wide-pore and narrow-pore alumina 
supports is explained in terms of the relative size and location (within or external 
to the pore) of cobalt clusters which in turn leads to marked differences in the 
residence time of water vapor in contact with the Co particles.
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A continuous cross-flow filtration process has been utilized to investigate the 
effectiveness in the separation of nano sized (3–5 nm) iron-based catalyst par-
ticles from simulated Fischer-Tropsch (FT) catalyst/wax slurry in a pilot-scale 
slurry bubble column reactor (SBCR). A prototype stainless steel cross-flow fil-
tration module (nominal pore opening of 0.1 μm) was used. A series of cross-
flow filtration experiments were initiated to study the effect of mono-olefins and 
aliphatic alcohol on the filtration flux and membrane performance. 1-hexadecene 
and 1-dodecanol were doped into activated iron catalyst slurry (with Polywax 500 
and 655 as simulated FT wax) to evaluate the effect of their presence on filtration 
performance. The 1-hexadecene concentrations were varied from 5 to 25 wt% 
and 1-dodecanol concentrations were varied from 6 to 17 wt% to simulate a range 
of FT reactor slurries reported in literature. The addition of 1-dodecanol was 
found to decrease the permeation rate, while the addition of 1-hexadecene was 
found to have an insignificant or no effect on the permeation rate.

The separation efficiency of pilot-scale integrated SBCR cross-flow filtration 
module was studied with composite FT catalyst/wax slurry. A filtration loop with 
a moyno-type progressive cavity pump to circulate the catalyst slurry through 
the primary hydrocyclone separator, with one output (bottom stream) returning 
to the reactor with the other output (top stream) flowing to the cross-flow filtra-
tion module, was developed. The wax permeate flow from the filter module was 
controlled by a valve actuated by a reactor-level controller. It was found that a 
passive flux maintenance procedure, in which the transmembrane pressure (and 
flux) is suspended for a selected period, can increase the flux by over 100%, but 
the flux decays back to the original steady-state value over time on stream. On 
the other hand, an active flux maintenance system, where the filter membrane 
is back-flushed by a cleaned permeate stream via a piston pump triggered by a 
computer-controlled timer, results in significant flux recovery that decays off dur-
ing the next 24 h. A better flux stability was achieved by increasing the permeate 
off-cycle to 1 h per day in addition to 30 s off per half-hour cycle. The permeate 
flux was found to vary linearly with transmembrane pressure within the range 
studied. The iron concentration in permeate wax was found to be always less than 
35 ppm, with over 85% below 16 ppm level.

15.1  Introduction

Iron-based Fischer-Tropsch synthesis (FTS) catalysts are preferred for synthesis 
gas with a low H /CO2  ratio (e.g., 0.7) because of their excellent activity for 
the water-gas shift reaction, lower cost, lower methane selectivity, high olefin 
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selectivity, lower sensitivity toward poisons, and flexible product slate. Use of 
SBCR for slurry phase FTS is advantageous to control highly exothermic heat 
of reaction in large-scale industrial operation. In a commercial SBCR operation, 
heavy wax products must be continuously separated and removed from the reac-
tor to maintain the required conversion, to avoid catalyst loss, and for downstream 
wax upgrading.1

However, use of iron-based catalysts in SBCR has been limited by their high 
rate of attrition to ultrafine particles, leading to catalyst loss and high slurry vis-
cosity, and the resulting difficulty in catalyst/wax separation. Phase transforma-
tion of iron catalyst during activation/FTS plays an important role in determining 
the structural integrity of the catalyst particles. A detailed study on the varia-
tion of particle size distribution, and morphological and phase transformation of 
ultrafine iron nano-catalyst particles (with initial diameters of 3 to 5 nm) during 
carbidization/FTS, has been reported1 that can be utilized for design and optimi-
zation of a continuous flow filtration module for catalyst/wax separation.

A number of processes have been disclosed in the literature for catalyst/wax 
separation during FTS.2–7 Most of these techniques can be classified as either 
internal (filter elements located inside the reactor vessel) or external. Internal 
methods have the disadvantage of being inaccessible during normal reactor oper-
ation. Therefore, in anticipation of plugging problems, duplicate filtration systems 
must be installed to achieve high reliability in commercial settings. However, 
internal separation systems are difficult or sometimes impractical to service with-
out taking the reactor off-line. Most of the proposed filtration schemes also suffer 
from high transmembrane pressure drop and low flux limitations. Many of the 
separation techniques described in the literature employ only simple hydrocy-
clones irrespective of their low separation efficiency. Brennan et al. disclosed a 
process for removing catalyst fines from Fischer-Tropsch (FT) catalyst/wax slurry 
by using a magnetic separator4 for which the operational cost was relatively low; 
however, the capital costs of the magnet assemblies were reported to be expen-
sive. Roberts et al.7 developed a method of extracting catalysts from the catalyst/
wax slurry of an SBCR that involves supercritical hydrocarbon solvent. The dis-
advantage with this system is that it requires process equipment in addition to the 
reactor, thus exploiting a considerable residence time of catalysts outside the reac-
tor system. Achieving an efficient wax separation method for iron-based catalysts 
is one of the most challenging technical problems associated with slurry phase 
(i.e., SBCR) iron-based FTS and is a key factor for optimizing operating costs of 
such a process.

The cross-flow filtration method is applied mainly to hyper- and ultrafiltra-
tion as well as to some microfiltration.8 In cross-flow filtration the slurry solution 
or suspension fed to the filter flows parallel to the filter medium or membrane. 
The filtration product (permeate or filtrate) leaves the filtration module at right 
angles to the filter medium (the membrane). The traditional perpendicular flow 
filtration (where the flow of the suspension is directed at right angles to the filter 
medium and the permeate leaves the filter medium in the same direction) entails 
filter cake buildup, whereas cross-flow filtration is intended to prevent such filter 
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cake buildup. A perpendicular filtration mode is favored when the filter cake is 
to be collected for the purpose of solids recovery, while the main rationale for 
cross-flow filtration is to maximize the recovery of the liquids while retaining 
the solid content of the system with minimum or no deposit of solids on the filter 
medium.8 Various advantages of cross-flow filtration can be exploited to develop 
an efficient method to continuously separate FT wax from ultrafile iron particles 
while retaining the catalyst loading of the slurry in the reactor to maintain the 
steady-state conversion. To minimize the degree of membrane surface fouling 
in continuous operation, a constant permeate flux maintenance procedure can be 
developed. The constant permeate flux maintenance procedure would ensure that 
the cross-flow filtration module operates at the optimum transmembrane pressure 
while maintaining the desired permeate flux.

Wax products from FTS utilizing an iron-based catalyst composition contain a 
significant amount of olefins and oxygenates, depending on the catalyst formula-
tion and operating conditions. The presence of olefins and alcohols in catalyst/wax 
slurry may influence the rheology of wax to some degree, which in turn may affect 
the hydrodynamics of slurry flow and degree of catalyst/wax separation. The effect 
of olefins and alcohols present in FT wax products on the performance of catalyst/
wax separation by filtration process has not been documented in open literature.

The objective of the present study is to develop a cross-flow filtration module 
operated under low transmembrane pressure drop that can result in high permeate 
flux, and also to demonstrate the efficient use of such a module to continuously 
separate wax from ultrafine iron catalyst particles from simulated FTS catalyst/
wax slurry products from an SBCR pilot plant unit. An important goal of this 
research was to monitor and record cross-flow flux measurements over a long-
term time-on-stream (TOS) period (500+ h). Two types (active and passive) of 
permeate flux maintenance procedures were developed and tested during this 
study. Depending on the efficiency of different flux maintenance or filter media 
cleaning procedures employed over the long-term test to stabilize the flux over 
time, the most efficient procedure can be selected for further development and 
cost optimization. The effect of mono-olefins and aliphatic alcohols on permeate 
flux and on the efficiency of the filter membrane for catalyst/wax separation was 
also studied.

15.2 � Conceptual Basis of Cross-flow Filtration 
for Fischer-Tropsch Catalyst/Wax Separation

The design of a cross-flow filter system employs an inertial filter principle that 
allows the permeate or filtrate to flow radially through the porous media at a rela-
tively low face velocity compared to that of the mainstream slurry flow in the axial 
direction, as shown schematically in Figure 15.1.9 Particles entrained in the high-
velocity axial flow field are prevented from entering the porous media by the ballis-
tic effect of particle inertia. It has been suggested that submicron particles penetrate 
the filter medium and form a dynamic membrane or submicron layer, as shown in 
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Figure  15.2(a). The membrane impedes further penetration of even smaller par-
ticles through the porous filter media. In many filtration applications, this filtration 
mechanism is valid for an axial velocity greater than about 4 to 6 m/s.

To continuously separate FT wax products from ultrafine iron catalyst parti-
cles in an SBCR employed for FTS, a modified cross-flow filtration technique can 
be developed using the cross-flow filter element placed in a down-comer slurry 
recirculation line of the SBCR. Counter to the traditional cross-flow filtration 
technique described earlier, this system would use a bulk slurry flow rate below 
the critical velocity, thereby forcing a filter cake of solids to form between the 
filter media and the bulk slurry flow, as depicted in Figure 15.2b. In this mode, 
multiple layers of catalyst particles that deposit upon the filter medium would act 
as a prefilter layer.10 Both the inertial and filter cake mechanisms can be effec-
tive; however, the latter can be unstable if the filter cake depth is allowed to grow 
indefinitely. In the context of the SBCR operation, the filter cake could poten-
tially occlude the slurry recirculation flow path if allowed to grow uncontrollably. 

Slurry In

Slurry Out

Filtrate

Figure 15.1  Cross-sectional view of a cross-flow filter element.
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Therefore, when operating in the filter cake mode, the axial velocity should be 
maintained at a level such that an adequate shear force exists along the filter 
media to prevent excessive caking of the catalyst that could cause a blockage in 
the down-comer circuit. For the separation of ultrafine catalyst particles from 
FT catalyst/wax slurry, the filter medium can easily become plugged using the 
dynamic membrane mode filtration. Also, small iron carbide particles (less than 
3 nm) near the filter wall are easily taken into the pores of the medium due to their 
low mass and high surface area. Therefore, pure inertial filtration near the filter 
media surface is practically ineffective.

Results from constant differential pressure filtration tests have been analyzed 
according to traditional filtration science techniques with some modifications to 
account for the cross-flow filter arrangement.11 Resistivity of the filter medium 
may vary over time due to the infiltration of the ultrafine catalyst particles within 
the media matrix. Flow resistance through the filter cake can be measured and 
correlated to changes in the activation procedure and to the chemical and physi-
cal properties of the catalyst particles. The clean medium permeability must be 
determined before the slurries are filtered. The general filtration equation or the 
Darcy equation for the clean medium is defined as

	
Q

A

R
c

m

=
⋅
⋅
∆P

µ
	 (15.1)

where Qc  is the clean medium filtrate flow rate (m3/s), μ is the liquid viscosity 
(Pa-s), ∆P is the driving pressure force or differential pressure across the filter 
medium (Pa), Rm  is the clean medium resistance or the permeability per unit 
filter cake depth (m–1), and A  is the filter medium surface area (m2). Once the 
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Figure 15.2  Schematic models for filter cake mechanism in cross-flow filtration.
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solids build up on the filter medium, the filter cake resistance in series with the 
medium must be considered. Hence, the Darcy equation becomes

	

Q
A

R Rm c

=
⋅

⋅ +( )
∆P

µ
	 (15.2)

where Rc  is the filter cake resistance (m–1). If it is assumed that the catalyst filter 
cake is incompressible, then the filter cake resistance would depend on the mass 
of the catalyst deposited on the filter medium as follows:

	 R wc = ⋅α 	 (15.3)

where w  is the mass of catalyst per unit area (kg/m2) and α  is the specific filter 
cake resistance (m/kg). In the context of the proposed cross-flow filtration tech-
nique, it is assumed that w is constant after some measured steady-state period 
tss, while the filter medium is exposed to a constant differential pressure and a 
constant axial velocity through the filter tube (Figure 15.3). Initially (at t = 0 ), the 
permeate stream exiting the filter module only encounters flow resistance from 
the medium. As the catalyst particles begin to accumulate on the filter, the cake 
resistance term increases until the rate of catalyst deposited (on the filter media) 
and the rate of catalyst entrained into the bulk flow field (i.e., leaves filter media) 
are equal. Thus, a steady-state permeate flow, Qss , is attained. A mass balance of 
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Figure 15.3  Variation of permeate flow against time in a typical cross-flow filtration 
test.
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the filter cake during the un-steady-state period yields the following equation for 
the steady-state filter loading:

	
w

C

A
Q t dt r dtss

s
t

ent

tss ss

= ⋅ ⋅ −∫ ∫( )
0 0

	 (15.4)	
	

where Cs  is the catalyst concentration in the bulk slurry (kg/m3), Q t( )  is the 
transient permeate flow rate (m3/s), tss  is the approximate time to reach equilib-
rium in the filter cake (s), and rent  is the reentrainment rate of catalyst particles 
from the filter cake into the bulk slurry (kg/m2/s). In Equation 15.4 it is assumed 
that the reentrainment rate of catalyst from filter into the bulk slurry is constant 
throughout the filtration process. After the steady-state filtration is achieved (i.e., 
t tss> ), the re-entrainment rate of slurry will be equal to the rate of catalyst cap-
tured on the filter cake:

	
r

Q

A
Cent

ss
s= ⋅ 	 (15.5)

where Qss  is the steady-state permeate flow rate. Once the equilibrium filter cake 
mass is known, the specific resistance, α, can be calculated using Equations 15.2 
and 15.3. After each constant differential pressure filtration test, the filter medium 
can be backwashed to remove the filter cake. Filtration of the slurry will then be 
restarted in order to check clean filter permeate flow rate, Qc , and thus the filter 
medium resistance factor, Rm .

It is anticipated that the equilibrium filter cake mass would depend strongly on 
the axial velocity through the cross-flow filter assembly. The shear rate at the filter 
surface will increase the entrainment of the catalyst solids for a given permeate 
flow rate. Therefore, for each differential pressure condition, the axial velocity 
will be varied in order to quantify the effect of the wall shear on the filter cake 
resistance term.

15.3 E xperimental Details

15.3.1  Materials

15.3.1.1  Reagents
Polywax 500 and 655 (polyethylene fraction with average molecular weights of 
500 and 655, respectively), purchased from Baker Petrolite, Inc., was used to pre-
pare simulated FT wax (i.e., solvent) for the evaluation of filtration performance 
with and without the presence of aliphatic alcohol and mono-olefin in the FT 
wax. 1-dodecanol (ACS reagent, ≥ 98%, Sigma-Aldrich, Inc.) and 1-hexadecene 
(GC standard grade reagent, ≥ 99.8%, Sigma-Aldrich, Inc.) were used as model 
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compounds to represent aliphatic alcohol and mono-olefin in the simulated FT 
wax. A test slurry containing C30 oil (hydrogenated polyalphaoleffin, CAS 68037-
01-4), FT wax obtained from previous pilot-scale SBCR and bench-scale stirred 
reactor tests, and a carbidized commercial ultrafine iron catalyst (NANOCAT® 
superfine iron oxide, Mach I, Inc.) was prepared. The properties reported for the 
commercial catalysts are: average particle size, 3–5 nm; surface area, 250 m2/g; 
and bulk density, 0.05 g/cm3. The molecular weight distribution of this composite 
wax has been reported in the literature.12

15.3.1.2  Prototype Cross-Flow Filtration Module
The prototype shell-and-tube type cross-flow filtration modules (Pall Corp.) used 
for filtration tests are welded into a stainless steel shell enclosure. The modules 
have an inlet (filtrate) and outlet (retentate) port (both at tube sides) with ½-inch tub-
ing ends, and a permeate port, located near the midpoint of the shell side of the unit. 
The stainless steel filter membranes have a nominal pore size of 0.1 μm. The sur-
face of the filter media is coated with a proprietary submicron layer of zirconia.

15.3.2  Method

15.3.2.1  Cross-Flow Filtration Test
The cross-flow filtration test unit is depicted schematically in Figure 15.4; it allows 
several types of cross-flow filter media to be studied under simulated FTS condi-
tions. The filtration piping and instrumentation are heated via several circuits 
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of copper heat-trace tubing. A Therminol 66 (Solutio, Inc.) high-temperature 
heat transfer fluid is circulated through the heat-trace tubing from an electrically 
heated hot oil system. The temperature controller was calibrated to operate over a 
temperature range of 453 to 523 K. Data acquisition and process control functions 
are accomplished by a National Instruments real-time computer system. A 98 L 
(26-gallon) slurry mixing tank is heated by a hot-oil circulation jacket. Slurry 
mixtures of catalyst, Polywax 500, Polywax 655, and additives (aliphatic alcohols 
and mono-olefins) are loaded batch-wise into the system. A moyno (Liberty pro-
gressive cavity) pump is used to circulate the slurry mixture through the cross-
flow filter element. A manually actuated valve, located downstream of the filter 
element, maintains a slurry flow rate set point of 2 to 40 lpm.

Unfiltered slurry (or retentate) passing through the filter tube is recycled to the 
mixing tank. The differential pressure across the filter medium or transmembrane 
pressure (TMP) is automatically controlled by a letdown valve. The permeate 
can be recycled to the slurry tank for continuous filtration simulation (in order to 
maintain a constant solids concentration in the system) or can be collected and 
removed from the system to test semibatch filtration schemes. The permeation 
rate is periodically measured by diverting the stream into a collection flask over a 
measured time interval. Slurry samples can be collected before and after the fil-
tration for characterization purposes. In tests with catalyst, a gas stream of CO or 
syngas can be applied to the system; otherwise, the system vapor space is purged 
with inert gas such as argon or nitrogen. Slurry temperature, simulating the FTS 
activation conditions, can be controlled up to 543 K. Modular filtration media 
can be tested under various filtration rates, differential pressures, and operating 
modes. The system is designed in such a fashion that the filter unit can be bypassed 
in order to change filters while the slurry continues its recirculation path. A vari-
ety of precipitated catalyst slurries mixed with various molecular weight waxes 
(C30 to C100) allows a range of effective slurry viscosities to be studied.

15.3.2.2  Laboratory Pilot-Scale SBCR Unit
The pilot-scale SBCR unit with cross-flow filtration module is schematically rep-
resented in Figure 15.5. The SBCR has a 5.08 cm diameter and 2 m height with an 
effective reactor volume of 3.7 L. The synthesis gas passes continuously through 
the reactor and is distributed by a sparger near the bottom of the reactor vessel. 
The product gas and slurry exit at the top of the reactor and pass through an 
overhead gas/liquid separator, where the slurry is disengaged from the gas phase. 
Vapor products and unreacted syngas exit the gas/liquid separator and enter a 
warm trap (373 K) followed by a cold trap (273 K). A dry flow meter downstream 
of the cold trap measures the exit gas flow rate.

The down-comer from the gas/liquid separator that collects the liquid slurry 
product is connected to the suction side of a moyno-type (Liberty progressive 
cavity) pump. The pump discharge is connected to a primary separation device 
(an inertial separator similar to a hydrocyclone). Since the slurry pump is a posi-
tive displacement device (i.e., no slurry slippage inside the pump), the total flow 
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should remain the same regardless of pressure changes incurred by the tempo-
rary switching of the reactor circuit. A catalyst-rich stream (i.e., bottom stream 
from the primary separation device) is recycled to the reactor vessel while the 
lean catalyst/slurry stream (i.e., top stream from the primary separation device) is 
diverted to a secondary filtration loop. The fraction of clarified slurry entering the 
secondary loop is controlled by a throttle valve. Quantifying the secondary flow 
is important, as the slurry velocity is crucial in cross-flow filtration. Hence, the 
secondary slurry flow rate is measured by a coriolis flow meter. Fine polishing of 
the clarified slurry is achieved by the cross-flow filter element.

Ideally, the axial velocity through the cross-flow unit should be greater than 
about 4–6 m/s to minimize the boundary layer of particles near the membrane 
surface. The wax permeate flow from the filter is limited by a control valve actu-
ated by a reactor-level controller. Hence, a constant inventory of slurry is main-
tained within the SBCR system as long as the superficial gas velocity remains 
constant. Changes in the gas holdup due to a variable gas velocity are calculated 
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so that the space velocity can be accurately quantified. The flux of the clean per-
meate through the cross-flow filtration module is controlled by the pressure in 
the wax letdown vessel or hot trap (473 K). Therefore, TMP is fixed for a given 
filtration event. The TMP can be changed manually by varying the set point of the 
pressure regulator connected to the letdown vessel. The flux rate is measured by 
weighing the mass of permeate collected in the collection vessel hot trap. A filtra-
tion event is initiated by the overhead vessel-level controller. The wax permeate 
flow from the filter module is switched on by a control valve between the perme-
ate discharge of the cross-flow unit and the collection vessel. Hence, a relatively 
constant inventory of slurry is maintained within the SBCR system as long as 
the superficial gas velocity remains constant. The level or volume of the slurry 
within the overhead gas/liquid separator is continuously monitored by measuring 
the differential pressure across the height of the vessel. Argon is purged through 
each of the pressure legs to keep the lines free of slurry. Slurry volume within the 
receiver is controlled to be no more than 1.3 L by removing wax from the reactor 
system via the level control valve.

15.3.2.3  Constant Filter Flux Maintenance Procedure
A flux maintenance system or filter membrane cleaning (back-flush) procedure is 
developed and integrated to the permeate side of the cross-flow filtration module 
(Figure 15.6). The flux maintenance system is capable of back-flushing the filter 
membrane with a piston pump that is triggered by a computer-controlled timer. 
The back-flush fluid consists of cleaned permeate stored in a 40 ml vessel located 
near the suction side of the piston pump. However, back-flushing with clean per-
meate is only used as a last resort. Preferably, the maintenance procedure is to 
turn off the permeate flow on a short but regular period. This system was used 
throughout the study to develop an optimum cleaning program that can sustain a 
permeate flux rate over many days.

15.3.2.4  Chemical Analysis
The concentration of iron in permeates and retentates is determined by atomic 
absorption spectroscopy. The concentration of added 1-dodecanol and 1-hexa-
decene in permeate and retentate samples is determined by gas chromatography 
(GC) analysis. Approximately 0.25 g of wax and 7 ml of o-xylene (HPLC grade, 
Sigma-Aldrich, Inc.) are placed in a 16 × 125 mm culture tube and then put in a 
Thermoclyne dry heating bath. The sample is heated until the wax is dissolved, 
and then transferred to a sample vial for analysis by GC. The sample is analyzed 
on an HP 5890 Series II Plus GC equipped with an Flame Ionization Detector 
(FID). A 25 m SGE aluminum-clad HT5 column of 25 m. HT5 column (alu-
minum clad, SGE, Inc.) of 0.53 mm inner diameter and 0.15 μm film thickness 
was used. Identification of the compounds of interest is accomplished by running 
standards and by spiking the sample with the standard compounds of interest and 
comparing the corresponding retention times.
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15.4 R esults and Discussions

15.4.1 � Effect of Added 1-Dodecanol on the Performance 
of Cross-Flow Filtration with Polywax 
500/655-Activated Catalyst Slurry

Traditionally, iron-based catalysts have been used for FT synthesis when the syn-
gas is coal derived, because of their activity in both FTS and WGS reactions. 
Complex mixtures of straight-chain paraffins, olefins, and oxygenate (in substan-
tial proportions) compounds are known to be formed during iron-based FTS. 
Olefin selectivity of iron catalysts is typically greater than 50% of the hydrocar-
bon products at low carbon numbers, and more than 60% of the produced olefins 
are α-olefins.13 For iron-based catalysts, the olefin selectivity decreases asymp-
totically with increasing carbon number.

A blend of Polywax 500 and 655 (81.3 and 18.7 wt%, respectively) with a 
CO-activated ultrafine iron catalyst was used for the evaluation of catalyst/
wax slurry filtration performance of the filter module with and without an 
alcohol compound. All of the filtration tests were conducted with a TMP of 
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1.4 bar, 473 K, and a slurry containing 5 wt% iron. The axial velocity of the 
slurry within the filter was maintained at 13 m/s. 1-dodecanol was chosen as 
the alcohol additive because its low vapor pressure would ensure a sufficient 
residence time in the slurry phase. Since alcohols are known to be reactive in 
the presence of an iron catalyst,14,15 an excessive quantity of 1-dodecanol was 
added once the filtration flux reached the equilibrium value. The initial dos-
ages of 1-dodecanol were 6, 11, and 17 wt%. In order to maintain a constant 
iron concentration of 5 wt% in the slurry, a mass of filtered permeate was 
extracted from the slurry that was comparable to the mass of the 1-dodecanol 
to be added.

The variation of permeation flux against time on stream for filtration tests with 
added 1-dodecanol addition is shown in Figure 15.7. Before adding the 6 wt% 
1-dodecanol dosage, the permeate flux was allowed to reach an equilibrium dur-
ing the filter membrane/slurry induction period. During this period the flux was 
found to decline from 0.65 to 0.40 lpm/m2. Once the first dose of 1-decanol was 
added, the flux increased to 0.46 lpm/m2 and subsequently dropped to less than 
0.2 lpm/m2 over a 2-day period. It was found that the permeate color changed 
from a bright white to brownish once the 1-dodecanol was added. This change in 
the permeate color can be attributed to the increase of iron concentration (from 
50 to about 250 ppm or more) and possibly the existence of reaction products of 
1-dodecanol being converted to other oxygenates, such as ketones, aldehydes, or 
acids. However, it is not clear if these reaction products caused the initial decrease 
of the permeate flux. Subsequent additions of the 1-dodecanol (11 and 17 wt%) 
were found to have only a marginal effect on the permeate flux. Figure  15.8 
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presents the variation of equilibrium permeation flux against the concentration of 
1-dodecanol. Once the initial 6 wt% dose of 1-dodecanol was added, the steady-
state flux was maintained at 0.2 lpm/m2 even with the further addition of a higher 
concentration of 1-dodecanol. The permeate quality, in terms of steady-state iron 
concentration, did not vary substantially with increasing alcohol concentration, as 
presented in Figure 15.9.

15.4.2  �Effect of Added 1-Hexadecene on the Performance 
of Cross-Flow Filtration with Polywax 
500/655-Activated Catalyst Slurry

The specifications of catalyst/wax slurry and operating conditions for filtration 
test with added 1-hexadecene were identical to those of the previously mentioned 
1-dodecanol doping tests. The method for doping the mono-olefins in the slurry was 
similar in that a constant 5 wt% concentration of iron was maintained throughout 
the test run. 1-hexadecene was selected as the doping agent since the vapor pressure 
of lower molecular weight olefins can cause material balance uncertainties. The 
target concentration levels of the olefin were 0, 14, 26, and 29 wt%. This range of 
concentrations is typical for various iron-based FT processes.13

As shown in Figure 15.10, the baseline flux, without 1-hexadecene addition, 
stabilized to 0.30 lpm/m2 at 473 K with a TMP of 1.4 bar. Similar to previous 
filtration runs using an activated ultrafine iron catalyst slurry, the duration of the 
induction period for the catalyst particles and membrane was approximately 48 h 
TOS. Initially, the appearance of permeate was bright white. With the first dosage 
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of 1-hexadecene (14 wt%), the permeate flux remained essentially unchanged and 
was stable after 48 h TOS at 0.31 lpm/m2. A slight permeate color change (from 
white to brownish) was observed with increasing TOS. The iron content of the 
permeates was found to increase from 25 to 272 ppm with the addition of 1-hexa-
decene, as presented in Figure 15.11. However, this continuous increase can be 
attributed to the formation of finer catalyst particulate caused by attrition, as was 
observed in the alcohol doping study. Likewise, as presented in Figure 15.12, no 
appreciable change in the permeate flux was observed at the 1-hexadecene con-
centration level of either 26 or 29 wt%.

15.4.3  Development of Filter Flux Maintenance (Passive) Procedure

Cross-flow filtration systems utilize high liquid axial velocities to generate shear 
at the liquid-membrane interface. Shear is necessary to maintain acceptable per-
meate fluxes, especially with concentrated catalyst slurries. The degree of catalyst 
deposition on the filter membrane or membrane fouling is a function of the shear 
stress at the surface and particle convection with the permeate flow.16 Membrane 
surface fouling also depends on many application-specific variables, such as par-
ticle size in the retentate, viscosity of the permeate, axial velocity, and the trans-
membrane pressure. All of these variables can influence the degree of deposition 
of particles within the filter membrane, and thus decrease the effective pore size 
of the membrane.
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Several operating techniques have been used in industrial ultrafiltration appli-
cations to improve permeation flux performance:16–19 back-flushing or back-pulsing 
with clear permeate, back-flushing an inert gas through the membrane, and the use 
of mechanical devices to increase turbulence near the membrane. Each of these 
techniques essentially disrupts the boundary layer of concentrated particles at the 
membrane surface. Generally, the permeate flux in cross-flow filtration can be 
maintained by occasional back-flushing of clear permeate, which allows removal 
of a fraction of particles deposited at the boundary layer of the filtering medium.

A more passive technique to maintain the permeate flux is to disrupt the perme-
ation flow while allowing the retentate to circulate axially through the cross-flow 
module. This would in theory allow inertial lift of the particles on the membrane 
surface in the absence of the permeate convective force component. Unlike active 
back-pulsing, this passive approach would not expend cleaned permeate product 
or require high-pressure inert gas handling. The approach of switching the fil-
ter tube off momentarily would be simple and, thus, likely more economical to 
implement. To quantify the degree of filter media fouling, static permeation tests 
were performed to determine the permeability of the membranes before and after 
slurry filtration tests. The variation of the membrane flux against TMP provides a 
quick snapshot of the surface fouling condition of the filter membrane.12

As presented in Figure 15.10, after 100 h TOS the permeate valve was closed, 
and thus the transmembrane pressure fell to zero. The pilot plant remained in a 
standby mode and unmanned for approximately 75 h. During this period, the 
catalyst slurry was circulated through the cross-flow filter, without permeate flow 
radially through the filter membrane (i.e., test conditions were constant with the 
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exception of the absence of a transmembrane pressure). After 75 h TOS, when the 
1.4 bar transmembrane pressure was reinstated, the flux momentarily increased 
by 116% (from 0.3 to 0.65 lpm/m2); however, over the next 24 h the flux returned 
to the baseline value before interruption of the permeate flow. Even though the 
flux returned to the steady-state value before the permeate valve was closed, there 
was a 24 h period of increased flux. Several options to determine the optimum 
period of filter downtime were analyzed. It is found that simply interrupting the 
permeate flow for 30 s per half hour was effective in recovering the initial mem-
brane fouling; however, the long-term steady-state flux was not achieved with this 
method. Flux stability was attained only after increasing the permeate off-cycle 
to 1 h per day in addition to 30 s off per half-hour cycle. Results from these studies 
were utilized for laboratory pilot-scale SBCR tests.

15.4.4 � Laboratory Pilot-Scale Tests in SBCR with Cross-Flow 
Filtration Module Using FT Catalyst/Wax Slurry

15.4.4.1  Technical Difficulties Encountered for FTS in Pilot-Scale Tests
During the start-up of the pilot-scale SBCR system, several problems were 
encountered with the moyno-type pump used to circulate the catalyst/wax slurry 
though the cross-flow filter element and reactor. The progressive cavity pump is 
designed to be capable of delivering 20 lpm of FT slurry at 503 K. The pump has 
a stainless steel rotor with a Viton® (fluoroelastomer) stator designed for pumping 
slurries at Fischer-Tropsch synthesis and activation conditions.

Initially, the as-received pump could not pass a 13.8-bar (200 psig) static 
pressure test at ambient temperature. Consequently, the pump was returned to 
the manufacturer for extensive seal modifications. Upon receiving the modified 
pump, the unit was placed into service for a “hot” shakedown test with C30 oil at 
175 psig pressure under the present experimental setup. The modified seal contin-
ued to leak at a small but acceptable rate on the order of 1 g/min. However, leak 
problems were encountered in the threaded seal of the stator and the pump hous-
ing. The stator was resealed with a thick Teflon tape and a high-temperature pipe 
sealant that initially slowed the total system leaks to less than 50 g/h.

At this point, the system was tested with catalyst for activation and FTS, in the 
hopes that the seal leak rates would be impeded by the presence of small catalyst 
particles. The FTFE 20-B catalyst (L-3950) (Fe, 50.2%; Cu, 4.2%; K, 1.5%; and 
Si, 2.4%) was utilized. This is part of the batch used for LaPorte FTS run II.20 
The catalyst was activated at 543 K with CO at a space velocity (SV) of 9 sl/h/g 
catalyst for 48 h. A total of 1,100 g of catalyst was taken and 7.9 L of C30 oil was 
used as the start-up solvent. At the end of the activation period, an attempt was 
made for Fischer-Tropsch synthesis at 503 K, 175 psig, syngas SV = 9 sl/h/g cata-
lyst, and H /CO 0.72 = . However, the catalyst was found to be completely inac-
tive for Fischer-Tropsch synthesis. Potential reasons for catalyst poisoning under 
present experimental conditions were investigated. Sulfur and fluorine are known 
to poison iron-based Fischer-Tropsch catalysts.21,22 Since the stator of the pump is 
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made of Viton, which is a fluoroelastomer, it was suspected that activation of the 
catalyst with elevated temperature results in release of fluorine, which acted as 
severe catalyst poison. The sulfur content of the catalyst/wax slurry was found to 
be 0.3 wt% (by atomic absorption spectroscopy analysis). The source of the sulfur 
poisoning was uncertain, as the elastomers’ inside pumps are commercial prod-
ucts and detailed compositions are not available. Catalyst particles from slurry 
samples were recovered after Soxhlet extraction with HPLC-grade o-xylene. The 
fluorine content of the extracted catalyst was found to be 7 wt%. It is possible that 
during the activation of the catalyst at elevated temperature (greater than 543 K), 
the elastomer inside the pump released sulfur and fluorine compounds, thereby 
totally deactivating the iron-based catalyst. Additionally, difficulties in maintain-
ing an acceptable leak rate from the pump seal and stator housing continued after 
an exhaustive effort of implementing counter-measures. Consequently, the system 
leak rate always exceeded the expected production rate of wax; therefore, no on-
line filtration could be accomplished.

In order to test the cross-flow filtration scheme during a long-term test, the 
cross-flow filtration module was operated independent of the SBCR pilot sys-
tem at low pressure (1.7 bar at the pump discharge). In lieu of FT wax produced 
directly from the SBCR, we prepared a test slurry batch containing FT composite 
wax obtained from previous pilot-scale SBCR and bench-scale (1 L) continuous 
stirred tank reactor tests and activated ulrafine Mach I iron catalyst (0.26 wt% as 
raw catalyst). The molecular weight distribution of the composite wax is reported 
in the literature.12 The objective of this test was to evaluate the performance of 
the cross-flow filter module over long TOS periods (500+ h). To stabilize the per-
meate flux over time, active as well as passive flux maintenance procedures, as 
evaluated earlier, were employed over this long-term test.

15.4.4.2 � Long-Term Cross-flow Filtration Test with Fischer-
Tropsch Composite Catalyst/Wax Slurry

In order to develop a continuous flux maintenance procedure, the present study 
examined the transmembrane flux values from the cross-flow filtration module 
with a filtration media area of 0.0198 m2 (0.213 ft2), a slurry density of approxi-
mately 0.69 g/cm3 at 200°C, 17 kg of simulated FT wax with a catalyst loading 
of 0.26 wt%, and a TMP between 0.68 and 1.72 bar (10–25 psig). The filtration 
process was run in a recycle mode, whereas clean permeate was added back to the 
slurry mixture, thus allowing the catalyst concentration to remain approximately 
constant over the course of the run (given minor adjustments for about 5 ml per-
meate and slurry samples collected throughout the test).

After initial start-up, it was found that the magnitude of transmembrane flux 
decreased dramatically, indicating that a mass transfer boundary layer may form 
on the filter media. This boundary layer appears to remain somewhat constant 
after about 6 h on-line, whereas the slope of the flux versus time plot (Figure 15.13) 
becomes fairly linear. This linear decrease in flux was found to continue over the 
next 43 h. This could be attributed to fouling of the membrane by the small iron/
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iron carbide particles. At this point, a passive flux maintenance procedure was 
employed (49.33 h TOS), introducing a 30 s flux shutoff period every 30 min. This 
allowed the catalyst slurry to recirculate through the cross-flow filter media with 
no radial permeate flow through the filter membrane. This axial flow was designed 
to relax the filter membrane, possibly by releasing any embedded particles and 
aiding in increasing the flux magnitude. The flux did not increase significantly 
initially after the TMP was reinstated to 1.4 bar; however, the flux was found to 
slowly increase after a few of the 30 s flux shut off cycles. After twelve of the 30 
s flux shut off cycles (about 6 h), the overall flux increased to 161% (from 0.5 to 
1.3 lpm/m2, or 17.6 to 46.0 Gallons per day (GPD)/ft2). Thereafter, the flux slowly 
decreased over the next 280 h TOS, down to 0.76 lpm/m2, or 27.0 GPD/ft2 (a 41.3% 
loss in flux over this span).

An active flux maintenance procedure was initiated at this point (about 330 h 
TOS), beginning with a 2 s back-flush of clean permeate through the filter mem-
brane. This active flux maintenance cycle was continued every 30 min for just 
over 24 h. The flux initially recovered to 0.90 lpm/m2 (32.0 GPD/ft2), but declined 
again within 24 h to a baseline value of 0.76 lpm/m2 (26.7 GPD/ft2) without clean 
permeate back-flush. The flux maintenance method was then returned to passive 
(no back-flush with clean permeate) mode, only increasing the flux off-time to 60 
s every 30 min. Thereafter, the flux steadily declined over the next 120 h TOS 
from 0.77 to 0.58 lpm/m2 (27.3 to 20.4 GPD/ft2). At 480 h TOS, a 1 h flux off-cycle 
was attempted, resulting in an increase of the flux back to 0.82 lpm/m2 (29.1 GPD/
ft2), a 42.6% increase. When the flux off-cycle was returned to the 60 s off-cycle 
for the next 48 h, it was found that the permeate flux decreased to 0.62 lpm/m2 
(21.9 GPD/ft2). Applying another 1 h flux off-cycle returned the flux to 0.72 lpm/
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m2 (25.3 GPD/ft2 only, a 15.5% increase). It was found that applying a 1 min flux 
off-cycle every 30 min for the next 23 h resulted in a much lower rate of decline 
in permeate flux (down to 0.65 lpm/m2, or 23.1 GPD/ft2). A final 1 h flux off-cycle 
exhibited minimal flux increase (0.04 lpm/m2, or 5.6%).

The variation of iron content in both the slurry and permeate samples against 
time on stream is represented in Figure 15.14. The permeate purity (in terms of 
iron concentration) was consistently below 35 ppm (as Fe) for the entire experi-
ment, with over 85% below the 16 ppm level. The variation over iron content 
could be due to sampling during or after flux maintenance cycles, which can 
disturb the boundary layer of submicron particles on the membrane surface.

At a TOS of about 560 h the flux was shut off for the overnight period to 
clean the filter media to get an estimation of variation of flux magnitude against 
TMP. The plot of permeate flux against TMP, as represented in Figure 15.15, 
indicated a linear relationship between the two variables, with the highest flux 
(0.85 lpm/m2, or 29.9 GPD/ft2) obtained at the upper end of the TMP range, 1.72 
bar (25 psig).

15.5  Conclusions

Application of cross-flow filtration for the removal of FT wax products can be 
a useful technique to maintain a constant catalyst loading in an FTS reactor in 
continuous operation. Addition of 1-dodecanol (at a concentration of 6 wt%) was 
found to decrease the permeation rate of the cross-flow filter used for the separa-
tion of simulated FT wax and activated iron catalyst slurry. However, additional 
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increases in the 1-dodecanol concentration (at 11 and 17 wt% levels) did not affect 
the permeation rates. No significant variation in the concentration of iron in the 
permeate was found when a higher concentration of alcohol was added. Addition 
of 1-hexadecene was found to have an insignificant to no effect on the permeate 
flux and iron concentration in the permeate.

The concentration of iron present in the permeate wax was found to be con-
sistently less than 35 ppm, with over 85% below the 16 ppm level. Following an 
active flux maintenance procedure results in short-term recovery of flux, which 
declines to base value within 24 h. The passive flux maintenance procedure of 
interrupting the permeate flow for 30 or 60 s per 30 min was effective in recover-
ing the initial membrane fouling temporarily. Better flux stability was attained 
only after increasing the permeate off-cycle to 1 h per day in addition to 30 s off 
per half-hour cycle. Variation of flux magnitude with TMP was found to follow a 
linear relationship within the range studied.
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In this work, a detailed kinetic model for the Fischer-Tropsch synthesis (FTS) has 
been developed. Based on the analysis of the literature data concerning the FT 
reaction mechanism and on the results we obtained from chemical enrichment 
experiments, we have first defined a detailed FT mechanism for a cobalt-based cat-
alyst, explaining the synthesis of each product through the evolution of adsorbed 
reaction intermediates. Moreover, appropriate rate laws have been attributed to 
each reaction step and the resulting kinetic scheme fitted to a comprehensive set of 
FT data describing the effect of process conditions on catalyst activity and selec-
tivity in the range of process conditions typical of industrial operations.

The developed model allows the simultaneous prediction of both the reactants 
conversion and n-paraffins and α-olefins selectivity from C1 to C49 as a function 
of process conditions.

16.1  Introduction

The detailed kinetic description of a chemical process is a primary feature for 
both the industrial practice and the comprehension of the reaction mechanism. 
The development of a kinetic model able to predict at the same time the reactants 
conversion and the products distribution (i.e., a detailed kinetic model) is a pre-
requisite for the design, optimization, and simulation of the industrial process. 
Also, the detailed description of process kinetics allows the ex post evaluation of 
the goodness of the mechanistic scheme on the basis of which the model itself is 
developed, making possible the collection of further insight in the chemistry of 
the process.

The detailed kinetics of the FTS have been studied extensively over several 
catalysts since the 1950s, and many attempts have been reported in the litera-
ture to derive rate equations describing the FT reacting system. A major problem 
associated with the development of such kinetics, however, is the complexity of 
the related catalytic mechanism, which results in a very large number of species 
(more than two hundred) with different chemical natures involved in a highly 
interconnected reaction network as reaction intermediates or products.

The details of the FT mechanism are still debated. On the basis of the nature 
of the CO adsorption, popular mechanistic proposals include the carbide mecha-
nism,1,2 wherein CO adsorbs dissociatively, and the enolic mechanism,3 involving 
the molecular adsorption of CO. Also, hydrogen-assisted CO dissociation theo-
ries, in which CO forms the chain initiator intermediate CH* passing through the 
intermediates HCO* and HCOH*, have been recently reproposed4,5 as alternatives 
to the more classical hydrogen-unassisted CO dissociative adsorption, where the 
carbide species C* is supposed to be the common intermediate for the formation 
of all the reaction products. Depending on the nature of surface chain growth spe-
cies, in addition, it is possible to distinguish between the alkyl mechanism,6 based 
on the insertion of a methylene species into the metal-alkyl bond, and the alkenyl 
mechanism,2 wherein a surface vinyl species reacts with a surface methylene to 
form an allyl species.
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On account of this, the difficulties associated with developing a detailed 
kinetic model for the FTS, able to describe at the same time the rate of formation 
of all the reaction products, are obvious. It is therefore not surprising that several 
efforts have been devoted through the years to simplify the kinetic mechanism 
of the FTS.

A typical approach has relied on lumping the individual mechanistic steps 
together with the related complexities into a limited number of overall molecular 
reactions. Such reactions are usually selected in such a way as to account for the 
formation of the most relevant FT products or classes of products (paraffins, ole-
fins, alcohols, acids, waterm and carbon dioxide); see, e.g., Kravtsov et al. 7 The 
lumped approach to FT kinetics has even been brought to the extreme by reducing 
the full chemistry of FTS into a single global stoichiometry, where CO and H2 
react forming the imaginary hydrocarbon CnHm (where n and m are two numbers 
that represent the average FT product) and H2O, as reported by Zennaro et al.8 and 
Lox and Froment.9 Obviously, such a reaction does not provide any information 
on the Fischer-Tropsch product distribution, but can be used to describe effec-
tively the overall syngas conversion rate, which can be adequate enough for some 
specific purposes, like the modeling of the thermal effects in the FT reactors.

However, the detailed description of the FT product distribution together with 
the reactant conversion is a very important task for the industrial practice, being 
an essential prerequisite for the industrialization of the process. In this work, a 
detailed kinetic model developed for the FTS over a cobalt-based catalyst is pre-
sented that represents an evolution of the model published previously by some of 
us.10 Such a model has been obtained on the basis of experimental data collected 
in a fixed bed microreactor under conditions relevant to industrial operations 
(temperature, 210–235°C; pressure, 8–25 bar; H2/CO feed molar ratio, 1.8–2.7; 
gas hourly space velocity, (GHSV) 2,000–7,000 cm3 (STP)/h/gcatalyst), and it is able 
to predict at the same time both the CO and H2 conversions and the hydrocarbon 
distribution up to a carbon number of 49. The model does not presently include 
the formation of alcohols and CO2, whose selectivity is very low in the FTS on 
cobalt-based catalysts.

16.2 E xperimental

The Co/Al2O3 catalyst used in this study was a bench-scale prepared sample 
obtained by incipient wetness impregnation of a commercial γ-Al2O3 with an 
aqueous Co nitrate solution, according to the procedure reported by Oukaci et 
al.11 The Co loading was 15% w/w. The catalyst had a surface area near 120 m2/g 
and a pore volume of 0.31 cm3/g, with a monomodal pore size distribution cen-
tered near 85 Å as determined by nitrogen adsorption-desorption at 77 K using a 
Micromeritics Tristar 3000 instrument.

The effects of the process conditions on the kinetics of the process were 
investigated in the fully automated lab-scale plant sketched in Figure 16.1. High-
purity H2 (99.995% H2, Sapio), N2 (99.999% N2, Sapio), and CO (CO/Ar, 98/2 v/v, 
Ar internal standard, Sapio) were fed separately to the unit by means of three 
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different mass flow controllers (Brooks Instrument model 5850S) and mixed in 
a proper mixing volume. Great attention was dedicated to the reactant purifica-
tion before feeding to the catalyst. For that reason, the CO stream fed to the unit 
was first purified from potentially contained iron carbonyls by means of a series 
of traps containing molecular sieves (5 Å), activated charcoal, and alkalinized 
alumina (at 200°C). The purified mixture was then fed to the packed bed reac-
tor, consisting of a single-pass stainless steel tube (I.D., 1.1 cm; length, 85 cm; 
SS-306) with plug-flow hydrodynamics. In order to measure the catalyst axial 
temperature profile, the reactor was equipped with an axial thermowell (2 mm 
O.D. tubing, welded on one side) containing a sliding J-type thermocouple.

The unconverted reactants and the reaction products leaving the reactor were 
sent first to a hot vessel heated at 110°C for the collection of the waxes, followed 
by a second cold vessel cooled at 0°C for the separation of liquid aqueous and 
organic products. All the transfer lines between the reactor and the hot trap were 
kept at 150°C to prevent the solidification of the waxes and the condensation of 
gasoline and diesel range hydrocarbon products outside of the proper traps.

Noncondensable gases leaving the condensation vessels were depressurized 
(by means of an electronic back-pressure, Brooks Instrument model 5866), total-
ized (by means of an on-line flow gas meter, Ritter model TG05-5), and peri-
odically analyzed with an on-line GC (Hewlett-Packard model 6890) equipped 
with three columns and two detectors for the analysis of C1–C10 hydrocarbons 
(Al2O3 plot capillary column connected to a flame ionization detector), H2, CH4, 
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Figure 16.1  Sketch of the adopted FT lab-scale plant. (1) Inlet CO purifying trap from 
iron-carbonyl, (2,3) inlet gas mixture purifying traps, (4) packed bed reactor, (5,6) con-
densable products vessels, (7) tail gas volumetric totalizer, (8) gas chromatograph, and 
(9) vent.
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CO (molecular sieve packed column connected to a thermal conductivity detec-
tor), and CO2 (porapak Q packed column connected to a thermal conductivity 
detector).

The waxes, the organic phase, and the aqueous products, on the contrary, 
were unloaded daily from the collection traps and analyzed with an off-line 
GC (Hewlett-Packard model 6890) equipped with two flame ionization detec-
tors and two identical columns (Hewlett-Packard HP-5), one connected to 
an on-column injector and dedicated to the analysis of waxes (dissolved in 
CS2 before the injection), and the other connected to a split/splitless injector 
and used for the analysis of the liquid reaction products (aqueous and organic 
phases). CH3CN was added to the aqueous sample prior to the injection as 
internal standard.

This analytical procedure allowed the detection of C1–C49 hydrocarbons and 
C1–C22 alcohols. Carbon balance, calculated as moles of C contained in the reac-
tion products divided by the moles of CO converted, always closed within ±10%.

In a typical run, 2 g of catalyst, sieved in the range of 75 to 100 μm to minimize 
intraparticle mass transfer limitations and diluted with α-Al2O3 (1:4 v/v) to pre-
vent strong temperature gradients along the reactor bed caused by the exothermic 
FTS, was loaded in the reactor and reduced overnight (16 h) at 400°C (heating 
ramp from ambient temperature to 400°C at 2°C/min) and atmospheric pressure 
under a flow of pure H2. After H2 treatment, the process conditions were slowly 
moved to the so-called standard point (T = 230°C, P = 20 bar, H2/CO inlet molar 
ratio = 2.1, GHSV = 5,000 cm3 (STP)/h/gcat), which represents the central point 
around which the process conditions have been varied to perform the kinetic tests. 
Accordingly, N2 was added to the H2 feed, the reactor was cooled down to 180°C, 
the syngas flow was fed to the catalyst, and the pressure was slowly raised to 20 
bar. The reactor temperature was then increased to 230°C in about 14 h and the N2 
in the feed was gradually removed. A time on stream (T.o.S) of 0 was assigned to 
the instant at which the unit reached the standard operating conditions.

Experimental conditions were varied in the following ranges: P = 8–25 bar, T = 
210–235°C, H2/CO feed molar ratio = 1.8–2.7, GHSV = 2,000–7,000 cm3(STP)/h/
gcat. In particular, forty-six steady-state runs were performed at twelve different 
process conditions, following the experimental plan reported in Table 16.1. Each 
experimental condition was replicated several times in order to verify the experi-
mental data reproducibility. Moreover, the standard point was replicated twelve 
times at different T.o.S. as an activity check. In order to describe the activity of 
the catalyst at steady-state conditions for both CO conversion and the product 
selectivity, all the tests selected for the kinetic modeling were performed at T.o.S. 
higher than 300 h. As shown in Figure 16.2a, the adopted catalyst is characterized 
by an initial decrease in activity that reaches a stable level only after about 300 h 
on stream. On the contrary, only slight changes are evident in the product selectiv-
ity as a function of time on stream after 200 h on stream, as shown in Figure 16.2b 
in terms of an Anderson-Schulz-Flory (ASF) diagram for a typical run. In fact, 
if one neglects the minor deviations observed for the data collected at 101 h, the 
data collected between 220 and 461 h on stream are almost superimposed.



298	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Product selectivity to the ith species ( Si ) reported in the following has been 
calculated according to Equation 16.1:
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where Fi
out  is the molar productivity of ith species, ni is the carbon atom number 

of the ith species, and NP is the number of the products formed in the process.

16.3 R esults and Discussion

16.3.1 � Effect of the Process Conditions on the 
Catalyst Activity and Selectivity

In order to allow the estimation of the kinetic parameters involved in the develop-
ment of a detailed FT kinetic model, the effects of operating conditions on both 

Table 16.1
Experimental Data Set

No.
T

(°C)
P

(bar)

H2/CO Inlet 
Ratio

(mol/mol)
GHSV

(cm3(STP)/h/gcat)

1 230 20 2.1 5,000

2 230 8 2.1 5,000

3 230 25 2.1 5,000

4 230 20 2.1 5,000

5 230 20 1.8 5,000

6 230 20 2.3 5,000

7 230 20 2.7 5,000

8 230 20 2.1 5,000

9 220 20 2.1 5,000

10 235 20 2.1 5,000

11 230 20 2.1 5,000

12 230 20 2.1 4,000

13 230 20 2.1 7,000

14 230 20 2.1 5,000

15 210 20 2.1 2,000

16 220 20 2.1 2,000
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CO conversion and product distribution were investigated. The experimental data 
used for the fitting were collected in two different long-term runs of the unit pre-
viously described, adopting a new batch of catalyst each time. The reproducibility 
of the results obtained in the two runs was checked by comparing the catalyst 
reactivity at standard conditions. A good agreement was found in terms of both 
CO conversion and product distribution (data not reported).
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Figure 16.2  (a) CO conversion and (b) hydrocarbon distribution (in terms of ASF plot) 
evolutions during the first hours on stream (T = 230°C, P = 20 bar, H2/CO feed molar ratio 
= 2.1, GHSV = 5,000cm3 (STP)/h/gcat).
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16.3.1.1  Pressure Effects
The effect of pressure on the FTS was studied, according to Table 13.1, at three 
different pressure levels (8, 20, and 25 bar), keeping constant the other operating 
conditions at the level of the standard test (T = 230°C, H2/CO inlet molar ratio = 
2.1, GHSV = 5,000 cm3 (STP)/h/gcat).

As shown in Figure 16.3a, the increase of the total pressure enhances slightly 
the CO conversion, from 25% at 8 bar to 29% at 25 bar. In contrast, the selectivity 
to the heaviest hydrocarbons (C25+) strongly increases upon increasing the pressure, 
while the selectivity to both methane and olefins decreases. The ASF distributions 
obtained at the three analyzed pressure levels are compared in Figure 16.3b. In 
agreement with selectivity data, the increase leads to a significant variation of the 
slope of the corresponding ASF plot. However, this effect seems to vanish above 
20 bar. The ASF product distributions obtained at the highest investigated pres-
sures are very similar, whereas the ASF plot corresponding to the test performed 
at 8 bar clearly deviates, especially for C25+ species.

The effects of pressure on process selectivity can be interpreted by considering 
the olefins reactivity during low-temperature FTS. At the typical reaction condi-
tions, a thin layer of liquid waxes surrounds the catalyst particles. As a result, 
reactants have to diffuse inside this layer before reaching the catalyst surface, 
while reaction products have to do the same in the opposite direction before being 
desorbed. It is well known that olefins, in contrast to paraffins, can be readsorbed 
on the catalyst active sites and can be reinserted in the chain growth process 
(forming heavier hydrocarbons) or can be hydrogenated to the corresponding par-
affins.12–14 The increase of pressure enhances the olefins solubility in the liquid 
phase surrounding the catalyst pellets, so it induces an increase of olefin readsorp-
tion probability (that is proportional to the concentration of olefins in the liquid 
phase surrounding the catalyst pellets). This clearly explains the increase of C25+ 
selectivity (due to the olefin reinsertion in the chain growth) and the decrease of 
olefins selectivity (due to their hydrogenation to paraffins). The observed pressure 
effects are well in agreement with literature data for cobalt-based catalysts.15–17 
For example, when working with a 15 wt% Co/Al2O3 catalyst promoted with a 
small amount (<1% wt%) of rhenium, Das et al.15 observed that CO conversion 
increases with pressure, and that this growth is greater at low pressures (CO con-
version at 8 atm = 23%, at 21 atm = 39%, at 35 atm = 47.5%), while Jacobs et al.16 
observed that increasing the total pressure increases heavy products selectivity.

16.3.1.2  Effects of Syngas Composition
The effect of syngas composition on FTS is shown in Figure 16.4a (CO conver-
sion and main reaction products selectivity) and 16.4b (ASF product distribution), 
at the investigated H2/CO inlet molar ratios (1.8, 2.1, 2.3, and 2.7).

The data plotted in Figure 16.4a clearly show that CO conversion increases 
linearly upon increasing the H2/CO inlet ratio. Methane selectivity also increases 
with the H2/CO ratio, but the effect is less pronounced. On the contrary, the selec-
tivity to both the heaviest hydrocarbons and olefins decreases upon increasing the 
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H2 content of the feed gas. As a consequence, the corresponding ASF distribu-
tions (Figure 16.4b) are strongly affected by the change in the H2/CO inlet molar 
ratio, so that an increase of the chain growth probability (corresponding to the 
exponential of the slope of the ASF diagram) is well evident as the H2/CO feed 
ratio decreases.

The observed H2/CO effect on CO conversion can be explained considering 
the strong CO adsorption ability on cobalt-based catalysts. At the typical FT pro-
cess conditions, in fact, it has been reported that the catalyst surface is almost 
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main reaction products and (b) on the hydrocarbon distribution (T = 230°C, H2/CO feed 
molar ratio = 2.1, GHSV = 5,000 cm3(STP)/h/gcat).
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entirely covered with adsorbed CO* (or the corresponding hydrogenated species 
CH2*). This inhibits the H2 dissociative adsorption, so that the global reaction 
rates (depending on the hydrogenation rate of the intermediate species, i.e., the 
carbide in the case of the unassisted CO dissociation theories and CO in the case 
of the H-assisted theories) are limited. By increasing the H2/CO inlet ratio, the 
lower CO partial pressure induces a lower concentration of adsorbed CO, so that 
more H2 can be adsorbed and dissociated, and the reaction rates of all hydrogena-
tion reactions increased.
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Figure 16.4  Effect of H2/CO inlet molar ratio (a) on both the CO conversion and the 
selectivity to the main reaction products and (b) on the hydrocarbon distribution (T = 
230°C, P = 20 bar, GHSV = 5,000 cm3(STP)/h/gcat).
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The observed H2/CO effects on product distribution can be taken into account 
by considering that high H2 concentration favors both chain termination and the 
methanation reaction (both hydrogenation reactions), thus resulting in a decrease 
of the chain growth probability together with a corresponding decrease of the 
high molecular weight products selectivity. Also, olefins are readily hydrogenated 
to the corresponding paraffin at high H2 feed content, and as a consequence, the 
olefin selectivity significantly decreases upon increasing the H2/CO ratio.

The observed effects of syngas composition on both the CO conversion and the 
product selectivity, again, are in agreement with data already reported.11,12,14,18,19 
For example, Schulz and Claeys18 observed that when increasing CO partial pres-
sure by decreasing the H2/CO inlet ratio, both the rate of CO consumption (and 
thus CO conversion) and the selectivity to methane decrease, while the selectivity 
to the heavier products increases.

16.3.1.3  Temperature Effects
CO conversion values and hydrocarbon selectivity measured during experi-
ments carried out at different temperatures (220, 230, and 235°C) are plot-
ted in Figure  16.5a. As apparent from this figure, in the analyzed interval, 
CO conversion strongly increases with temperature, while almost no effect 
on chain growth probability (i.e., on the selectivity to methane, C5+, and 
C25+) is observed. As a result, the ASF distributions in term of total hydro-
carbons obtained at different temperatures are almost perfectly superimposed 
(Figure  16.5b). By contrast, a well-defined effect is evident in Figure  16.5a 
concerning the selectivity to olefins. The fraction of unsaturated products sig-
nificantly decreases upon increasing the reaction temperature. This observa-
tion, along with the indication that the hydrogenation reaction of the olefins to 
the corresponding paraffins is very far from chemical equilibrium at the actual 
process conditions, indicates that olefins hydrogenation reaction is kinetically 
limited during FTS.

These results are in agreement with the literature results, especially with data 
concerning temperature effects on CO conversion.12,16,19,20 In case of temperature 
effect on product distribution, there are many studies that, in apparent disagree-
ment with what is presented here, report an increase of selectivity to the lighter 
products with increasing temperature. These data, however, are compatible with 
our results if one considers the narrow temperature interval (220–235°C) inves-
tigated in this study.

16.3.1.4  Syngas Space Velocity Effects
Finally, the effect of gas hourly space velocity was investigated in the range of 
4,000 to 7,000 cm3(STP)/h/gcat, while keeping constant the other operating condi-
tions at the standard level (T = 230°C, P = 20 bar, H2/CO inlet molar ratio = 2.1). 
Since the amount of catalyst loaded in the reactor was kept constant during all 
experiments, the GHSV was changed by varying the syngas flow rate. Tests with a 
space velocity of 2,000 cm3(STP)/h/gcat were also performed (see Table 16.1), but 
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in order to limit CO conversion, they were carried out at a temperature of 210°C. 
For this reason, these data cannot be considered here for studying GHSV effects 
on catalyst performance; instead, these data have been adopted for the estimation 
of kinetic parameters used in developing the proposed model.

The results of the experiments, in terms of both CO conversion and light 
hydrocarbons selectivity, are shown in Figure 16.6a. As expected, CO conversion 
strongly decreases upon increasing space velocity. Moreover, a slight increase of 
methane selectivity is also observed, while selectivity to C5+, C25+, and olefinic 
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products slightly increases upon increasing the space velocity. The effects of 
space velocity (in the investigated range) are, however, very small, so that no 
significant differences are apparent in ASF plots (Figure 16.6b).

Other authors have studied the effect of the gas space velocity, and their 
results are in agreement with those reported in this work concerning the effect 
of space velocity on CO conversion.13,15 In contrast, it is difficult to make a 
comparison between literature and our GHSV effects on product distribution. 
As reported by van der Laan and Beenackers,14 in fact, the effect of the space 
velocity on product distribution is complex and often controversial, so that 
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contrasting results can be found in literature. For this reason, more detailed 
studies concerning space velocity effect on FTS are currently under develop-
ment in our labs.

16.3.2  Development of a Detailed Kinetic Model

16.3.2.1  The Reaction Scheme
Although great efforts have been devoted to elucidate the FT reaction mecha-
nism, there are still many controversies on this point, and many theories have 
been proposed in the literature in recent years.21

On the basis of the nature of CO adsorption and of the nature of chain initiator 
intermediates, popular mechanistic proposals include the carbide mechanism,1,2 
wherein CO adsorbs dissociatively and the carbide (C*) is the chain initiator 
intermediate, and the enolic mechanism,3 involving molecular adsorption of CO 
and the formation of an oxygen intermediate, the enol (HC*OH).

Depending on the nature of surface chain growth species, on the other hand, 
one is confronted mainly with the alkyl mechanism,6 based on the insertion of a 
methylene species (*CH2) into the metal-alkyl bond, or with the alkenyl mecha-
nism,2 wherein a surface vinyl species (*CH=CH2) reacts with a surface methyl-
ene (*CH2) to form an allyl species (*CH2CH=CH2).

However, many other proposals have been published slightly modifying the 
original mechanisms described above. For example, Inderwildi et al.4 and Ojeda 
et al.5 recently proposed a modification of the alkyl theory in which the interme-
diate *CH2 is formed through the so-called H-assisted CO dissociation mecha-
nism as an alternative to the classical unassisted CO dissociation.

In the present work the unassisted CO dissociation version of the carbide the-
ory has been adopted to describe CO conversion, while the alkyl mechanism has 
been adopted for describing the chain growth process. Accordingly, as proposed 
in our previous work,10 the FT reaction pattern has been detailed as follows:

	 H2 + 2* � 2H*    KeqH2 = ϑH*
2·PH2

–1·ϑ−2	 (16.2)

	 CO + * � CO*    KeqCO= ϑCO*·PCO
–1·ϑ−1	 (16.3)

	

CO* + * C* + O*

C* + H* CH* + *

CH* + H* CH2

→
→
→ ** + *

O* + H* OH* + *

OH* + H* H O + 2*2

→
→











r = k · ·M M CO*ϑ ϑ

	 (16.4a–e)

	 CH2* + H* → CH3* + *    rIN = kIN·ϑCH2*·ϑH*	 (16.5)
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	 Rn* + CH2* → Rn+1* + *    rG,n = kG·ϑRn*·ϑCH2*    n: 1→49	 (16.6)

	 CH3* + H* → CH4 + 2*    rCH4 = kCH4·ϑCH3*·ϑH*	 (16.7)

	 Rn* + H* → Pn + 2*    rP,n = kP·ϑRn*·ϑH*    n: 2→48	 (16.8)

	 C2H5* � C2H4 + H*    rO,2 = kO,dx·ϑC2H5* − kC2H4·xC2H4·ϑH*	 (16.9)

	 Rn* � On + H*    rO,n = kO,dx·ϑRn* − kO,sx·xOn·ϑH*    n: 3→49	 (16.10)

where Pn and On are the generic linear paraffin and α-olefin with n carbon atoms, 
respectively; Rn* is the generic linear growing adsorbed hydrocarbon species 
(with the generic formula *CH2(CH2)n–1H, with n = 1→49); ϑ is the fraction of 
free catalytic sites; ϑi is the fraction of the catalytic sites occupied by species 
i; and xOn is the molar fraction of the α-olefin with n carbon atoms in the liq-
uid phase surrounding the catalyst pellets. The last is evaluated by means of an 
explicit correlation, expressing the xOn dependence on temperature, number of 
carbon atoms, and partial pressure of the corresponding olefin in the gas phase, 
obtained on the basis of a priori vapor-liquid equilibrium calculations using the 
Soave-Redlich-Kwong cubic equation of state. This introduces an implicit depen-
dence of the chain growth probability on the chain length, resulting from higher 
solubilities of olefins with higher carbon atom numbers.

In the proposed mechanism, H2 adsorbs reversibly on two different free cata-
lytic sites (*) in the dissociated state (Equation 16.2), while CO is first adsorbed 
reversibly in the molecular state (Equation 16.3) and then dissociates (Equation 
16.4a). Also, the formation of the monomeric species CH2* (in accordance with 
the carbide theory) was assumed to occur via two steps in series, that is, the 
reaction between the carbide and the surface hydrogen to form the species CH* 
(Equation 16.4b), and the reaction between this species and the surface hydrogen 
to form the monomer CH2* (Equation 16.4c). The oxygen formed from CO* dis-
sociation (Equation 16.4a), instead, is removed as water in two steps (Equations 
16.4d and 16.4e) involving the intermediate OH*. Concerning the chain growth 
mechanism, the alkyl mechanism has been adopted; i.e., we assumed that the 
reaction is initiated by the formation of a methyl species (Equation 16.5) and that 
the chain growth takes place by the successive insertion of methylene into the 
active site–alkyl bond (Equation 16.6). Termination of the chain growth has been 
described as the result of two different routes: a dual-site reaction between the 
intermediate Rn* and an adsorbed hydrogen atom (Equations 16.7 and 16.8) for 
n-paraffins formation, or a reversible β-hydride elimination reaction (Equations 
16.9 and 16.10) for α-olefins synthesis.

16.3.2.2  The Kinetic Model
An elementary rate law or an equilibrium constant was assigned to each step 
involved in the detailed reaction mechanism of FTS. Both the H2 dissociative 
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adsorption and CO molecular adsorption were assumed to approach equilibrium 
at the actual process conditions. For this reason, an equilibrium constant was 
assigned to Equations 16.2 and 16.3. In contrast, for Equations 16.4a to 16.4e, we 
assumed that CO* dissociation is rate determining in the sequence of consecu-
tive, nonreversible, and kinetically controlled steps that lead to the formation of 
methylene species and water. Accordingly, the overall rate of all such steps was 
described by the rate expression for CO dissociation. It was also assumed that the 
rate constants describing the elementary steps for the growth of the adsorbed spe-
cies Rn* (Equation 16.6), the formation of the paraffins C2+ (Equation 16.8), and 
the formation of the olefins C3+ (Equation 16.10) are independent of the carbon 
atom number of the intermediates involved in the elementary reactions. In order 
to describe the experimental deviation of methane and ethylene from ASF prod-
uct distribution, specificity was assumed in the kinetic constants involved in the 
kinetic expressions for the formation of these species (Equations 16.7 and 16.9), 
extending the approach used by Wang et al.22 for methane formation on an iron-
based FT catalyst.

These assumptions are partially different from those introduced in our previ-
ous model.10 In that work, in fact, in order to simplify the kinetic description, 
we assumed that all the steps involved in the formation of both the chain growth 
monomer CH2* and water (i.e., Equations 16.3 and 16.4a to 16.4e) were a series 
of irreversible and consecutive steps. Under this assumption, it was possible to 
describe the rate of the overall CO conversion process by means of a single rate 
equation. Nevertheless, from a physical point of view, this hypothesis implies that 
the surface concentration of the molecular adsorbed CO* is nil, with the rate of 
formation of this species equal to the rate of consumption. However, recent in 
situ Fourier transform infrared (FT-IR) studies carried out on the same catalyst 
adopted in this work, at the typical reaction temperature and in an atmosphere 
composed by H2 and CO, revealed the presence of a significant amount of molecu-
lar CO adsorbed on the catalysts surface.17 For these reasons, in the present work, 
the hypothesis of the irreversible molecular CO adsorption has been removed.

Hydrogen adsorption was also described as irreversible in our previous mecha-
nism,10 and an empirical kinetic law was used to describe the rate of this step. 
However, a deeper analysis of literature data revealed that this step is likely in 
equilibrium, too. On the basis of this evidence, the previously developed model 
has been modified in this work in order to improve the physical consistency of the 
proposed mechanism.

On the basis of the experimental observation that the reaction temperature, in 
the investigated range (210–235°C), affects CO conversion and the olefin/paraf-
fin ratio (due to the enhancing of the kinetically controlled hydrogenation reac-
tions; see Section 16.3.1), but not the chain growth probability, we introduced in 
the model activation energies for Equations 16.4, 16.7, and 16.8, while the chain 
growth step (Equation 16.6) was regarded as nonactivated. In this way, CO and H2 
heats of adsorption were lumped in the activation energy calculated for Equations 
16.4, 16.7, and 16.8.
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Also, concerning the effect of the temperature on the reaction rates, different 
assumptions were made here with respect to our previous work.10 In that case, 
only the hydrogen and CO adsorption were regarded as activated steps, in order 
to describe the strong temperature effect on CO conversion. In contrast, due to 
the insensitivity of the ASF product distribution to temperature variations (see 
Section 16.3.1), other steps involved in the mechanism were considered as non-
activated. In the present work, however, this simplification was removed in order 
to take into account the temperature effect on the olefin/paraffin ratio. For this 
reason, Equations 16.7 and 16.8 were considered as activated.

16.3.2.3  The Reactor Model
The reactor model adopted for describing the lab-scale experimental setup is an 
isothermal homogeneous plug-flow model. It is composed of 2NP + 2 ordinary 
differential equations of the type of Equation 16.11 with the initial condition of 
Equation 16.12, NP + 3 algebraic equations of the type of Equation 16.13, and the 
catalytic sites balance (Equation 16.14):

	
dF

dW
ri

cat
i,k

k 1

NR

k= ⋅
=

∑α 	 (16.11)

	 W 0cat = F Fi i,0= 	 (16.12)

	 0 rj,k

k 1
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k= ⋅
=

∑α 	 (16.13)

	 1
H CO CH R

n 1
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* *
2
*

n
*= + + + +

=

∑θ θ θ θ θ 	 (16.14)

where Fi and Fi,0 are the molar flows of the generic species i (i = CO, H2, H2O, 
CH4, Pn, C2H4, On) along the reactor axis and at the reactor inlet, respectively; Wcat 
is the catalyst mass; αi,k and αj,k are the stoichiometric coefficients for the ith and 
jth ( j = H*, CO*, CH2*, Rn* n:1→NP) species, respectively, in the kth reaction; rk 
is the rate of the kth reaction; and NR is the number of the elementary steps (or 
group of elementary steps if described with the same rate expression) involved in 
the process.

16.3.2.4 O ptimization Method
The adaptive parameters in the model were estimated by nonlinear and multi-
response regression, performed using the Fortran subroutine BURENL23 based 
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on the least-squares method. The algebraic-differential system constituted by 
Equations 16.11, 16.13, and 16.14 was integrated numerically with the Fortran 
subroutine LSODI,24 which allows us to solve stiff problems using Gear’s implicit 
integration method with variable step.

In order to obtain the best fit of the forty-six experimental data sets consid-
ered, we adopted thirteen adaptive parameters. The regression was performed 
using as experimental responses the CO conversion and the CH4, C2H4, C2H6, 
C3H6, C3H8, C6H12, C6H14, C10H20, C10H22, C12H26, C15H32, C20H42, C25H52, C30H62, 
C35H72, C45H92, C5+, and olefins selectivity. Extradiagonal terms in the correlation 
matrix were lower than 0.9 in over 80% of the cases.

16.3.2.5  Model Fit
The parity plot in Figure 16.7 shows the ability of the model to estimate the CO 
conversion at all investigated conditions. The model can satisfactorily predict all 
the collected experimental data. The average relative error is in fact 9.5%, a sat-
isfactory value that is better than those reported for other FT complete kinetic 
models by Yang et al.25 in terms of CO conversion and by Teng et al.26 in terms 
of syngas consumption rate, and is significantly lower than that obtained in our 
previous work.10 Figure 16.8 shows in addition that the developed model is able 
to correctly describe the effect of the process conditions on CO conversion, that 
is, the increase of catalyst activity upon increasing pressure, temperature, and H2/
CO inlet ratio, and upon decreasing space velocity. In the case of the effect of the 
H2/CO ratio, the model tends to underestimate the catalyst activity at high hydro-
gen content and to overestimate it at high CO partial pressures. A deeper analysis 
of the experimental and calculated data is presently under development in order 
to improve the fit quality.

In terms of ASF product distribution, Figure 16.9 shows, e.g., one typical 
model fit at the standard conditions in terms of n-paraffins, α-olefins, and total 
hydrocarbons. The model satisfactorily describes the products selectivity and 
also accounts for the typical deviations of the product distribution from the 
ASF model, namely, the high methane selectivity, the low selectivity to eth-
ylene, and the change of the ASF slope with growing carbon atoms number. 
This last feature is accounted for by the model due to the adopted dependence 
on the carbon atoms number of the vapor-liquid equilibrium involving olefins 
in the liquid surrounding the catalyst pellets. In contrast, the anomalous high 
selectivity of the reaction to methane and the low selectivity to ethylene are 
correctly described by the model thanks to the introduction of two specific rate 
parameters for the reactions involving the formation of these two species (see 
Section 16.3.2.1).

Notably, with a single set of rate parameter estimates, the present model can 
also correctly describe the effects of all the investigated process conditions on 
product distribution. Figure  16.10 compares experimental and calculated ASF 
product distributions in five of the investigated process conditions. It is worth 
noticing also that the model predicts the hydrocarbons selectivity up to n = 49, 
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Figure 16.7  Parity plot for calculated and experimental CO conversion.
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Figure 16.8  Model fits of the process condition effects on the CO conversion.
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a range of product distribution that is wide if compared to those found in other 
literature works.

Inspection of the calculated surface coverage of the intermediate species 
finally reveals that the surface concentration of the species Rn* is typically of the 
same order of magnitude as that of CH2*, i.e., the C1 species associated with CO 
adsorption/conversion. This implies that the coverage of catalytic sites by the syn-
thesis products has a significant influence on CO conversion rate, which conflicts 
with the traditional approach of developing separate models for CO conversion 
and products distribution.

16.4  Conclusion

A complete kinetic model of FTS over a state-of-the-art Co catalyst has been derived 
on the basis of the carbide theory and of CH2 insertion alkyl mechanism.
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The adoption of new hypotheses for the reactants adsorption, the removal of all 
the empiric laws and parameters, and a reevaluation of the temperature effect on 
product distribution have allowed us to obtain significant improvements with respect 
to our previous work,10 in terms of both fitting ability and model consistency.

For the range of industrially relevant conditions, the developed model 
could accurately predict both the observed CO conversion and the products 
distribution up to n = 49, in terms of total hydrocarbons, n-paraffins, and 
α-olefins. In particular, using thirteen adaptive parameters, the model is able 
to describe the typical deviations of the product distribution from the ASF 
model, i.e., the methane high selectivity, the low selectivity to C2 species, 
and the change of the slope of the ASF plot with growing carbon number. 
Accordingly, the present model can be applied to identify optimized process 
conditions that are suitable to grant the desired conversion with the requested 
products distribution.
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17 Reduction of CO2 
Emissions from 
CTL Processes
Use of a Novel 
FT-Based Chemistry

Diane Hildebrandt, David 
Glasser, and Bilal Patel

Coal is the main energy reserve for many countries. In order to ensure energy 
security, many of these countries are looking at implementing large-scale coal-to-
liquid (CTL) plants. Current CTL Fischer-Tropsch (FT)-based processes at best 
have a carbon efficiency near 45%; that is, less than half the carbon that is fed 
to the process ends up as hydrocarbon fuels. This has large implications for the 
environment, in that more than half of the carbon in the feed to the CTL ends up 
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as CO2. Thus, there is potentially a very serious global environmental problem 
when these CTL-based processes come on line.

In this paper we look at a novel chemical route that theoretically shows signifi-
cantly improved carbon utilization in a CTL process. We look at the target CO2 
emissions and thus the potential for reduction of CO2 emissions from such a CTL 
process. We also look at the implications for the FT chemistry and the opportuni-
ties and potential problems for implementing this chemistry.

17.1  Introduction

The use of coal as a feedstock and energy source has become more attractive 
in recent years, particularly in countries where there are little oil reserves or 
oil or gas is expensive (e.g., China, India, South Africa, and Australia). There 
is therefore a need for technologies that utilize coal in an efficient and environ-
mentally friendly manner. In this regard, a coal-to-liquid (CTL) process based on 
Fischer-Tropsch (FT) synthesis is a potential technology to utilize coal reserves in 
order to achieve energy independence and security. A major challenge facing this 
technology is the environmental impact, in particular, the carbon dioxide emis-
sions, associated with the process.

The Centre of Material and Process Synthesis (COMPS) has embarked on 
quantifying the efficiency of processes by setting targets for the process, espe-
cially in the very early stages of the design process. Once the target of a process 
is quantified, the potential for material and energy saving can be identified and 
inefficiencies in the processes can be identified and eradicated or reduced.

This manuscript will look at the targets for CTL processes, especially in terms 
of carbon dioxide emissions, with the aim of identifying the major sources of 
emissions and ways in which these can be reduced.

17.2  Finding Targets for Processes: The Approach

A major focus is to develop tools that permit the rapid evaluation, conceptualiza-
tion, and design of new processes. The purpose of these tools is to gain insight into 
the process and recognize opportunities for improvement in terms of profitability, 
mass and energy efficiency, and environmental impact. These tools are most use-
ful in the earliest stage of the design process, where minimum process informa-
tion is available. The decisions taken in the early stage of the design process or the 
conceptual phase is of vital importance, as the economics of the process is usually 
set at this stage. Biegler et al. (1997) estimates that the decisions made during the 
conceptual design phase fix about 80% of the total cost of the process. Once the 
process structure has been fixed, only minor cost improvements can be achieved. 
Thus, the success of the process is largely determined by the conceptual design. 
Therefore, it is imperative that systematic and comprehensive conceptual design 
tools be developed.

Instead of focusing on unit operations, we characterize chemical processes 
by flows of mass, heat, and work (Patel et al., 2005). The flow of mass is usually 
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subjected to the conservation law, i.e., a mass balance. The flow of energy (heat 
and work) is subjected to both the first and second laws of thermodynamics. The 
first law describes the conservation of energy, while the second law is used to 
describe the magnitude of the loss work or irreversibility of the process, thus giv-
ing an indication of where designers need to concentrate their efforts to improve 
the performance of the process. Therefore, we believe, by analyzing the flows of 
these three variables (mass, heat, and work) in a process from the early stages to 
the flow-sheet development stage, one can gain insights into the process, under-
stand the implications of particular design decisions, and develop strategies for 
improving processes with regard to these three variables. Poor decisions at the 
flow-sheet generation stage and inefficiencies in general manifest themselves as 
extra carbon dioxide production. This approach thus provides a method to choose 
between different flow sheets at the earliest stage of plant design or as a method 
to look at upgrading current flow sheets. These three variables also provide tar-
gets for the process, which are based on the overall process, as it considers only 
the inputs and outputs from the process; i.e., it is independent of the structure 
of the process or the flow sheet. Ways of calculating the minimum amount of 
mass inputs or outputs (for example, zero CO2 emissions), minimum amount of 
energy (or maximum amount of energy produced), and minimum work required 
(or maximum work produced) can be determined.

17.3 A n Initial Look at the CTL Process

17.3.1  Mass, Energy, and Entropy Analysis

17.3.1.1  Overall Mass Balance
If one considers the overall CTL process, considering the input to and outputs 
from the process, the overall mass balance for the system can be written as 
follows:

	 3/2C+ H2O = –CH2– + 1/2CO2	 (17.1)

It is clear from the mass balance that CO2 is inevitably produced and that for 
every mole of product, half a mole of CO2 must be produced. In terms of a carbon 
efficiency (defined as the amount of carbon that ends up in product), this means 
a 67% carbon efficiency. This is simply the result of the wrong ratio of the atoms 
(C and H) in the feedstock.

For comparison, consider a methane feed. A possible mass balance could be 
as follows:

	 0.75CH4 + 0.25CO2 = –CH2– + 0.5H2O	 (17.2)

If methane is used as a feedstock, it is apparent that, in this case, the possi-
bility exists that carbon dioxide can be used as feedstock and that water can be 
produced as by-product. Since methane is rich in hydrogen (whereas coal is not), 
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it appears that methane is the cleaner raw material, and also it applies that there 
should be certain opportunities in terms of combining a coal- and natural gas–
based process (Patel et al., 2007a and b).

Thus, by considering the overall mass balance, i.e., looking at the inputs and 
outputs of the process, one can gain many insights into a process and also identify 
opportunities for CO2 emissions reduction and enhancing feedstock utilization.

17.3.1.2  Overall Energy Balance
The energy balance is useful in providing one with information regarding the 
quantity of energy required or produced by the process. By performing an energy 
balance over the entire process, one can determine the energy flows into and out 
of the process.

Consider the process given by Equation 17.1. Assume initially that the inputs 
enter and outputs leave the process as pure components at temperature To (298.15 
K) and pressure Po (1 atm).

The energy aspects can be considered in terms of the enthalpy change of the 
process, ∆H to produce 1 mole of product. The energy balance for the process is 
as follows, assuming all the energy is initially provided by heat:

	 ∆H =Q

The enthalpy change, ∆H, can be calculated for a steady-state process, using 
Ho

f, which is the enthalpy of formation of the various output and input compo-
nents. Under the assumption that the inputs and outputs are at ambient conditions, 
the enthalpy of the components corresponds to the standard enthalpy of formation 
of each component. The kinetic and potential energy terms are neglected from the 
energy balance. It is also assumed that water enters the process as a liquid and 
hydrocarbon products leave the process as a liquid. All other components are in 
the gas phase.

The enthalpy change for Equations 17.1 (CTL process) and 17.2 (gas-to-liquid 
(GTL) process) are given in Table 17.1.

The CTL process, as described by Equation 17.1, required approximately 58 
kJ/mol of energy, whereas the process based on a methane feed, described by 
Equation 17.2, produces approximately 20 kJ/mol of energy. The energy required 
by the CTL process can be supplied by combusting a further quantity of coal 
(considered as C). This will also mean a further production of carbon dioxide. 

Table 17.1
Energy Requirements for CTL Process

Process
∆Hprocess 
(kJ/mol)

3/2C+ H2O = –CH2– + 1/2CO2 57.8

0.75CH4 + 0.25CO2 = –CH2– + 0.5H2O –19.67
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Taking the energy requirements into account results in a reduction of the carbon 
efficiency for the CTL process from 67% to 60%.

17.3.1.3  Overall Work Balance
It can be shown that the maximum theoretical work produced (or minimum work 
required) for a process is related to the change in Gibbs energy of the process, 
assuming again the inputs and outputs of the process are pure components at 
standard conditions (Denbigh, 1956; De Nevers and Seader, 1980).

The Gibbs energy change for a process can be calculated using Go
f as the 

Gibbs energy of formation of the outputs and inputs. Under the assumption that 
the inputs and outputs are at ambient conditions, the Gibbs energy of the compo-
nents corresponds to the standard Gibbs energy of formation of each component.

The Gibbs energy change for Equations 17.1 (CTL process) and 17.2 (GTL 
process) are given in Table 17.2.

The CTL process as described by Equation 17.1 requires approximately 41 kJ/
mol of work to be input into the process, while the process described by Equation 
17.2 requires approximately 19 kJ/mol of work to be input.

Work can be supplied in various ways, for example, via high-temperature heat 
or compression. This aspect will be discussed later in this manuscript.

17.4 T argets for CTL Processes

17.4.1  Overall Target for CTL

The overall coal-to-liquid fuels process can be described as follows:

	 a Coal (C) + b Water (H2O) + c Oxygen (O2) → Hydrocarbons 
	 (–CH2–) + d Carbon Dioxide (CO2)	 (17.3)

The inputs considered are coal, water, and oxygen. Hydrocarbons and carbon 
dioxide are considered as products. The variables a, b, c, and d represent the 
amounts of the various components required/produced. Figure 17.1 shows a sche-
matic of the process that is being considered.

Initially it is assumed that coal is pure carbon, although coal usually contains 
other elements, such as hydrogen and nitrogen. It is also assumed that 1 mol of 
hydrocarbons is being produced.

Table 17.2
Change in the Gibbs Energy for CTL Process

Process
∆Gprocess 
(kJ/mol)

3/2C+ H2O = –CH2– + 1/2CO2 40.7

0.75CH4 + 0.25CO2 = –CH2– + 0.5H2O 18.8
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Note that we are considering the overall process, beginning from coal and 
ending with hydrocarbons, thus setting a target for the entire process and not for 
specific units in the process.

There are three main species in the process: carbon, hydrogen, and oxygen. We 
thus can write a balance for each species as follows:

	 Carbon constraint: a = 1 + d	 (17.4i)

	 Hydrogen constraint: 2b = 2	 (17.4ii)

	 Oxygen constraint: b + 2c = 2d	 (17.4iii)

From the above species constraints (Equations 17.4i to 17.4iii), we also notice 
that we have four unknown variables, and that the constraints provide us with 
only three equations; we therefore have one degree of freedom in our process. 
This allows us to evaluate various options for the process. From the above equal-
ity constraints (Equations 17.4i to 17.4iii), we also note that the amount of water is 
fixed simply by the species balance, and that these species (constraints) relation-
ships are linear.

In order to evaluate various options, one can now consider energy requirements 
(in terms of enthalpy and Gibbs energy). It has been shown that CTL processes 
are limited by enthalpy change of the process (Patel et al., 2007b). If we consider 
the process where ∆H = 0, the overall balance is given by (in terms of moles)

	 1.647C + H2O + 0.147O2 � CH2– + 0.647CO2	 (17.5)

Because of the nature of the feedstock to the CTL process, CO2 production is 
inevitable. We notice from the above mass balance that the minimum amount of 
CO2 that we produce is 0.647 mol per mol –CH2– produced (or 2.03 tons per ton 
–CH2– produced).

The change in Gibbs energy for this process (Equation 17.5) is ∆G = –27.78 kJ/
mol. This process has a negative ∆G, meaning that the process is thermodynami-
cally possible and can be a work producer.

This process is the idealized process mass balance, representing the process 
with the highest carbon efficiency and lowest possible CO2 emissions. The process 
may consist of various subsystems (reactions, phase change, etc.). Achieving this 

Process

Coal (C)
Hydrocarbons (CH2)

Carbon dioxide (CO2)
Water (H2O)

Oxygen (O2)

Figure 17.1  Schematic representation of an overall CTL process.
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target may require mass, heat, and work integration of the various subsystems, 
which has been dealt with in previous publications (Patel et al., 2007a).

Figure 17.2 compares the carbon dioxide emissions from an idealized process 
to the carbon dioxide emissions from current processes. Current processes pro-
duce approximately 9 tons of CO2 per ton of product. For example, an 80,000 
bbl/d plant will produce approximately 30 million tons of CO2 per annum. The 
target is about 2 tons per ton of product.

It is clear that current processes produce 7 tons of carbon dioxide per ton 
of product more than the idealized target. This suggests that there is room for 
improvement in terms of reducing the carbon dioxide emissions of the process.

A major reason for the difference between the target and current technology is 
the chemistry chosen and the way the flow sheet is put together. At present, CTL 
processes produce syngas (CO and H2) as an intermediate by gasification of coal, 
and then convert the syngas into hydrocarbons by the Fischer-Tropsch process. 
The target for this route can also be calculated.

17.4.2  Target for Two-Step Process

The idealized target for a two-stage process based on current processes can be 
determined. First, coal is gasified to produce syngas in a two: one ratio (H2 and CO), 
and second, the syngas is converted to hydrocarbons (Fischer-Tropsch synthesis):

	 a C +b H2O + c O2 → CO + 2H2 + d CO2 → –CH2– + H2O + d CO2

Again, we have mass balance relationships that provide three equations (C, H, O 
balance) and one free variable.

The first step, the gasification step, can be made thermally neutral by setting a 
target of ∆H = 0. The second step, the synthesis step, is exothermic and therefore 
produces heat. We can now solve for a, b, c, and d.
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Figure 17.2  Comparison of the carbon dioxide emissions from an idealized CTL pro-
cess and current CTL processes.
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The process is given as

	 2.17C + 2H2O + 0.67O2 → CO + 2H2 + 1.17CO2 → –CH2– + H2O + 1.17CO2

∆H = 0

Therefore, the minimum amount of CO2 that can be produced from such a process 
is 3.7 tons per ton of –CH2– produced, as shown in Figure 17.2. Thus, by choosing 
this route, the target in terms of CO2 emissions is increased from 2 tons per ton 
product to 3.7 tons per ton product.

17.5 S upplying Work to a Process

A major way of supplying work to a process is by setting the temperature of the 
heat that is added to the process. It is known from the thermodynamic study of 
Carnot engines that heat at high temperature has the ability to do work, and the 
quality or the work potential depends on its temperature. Thus, when we add heat 
to a process we are equivalently adding a certain amount of work to the process 
that we could access if the process is designed for reversibility.

	 ∆ ∆G H
T

Tprocess process
o

Carnot

= −








1 	 (17.6)

In order for a process to be reversible, the temperature, TCarnot, of the heat 
that we add to the process must satisfy the above equation (Patel et al., 2005) as 
∆Gprocess (minimum work load) and ∆Hprocess (minimum heat load) are fixed.

17.5.1  Supplying Work by Staging Processes

Consider staging the CTL process, i.e., producing synthesis gas (CO and 
H2) and then converting the syngas into liquid. Work is added to the process 
since in this case the process itself becomes a Carnot engine, as shown in 
Figure 17.3.

The two-stage process has Gibbs energies and enthalpies that allow much of the 
work to come in and out of the process as heat, i.e., via Carnot engines.

The mass balances for the two stages are as follows:

	 Stage 1: Gasification: 3/2C + 2H2O =CO + 2H2 + 1/2CO2

	 Stage 2: Synthesis: CO + 2H2 = –CH2– + H2O

The enthalpy change and Gibbs energy of these two stages are given in 
Table 17.3.
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Both the enthalpy change and Gibbs energy change for stage 1 (gasification 
stage) are positive, which means that both heat and work are required for stage 1. 
What is very important, however, is that in the first stage the ∆G is less than the 
∆H, implying that the heat and work requirements can potentially be matched 
according to Equation 17.6.

In terms of stage 2, both the enthalpy change and Gibbs energy are negative, 
implying that both heat and work need to be removed from the process. Again, 
the absolute ∆G is less than the ∆H, implying that the heat and work requirements 
can potentially be matched.

The Carnot temperatures of the first stage of the processes (gasification stage) 
correspond to a high-temperature process, whereas the second stage Carnot tem-
peratures (synthesis stage) are lower.

Running each of the processes at their reversible temperature has certain 
advantages. A schematic diagram of workflows when running at the reversible 
temperature is shown in Figure 17.4. It must be remembered that the overall pro-
cess is endothermic and requires work to be input. The work and heat input into 
the reformer are greater than those required by the overall process in all three 
cases. Thus, work and heat must be rejected in the second stage. When the second 
stage is run at its reversible temperature, then the heat that is rejected by the sec-
ond stage carries the correct amount of work with it.

Let us first consider the implications of not operating the gasification stage at 
the Carnot temperature, TCarnot,1. Usually the gasification stage is run at tempera-
tures (T > 600°C) much higher than TCarnot

Heat in at high
temperature carries
work with it

Heat rejected at
low temperature
carries work out

FT SynthesisGasificationTo, Po To, Po

CH2
H2O H2

COC

Figure 17.3  Carnot engine representation of the CTL process.

Table 17.3
Enthalpy Change and Gibbs Energy for a Two-Stage 
CTL Process

∆Hprocess  

kJ/mol
∆Gprocess  

kJ/mol

TCarnot  

[K]

Gasification 264 140 635

Synthesis –207 –99 571
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If the gasification stage operated above its Carnot temperature (i.e., T1 > TCarnot; 
see Figure 17.5), this would imply that the heat added to the gasification stage 
carried more than the required work with it. This excess work would need to be 
rejected from the reformers, and if the excess work was not recovered, it would 
lead to irreversibility of the process and, hence, losses and higher carbon dioxide 
emissions.

Similarly, if the synthesis stage operates below its Carnot temperature (i.e., T2 
< TCarnot,2), this means that insufficient work is rejected from the synthesis stage. 
Unless the excess work is recovered, it will be lost as irreversibilities, which is 
again not a desired outcome, as this again leads to higher carbon dioxide emissions. 

Actual work input
by heat flow if
T1>TCarnot,1

∆Gstage 1

Quantity of
work lost
from stage 1

Figure 17.5  Schematic representation of the workflows for stage 1. The length of the 
arrow is proportional to the quantity of work, and the direction indicates where the work 
is added or rejected.

∆Gprocess ∆Gstage 1 ∆Gstage 2

Figure 17.4  Schematic representation of the workflows in the overall process and 
stages 1 and 2. The length of the arrow is proportional to the quantity of work, and the 
direction indicates where the work is added or rejected.
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The synthesis stage usually operates at lower temperatures (200–260°C, depend-
ing on the catalyst used) than TCarnot.

Table 17.4 shows the actual work carried by the two stages when they operate 
at temperatures other than the Carnot temperature, as well as the work lost due 
to these operating temperatures. Usually the synthesis section is operated at high 
pressure (30 bar), which will also contribute to the lost work. In total, the lost 
work amounts to 112 kJ/mol.

17.6 �R educing the Lost Work by Use 
of a Novel Chemistry

It is apparent from the above discussion that to reduce the lost work in a CTL 
process, one would require that ∆Gstage1 for the first stage is not too much larger 
than ∆Gprocess, and one would also want to operate near the Carnot temperature of 
the processes.

A novel chemistry that satisfies these criteria is as follows and has been pat-
ented (Hildebrandt et al., 2007):

	 Stage 1: 3/2C + 3H2O = 3/2CO2 + 3H2

	 Stage 2: CO2 + 3H2 = –CH2– + 2H2O

The thermodynamic variables as well as the lost work associated with this 
process are given in Table 17.5.

It is clear from Table 17.5 that in terms of the gasification stage, both enthalpy 
and Gibbs energy values are significantly smaller than those of the conventional 
CTL route. The lost work associated with this first stage is also comparatively 
smaller. In terms of the synthesis section, we note that it operates close to its 
Carnot temperature (TCarnot = 480 K), and thus the lost work from this process is 
reduced significantly. Overall, the lost work amounts to 19 kJ/mol, as compared 
to the 112 kJ/mol for the conventional route.

Table 17.4
Lost Work Associated with Two-Stage CTL Processes

∆Hprocess 

kJ/mol
∆Gprocess 

kJ/mol

Actual Work 
Associated 
with Heat 

kJ/mol
Lost Work 

kJ/mol

Gasification (1,500 K) 264 140 212 72

Synthesis (500 K) –207 –99 –83 15

Work to compress synthesis loop to 30 bar 25

112 (Total) 



328	 Advances in Fischer-Tropsch Synthesis, Catalysts, and Catalysis

Figure 17.6 shows a comparison of the two CTL processes in terms of carbon 
efficiency and lost work. It is clear the newly developed process has the advantage 
of being more efficient, producing less carbon dioxide, and also less lost work.

17.7  Conclusion

The Fischer-Tropsch process has recently received renewed attention due to the 
increasing demand and rising costs of fuels. Fischer-Tropsch processes are either 
coal based or methane based. Coal-based processes face serious issues in terms 
of the increasing regulations regarding limiting CO2 emissions worldwide. There 
is a firm need for innovative and novel solutions for dealing with CO2 emissions 
from the CTL process.

The CTL process was assessed using a novel systematic approach of calculat-
ing targets for the process. It was found that current processes produce lower 
quantities of carbon dioxide per ton of product than the target value. An inter-
esting question is whether such processes could be designed more efficiently in 
order to reduce the work lost from the process such that the process operates 
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Figure 17.6  Comparison of two CTL routes in terms of (a) carbon efficiency and (b) 
lost work.

Table 17.5
Lost Work Associated with the CO2 Route CTL Process

∆Hprocess

kJ/mol
∆Gprocess

kJ/mol

Actual Work 
Associated with 

Heat 
kJ/mol

Lost Work
kJ/mol

Gasification 135 94 108 14

Synthesis –209 –79 –85 5

19 (Total) 
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closer to the reversibility, and thus reduce the carbon dioxide emissions from the 
process. Ways of improving the reversibility of the Fischer-Tropsch process by 
adjusting the chemistry of the FT section were investigated. A novel chemistry 
was developed that reduces the lost work associated with the CTL process as well 
as increases the carbon efficiency of the process. In this way, carbon emissions 
may be reduced from CTL processes.
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18 Refining Fischer-
Tropsch Syncrude
Perspectives on Lessons 
from the Past

Arno de Klerk

An overview of commercial Fischer-Tropsch refineries to date is provided, 
namely, German technology (1930–1940s), U.S. Hydrocol (1940–1950s), Sasol 
1 (1950s), Sasol 2 and 3 (1980s), Mossgas (1990s), Shell Middle Distillate 
Synthesis (1990s), and Sasol-Chevron technology (2000s). Changes in design 
philosophy are tracked, trends are identified, and with the benefit of hindsight, 
some general points of learning are highlighted. Some of the most important 
findings are:
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	 1.	Fischer-Tropsch syncrude is best refined to transportation fuels with 
chemicals co-production.

	 2.	Oxygenates and olefins are key compound classes in Fischer-Tropsch 
refining.

	 3.	HTFT syncrude is more efficient for the production of on-specification 
transportation fuels than LTFT syncrude.

	 4.	Refinery designs taking cognizance of the properties of the syncrude 
are more efficient than refinery designs imposing a crude oil design 
approach on syncrude.

18.1  Introduction

The primary product from Fischer-Tropsch synthesis is a complex multiphase 
mixture of hydrocarbons, oxygenates, and water. The composition of this mixture 
is dependent on the Fischer-Tropsch technology and considerable variation in car-
bon number distribution, as well as the relative abundance of different compound 
classes is possible. The primary Fischer-Tropsch product has to be refined to pro-
duce final products, and in this respect, it is comparable to crude oil. The primary 
product from Fischer-Tropsch synthesis can therefore be seen as a synthetic crude 
oil (syncrude). There are nevertheless significant differences between crude oil 
and Fischer-Tropsch syncrude, thus requiring a different refining approach.1

The development of commercial refineries for processing various Fischer-
Tropsch syncrudes is instructive in highlighting the main refining issues associ-
ated with the refining of Fischer-Tropsch syncrude.2 Few refining technologies 
have been specifically developed for the conversion of Fischer-Tropsch syncrude. 
This does not imply that technologies developed for crude oil processing cannot 
be used, but the technology selection for Fischer-Tropsch syncrude is different.3 
In most instances, crude oil refining technologies have to be adapted to make 
them compatible with Fischer-Tropsch syncrude, mainly due to its high oxygenate 
and olefin content.4–10

The aim of this work is to make use of the historical development of Fischer-
Tropsch refining to provide some perspective on the decisions made in Fischer-
Tropsch refinery design. Specific aspects that will be highlighted are the design 
philosophy, response of refinery designs to changes in fuel specifications, co-
production of chemicals, and impact of the Fischer-Tropsch technology selection 
on the refinery design.

18.2  Classification of Fischer-Tropsch Syncrudes

Despite the limited number of commercial Fischer-Tropsch facilities that have 
been constructed to date, a wide variety of Fischer-Tropsch technologies have 
been employed (Table 18.1).

Fischer-Tropsch syncrude, just like crude oil, does not refer to a single feed 
mixture. The syncrude composition depends on many variables, and for indus-
trially optimized technologies, the two main parameters that affect syncrude 
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composition are Fischer-Tropsch catalyst type and operating temperature. From a 
refinery design perspective, the main commercial Fischer-Tropsch syncrude types 
are:

	 1.	Cobalt-based low-temperature Fischer-Tropsch (Co-LTFT)
	 2.	 Iron-based high-temperature Fischer-Tropsch (Fe-HTFT)
	 3.	 Iron-based low-temperature Fischer-Tropsch (Fe-LTFT)

Within each syncrude type some variation is introduced by the operating con-
ditions of Fischer-Tropsch synthesis, such as pressure and H2:CO ratio, as well 
as by the Fischer-Tropsch reactor type. These variations cannot be ignored, and 
ultimately they have an impact on the refinery design. During the subsequent 
discussion it will become apparent that the selection of the Fischer-Tropsch tech-
nology influences not only the refinery design, but also the efficiency with which 
different products can be produced.

Table 18.1
Commercially Applied Fischer-Tropsch Technologies

Technology Catalyst Reactor Type

First Commercial Facility

Year Facility

German normal 
pressure

Precipitated Co Fixed bed 1935 Ruhrchemie, Holten, 
Germany

German medium 
pressure

Precipitated Co Fixed bed 1939 Hoesch, Germany

Hydrocol Fused Fe Fixed fluidized 
bed

1951 Hydrocol, Brownsville, TX

Arge Precipitated Fe Fixed bed 1955 Sasol 1, Sasolburg, South 
Africa

Kellogg Synthol Fused Fe Circulating 
fluidized bed

1955 Sasol 1, Sasolburg, South 
Africa

Sasol Synthol Fused Fe Circulating 
fluidized bed

1980 Sasol 2, Secunda, South 
Africa

Shell Middle 
Distillate 
Synthesis

Supported Co Fixed bed 1993 Shell, Bintulu, Malaysia

Fe-LTFT Sasol 
Slurry Bed 
Process

Precipitated Fe Slurry bubble 
column

1993 Sasol 1, Sasolburg, South 
Africa

Sasol Advanced 
Synthol

Fused Fe Fixed fluidized 
bed

1995 Synfuels, Secunda, South 
Africa

Co-LTFT Sasol 
Slurry Bed 
Process

Supported Co Slurry bubble 
column

2007 Oryx, Ras Laffan, Qatar
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18.3 G erman Technology (1930–1940s)

The first commercial Fischer-Tropsch facility was commissioned in 1935, and by 
the end of the Second World War a total of fourteen plants had been constructed. 
Of these, nine were in Germany, one in France, three in Japan, and one in China. 
Both German normal-pressure and medium-pressure processes (Table 18.1) were 
employed. The cobalt-based low-temperature Fischer-Tropsch (Co-LTFT) syn-
crude produced in these two processes differed slightly (Table  18.2), with the 
product from the medium-pressure process being heavier and less olefinic.11 In 
addition to the hydrocarbon product, the syncrude also contained oxygenates, 
mostly alcohols and carboxylic acids.

The German Fischer-Tropsch facilities were not all the same and also varied 
in size from 11 kt/a (Wintershall) to 164 kt/a (Brabag) and by the type of Fischer-
Tropsch technology employed.12 The main design features found in most of the 
German Fischer-Tropsch refinery designs are illustrated by a generic refinery 
design (Figure 18.1) that does not represent any specific refinery. It will also be 
noted that syncrude from Fischer-Tropsch synthesis is not obtained as a single 
product, but as multiple fractions from stepwise condensation after synthesis. 
This is an important difference between Fischer-Tropsch syncrude and crude oil.

The C3–C4 light olefins were converted into liquid products by either H3PO4, 
or AlCl3-catalyzed oligomerization processes (Figure 18.1). The products from 
H3PO4 oligomerization could be used for motor gasoline, but were more often 
employed as feed for hydroformylation.13 The products from AlCl3 oligomer-
ization, where the LPG was typically co-processed with olefins derived from 

Table 18.2
Composition of the C3 and Heavier Gas and Oil Fractions from the 
Syncrude Produced by the German Normal-Pressure and Medium-
Pressure Co-LTFT Processes

Product 
Description

Boiling)
Range
(°C)

Normal-Pressure Syncrude Medium-Pressure Syncrude

Total
(mass%)

Olefins
(mass%)

Total
(mass%)

Olefins
(mass%)

Liquid petroleum 
gas

C3–C4 14 43 10 40

Naphtha (Benzin) C5–180 47 37 26 24

Light distillate 
(Kogasin I)

180–230 17 18 24 10

Heavy distillate 
(Kogasin II)

230–320 11 8 13 —

Soft paraffin wax 320–460 8 — 17 —

Medium/hard 
paraffin wax

>460 3 — 10 —
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thermal cracking, were used for synthetic lubricants.14 Another processing route 
(not shown in Figure 18.1) was olefin absorption in H2SO4 followed by hydrolysis 
to produce alcohols, which was accompanied by the formation of some olefin 
oligomerization.15 As a matter of historical interest, it is worthwhile to note that 
the production of motor gasoline by Fischer-Tropsch synthesis was not favored 
in Germany at that time, with synthetic motor gasoline production by direct coal 
liquefaction being the preferred route.15

Some naphtha is inevitably produced by Co-LTFT synthesis. The straight-run 
naphtha fraction was recovered from the gaseous Fisher-Tropsch product by car-
bon adsorption in the normal-pressure process and by condensation under pres-
sure in the medium-pressure process. The straight-run motor gasoline had a low 
octane number (Table  18.3).12,16 Further refining or blending of the Co-LTFT 
naphtha was consequently required to meet German motor gasoline specifica-
tions, which required a motor octane number (MON) of at least 72 at that time.12 
Thermal cracking, hot clay treating (acidic isomerization), and cracking and oli-
gomerization have been considered for further refining,16,17 but additional refin-
ing units were added in only some of the German Fischer-Tropsch refineries. In 
general, the octane number was improved by blending with alcohols or aromatics 
and a mild NaOH wash was required as a polishing step to remove dissolved car-
boxylic acids from the motor gasoline (not shown in Figure 18.1).15

LPG

Gasoline (C5–180°C)

Kogasin I (180–230°C)
Kogasin II (230–320°C)

Oxidized wax

Medium wax
Hard wax

Gas
Adsorption

Gas
Cooling

Co-LTFT
Synthesis

Air
Oxidation

NaOH
Wash

Oligo-
merization

Figure 18.1  Generic German Fischer-Tropsch refinery.

Table 18.3
MON of Various Co-LTFT Straight-Run Naphtha Fractions

Co-LTFT Straight-Run Naphtha

Motor Octane Number

C5–110°C C5–140°C C5–150°C C5–200°C

German normal-pressure process 67 62 57 43

German medium-pressure process — — 38 25
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The straight-run distillate (Kogasin I and II) was obtained by condensation, 
NaOH washing, and atmospheric distillation. Mainly two types of diesel fuel 
were prepared from the Co-LTFT distillate: a light diesel (mixture of heavy naph-
tha and Kogasin I) and a heavy diesel (mixture of Kogasin I and II). The heavy 
diesel fuel also contained 2% oxygenates: alcohols, carbonyls, and carboxylic 
acids, with lesser amounts of esters and phenolic compounds.18 As expected from 
Co-LTFT synthesis, the diesel fuels had a high cetane number and low density 
(Table 18.4). This fell short of the German diesel fuel specifications of that time. 
As Freerks12 points out, there is little mention of diesel fuel production made 
in many of the reports on the German Fischer-Tropsch-based processes. In fact, 
the diesel fuel from Co-LTFT was not considered to be a good diesel fuel.15 The 
fuel consumption of Fischer-Tropsch-derived diesel fuel was 5% higher than a 47 
cetane number petroleum cut, and it had a 25% higher exhaust gas temperature. 
The Co-LTFT-derived diesel fuels were typically blended with distillate fractions 
from crude oil or direct coal liquefaction for use. The blend typically contained 
around 40 to 45% Co-LTFT material.

Much of the distillate range material was employed in chemicals production, 
which was considered the logical future use of the Fischer-Tropsch process by F. 
Martin, the director of Ruhrchemie during that time.15 Kogasin II was converted 
into lubricating oils by thermal cracking and oligomerization.19 It was also used as 
feed material for the production of detergents by sulfochlorination.

Fractionation of the heavier products by steam stripping resulted in different 
wax grades being produced. The soft wax and atmospheric bottoms (Gatsch) were 
typically air oxidized to produce oxygenated waxes. The medium, hard, and oxi-
dized waxes all ended up as chemical products.

Some salient points from the design of German Fischer-Tropsch refineries that 
can be noted are:

Table 18.4
Selected Diesel Fuel Properties from Different German Co-LTFT-
Derived Straight-Run Distillate Fractions and the German 
Sonder Diesel Kraftstoff (SDK) Specifications of the 1940s

Fuel Property

German Co-LTFT Diesel Fuel
German SDK 
Specifications155–250°C 195–310°C

Cetane number 75–78 80 45 min.

Density at 15°C (kg∙m–3) 743–749 768 810–865

Flash point (°C) 27–49 78 55 min.

Cloud point (°C) — 0 –10 max.

Pour point (°C) < –37 –1 –30 max.
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	 1.	The refineries were designed for the production of both transportation 
fuels and chemicals. The emphasis was on chemicals production, partly 
due to the poor quality of Co-LTFT-derived fuels that could not meet 
the German fuel specifications of that time. The Co-LTFT-derived fuel 
fractions required blending or further refining before it could be used as 
transportation fuels. Nevertheless, from a fuel refining perspective, the 
carbon number distribution (Table 18.2) was very favorable. In general, 
the German normal-pressure process with its lighter product (lower 
α-value) and higher olefin content was better suited for fuels production 
than the medium-pressure process. About 75% of the normal-pressure 
Co-LTFT syncrude was naphtha and distillate, with an even higher liq-
uid fuel yield (>80%) possible by conversion of the C3–C4 olefins.

	 2.	Olefins in the C3–320°C range had significant synthetic value, and addi-
tional olefins were produced by thermal cracking in some facilities. 
Acid-catalyzed and thermal olefin oligomerization were important tech-
nologies for the upgrading of Fischer-Tropsch products.

	 3.	The refinery design had to make provision for dealing with the oxygen-
ates present in the syncrude. The beneficial use of alcohols has been 
noted. Carboxylic acids were neutralized and the resulting soaps recov-
ered. However, the Fischer-Tropsch aqueous product was not refined.

18.4 U .S. Technology (1940–1950s)

After the Second World War a gas-to-liquids facility that employed an iron-
based high-temperature Fischer-Tropsch (Fe-HTFT) process was constructed at 
Brownsville, Texas. The technology was developed by Hydrocarbon Research, 
Inc.,20 and the commercial facility was operated by the Carthage Hydrocol 
Company. The Hydrocol plant was in commercial operation during the period 
1951–1957, and it was shut down mainly for economic reasons (the oil price was 
around US$2 per barrel at that time).

The product from Hydrocol synthesis consisted mainly of motor gasoline range 
products and light gases (Table 18.5).21 The Fe-HTFT syncrude had a high olefin 
content and was rich in linear hydrocarbons, especially linear α-olefins. Some 
aromatics were also co-produced on account of the high operating temperature 
and the C8–C11 oil fraction contained around 6% aromatics.22 In addition to the 
hydrocarbon products, the syncrude also contained oxygenates, namely, alcohols, 
aldehydes, ketones, and carboxylic acids.23 Most of the short-chain oxygenates 
dissolved in the aqueous product from Fe-HTFT synthesis, with the longer-chain 
oxygenates being present mainly in the oil fraction.

The design aim of the Hydrocol refinery was to produce a better than 80% yield 
of motor gasoline from the Fe-HTFT syncrude at a quality that would be accept-
able for the market (MON of 80 after tetraethyl lead addition). The refinery design 
(Figure 18.2) addressed the issues specific to the Hydrocol Fe-HTFT syncrude:
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	 1.	Unwanted oxygenates were removed from the organic product and specifi-
cally the short-chain carboxylic acids that were known to cause problems.24

	 2.	The octane number of the straight-run Fischer-Tropsch naphtha was 
increased.

	 3.	Gaseous C3–C4 olefins, which constituted one-third of the syncrude, 
were oligomerized to liquid products, mainly in the naphtha boiling 
range, to boost motor gasoline production.

	 4.	Alcohols and other valuable oxygenates dissolved in the aqueous prod-
uct from FT synthesis were recovered to be sold as chemicals.23

The production of motor gasoline was further increased by blending a natural 
gas condensates (not shown in Figure 18.2), which were recovered from the natu-
ral gas feed, with the synthetic motor gasoline.20

The complete oil fraction from FT synthesis was treated over bauxite, a natural 
silica-alumina, at a temperature around 400°C. This bauxite treatment step was a 
commercial process, called the Perco process, which was used as a sulfur removal 
step in oil refineries. The acid-catalyzed conversion of the syncrude over bauxite 
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Gas Cooling
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Figure 18.2  U.S. Hydrocol Fischer-Tropsch refinery.

Table 18.5
Composition of the C3 and Heavier Gas and Oil Fractions from the 
Syncrude Produced by the Hydrocol Fe-HTFT Process

Product Description Boiling Range (°C)

Hydrocol Syncrude

Total (mass%) Olefins (mass%)

Liquid petroleum gas C3–C4 32 82

Naphtha C5–204 56 85–90

Distillate >204 8 75–85

Residue 4 —
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reduced the amount of oxygenates in the syncrude and improved the octane num-
ber of the gasoline fraction (Table 18.6).21,25

After bauxite treatment the product was fractionated to produce C3–C4 and 
naphtha (C5–204°C) fractions. The C3–C4 olefin-rich gas was oligomerized over 
a solid phosphoric acid (SPA) catalyst to produce an unhydrogenated “polymer” 
gasoline with a research octane number (RON) of 95 and MON of 82.21 The 
bauxite-treated FT motor gasoline (RON of 87, MON of 76) was mixed with the 
polymer gasoline and some natural gas condensates (and crude-oil-derived naph-
tha) to produce the final motor gasoline product. In this respect it is noteworthy 
that the Fe-HTFT-derived material was the high-octane-blend stock.

The bauxite-treated distillate was not further refined, but it has been shown 
that this olefinic diesel could be hydrotreated to produce a diesel fuel with high 
cetane number (Table 18.7).15,26 Although the cetane number of Fe-HTFT distil-

Table 18.6
RON and MON of the Hydrocol Fe-HTFT Syncrude 
before and after Upgrading over Bauxite, and with 
Different Levels of Tetraethyl Lead (TEL) Addition

Description RON MON

Straight-run Fe-HTFT naphtha 68 62

Straight-run Fe-HTFT naphtha + 1 ml TEL/gal 79 70

Straight-run Fe-HTFT naphtha + 3 ml TEL/gal 84 74

Bauxite-treated Fe-HTFT naphtha 87 76

Bauxite-treated Fe-HTFT naphtha + 1 ml TEL/gal 93 80

Bauxite-treated Fe-HTFT naphtha + 3 ml TEL/gal 94 82

Table 18.7
Selected Properties of Hydrocol Fe-HTFT 
Distillate before and after Hydrogenation

Fuel Property

Fe-HTFT Distillate

Straight Run Hydrogenated

Cetane number 45–50 71

Density at 15°C (kg∙m–3) 806 806

Pour point (°C) –9 to –15 –1

Olefin content (g Br/100 g) 47 2

Distillation range (°C)

 T10 204 227

 T50 232 260

 T90 304 327
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late is lower than that derived from Co-LTFT material (Table 18.4), the density is 
much higher, making blending to produce a final diesel fuel easier.

Some of the oxygenates in the Fischer-Tropsch aqueous product could be recov-
ered by distillation to improve the overall carbon efficiency of the Fischer-Tropsch 
refinery. However, it was pointed out that complete separation of the short-chain 
oxygenates was difficult due to the formation of azeotropic mixtures.23

Some important features of the Hydrocol refinery design that can be noted are:

	 1.	The stated aim of the Hydrocol refinery was to produce motor gasoline, 
but oxygenate chemicals were co-produced from the aqueous product. The 
carbon number distribution of the Fe-HTFT syncrude was ideally suited 
for motor gasoline production, with more than 50% of the straight-run 
material boiling in the naphtha range (Table 18.5). An even higher motor 
gasoline yield was possible by upgrading the olefinic C3–C4 material.

	 2.	The selection of SPA oligomerization for upgrading the olefinic C3–C4 
material was an excellent technology choice. SPA produces olefin oligom-
ers with a narrow carbon number distribution and high naphtha selectiv-
ity.27 This technology enabled the refinery to achieve a motor gasoline 
yield of close to 80%, the stated design objective of the refinery.

	 3.	The potential processing problems associated with oxygenates were rec-
ognized by the refinery design. Although bauxite treatment was not able 
to remove all of the oxygenates, it significantly reduced the oxygenate 
content. All the alcohols and esters were converted to hydrocarbons, and 
the combined conversion of carboxylic acids and carbonyls was around 
90%.24 Furthermore, placing the bauxite unit before the primary distil-
lation unit reduced thermal decomposition in the reboiler and allowed 
better carbon number separation (oxygenates and hydrocarbons that are 
co-boiling typically have a difference of two to four carbon numbers). 
This in turn allowed better separation during atmospheric distillation 
between the distillate and residue, thereby limiting the amount of distil-
late that is lost to residue due to the upper temperature limit placed on 
the reboiler by thermal cracking. It also simplified the routing of short-
chain olefins (C3–C4) produced by oxygenate conversion over bauxite 
to the olefin oligomerization unit. Another subtle benefit of incomplete 
oxygenate conversion over bauxite was the retention of some polar com-
pounds to provide boundary layer lubricity to the fuels.

18.5 S asol 1 Technology (1950s)

The design of the Sasol 1 facility in Sasolburg, South Africa, was the result of a 
compromise between the experience that accompanied the Fe-LTFT processes 
from the Arbeitsgemeinschaft Ruhrchemie-Lurgi (Arge) in Germany and the 
economy of the Fe-HTFT process from Kellogg in the United States.28 The Sasol 



Refining Fischer-Tropsch Syncrude	 341

1 facility was constructed using one-third German technology and two-thirds 
American technology. The two processes were integrated and employed a 
single gas loop. However, the refining of the products was only partially inte-
grated (Figure 18.3). The Fischer-Tropsch aqueous products from Fe-LTFT and 
Fe-HTFT synthesis were combined and refined together, and the C3–C4 material 
from Fe-LTFT synthesis was refined in the Fe-HTFT refinery.

The Arge Fe-LTFT syncrude (Table 18.8)29 was much heavier than the syn-
crude of the two German Co-LTFT processes (Table 18.2). The Arge Fe-LTFT 
syncrude exemplified a high α-value Fischer-Tropsch product with a significant 
linear paraffinic wax fraction. The syncrude (Table  18.8) from the Kellogg 
Fe-HTFT synthesis was very similar in carbon number distribution to that of 
Hydrocol Fe-HTFT synthesis (Table 18.5).

The separate stepwise condensation of the products from Fe-LTFT and 
Fe-HTFT synthesis produces streams of different carbon number distributions 
that serve as feeds to the oil refinery (Figure 18.4).30 It is consequently not neces-
sary to employ an atmospheric distillation unit as the first step in the refinery. The 
stepwise condensation products from Fe-LTFT are reactor wax (liquid at LTFT 
conditions), hot condensate (>100°C), cold condensate (produced by condensation 
with the aqueous product and then phase separated), and tail gas (typically C4 
and lighter). The stepwise condensation products from Fe-HTFT are decanted oil 
(liquid at 145°C; 1.6 MPa), light oil (produced by condensation with the aqueous 
product and then phase separated), and tail gas.

When comparing the Sasol 1 Arge Fe-LTFT oil refinery (Figure 18.4) with a 
generic German Co-LTFT oil refinery (Figure 18.1), the similarities may not be 
immediately apparent. Yet, the design principles were similar, and the Sasol 1 
design included some of the thinking that has already been highlighted during 
the discussion of the German and Hydrocol technologies, for example: bauxite 
treatment (acidic isomerization) of the naphtha fraction to improve motor gasoline 
properties, thermal cracking to convert slack wax, and hydrogenation of some of 
the product fractions to improve their properties.

Fe-LTFT
Synthesis

Fe-HTFT
Synthesis

Chemical
Work-up

Kellogg Oil
Refinery

Arge Oil
RefineryLTFT oil product

Aqueous product

HTFT oil product

C3–C4

Figure 18.3  Integration of Sasol 1 refineries for processing HTFT and LTFT 
syncrudes.
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In the LTFT oil refinery the wax from Fe-LTFT synthesis was separated and 
hydrogenated to produce waxes with different congealing points as final prod-
ucts.31 Material in the wax fraction with a boiling range of 320 to 370°C was 
thermally cracked, combined with the syncrude, and fractionated to produce fuel 
products. The cold condensate (heavy naphtha and distillate range material) was 
subject to a NaOH and water wash before being separated into final products. 
This removed some of the oxygenates, including most of the carboxylic acids. The 
light naphtha fraction was Bauxite treated (acidic isomerization) to produce motor 
gasoline. The C3–C4 material was transferred to the HTFT oil refinery, where it 
was oligomerized.

In the HTFT oil refinery the C3–C4 materials from both Arge Fe-LTFT and 
Kellogg Fe-HTFT syntheses were oligomerized over copper-pyrophosphate to 
produce an olefinic motor gasoline. The oligomerization technology is very simi-
lar to SPA-based technology, and over a wide range of operating temperatures the 
unhydrogenated motor gasoline has a RON of 96–98 and MON of 81–83.32

In the HTFT oil refinery the light oil and <345°C fraction of the decanted oil 
(obtained by passing the decanted oil through a vacuum flash drum) were clay 
treated. Clay treatment is similar to Bauxite treatment and is used to increase the 
octane number of the naphtha by acidic isomerization and to reduce the oxygen-
ate content of the oil. Processing the LTFT and HTFT in separate (and different) 

Table 18.8
Composition (Mass%) of the Sasol 1 Syncrudes from Arge 
Fe-LTFT and Kellogg Fe-HTFT Syntheses

Product Description

Syncrude  
Composition

C3 and Heavier Oil 
Composition

Arge 
Fe-LTFT

Kellogg 
Fe-HTFT

Arge 
Fe-LTFT

Kellogg 
Fe-HTFT

Methane 5 10

Ethylene 0.2 4

Ethane 2.4 6

Propylene 2 12 2 17

Propane 2.8 2 3 3

Butenes 3 8 3 11

Butanes 2.2 1 3 1

C5–C12 naphtha 22.5 39 26 53

C13–C21 distillate 21 6 24 8

C22–C30 medium wax/heavy oil 17 3 19 4

C31 and heavier wax/residue 18 2 20 3

Aqueous phase products

 Nonacid oxygenates 3.5 6

 Carboxylic acids 0.4 1
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acidic isomerization units was technically not necessary. The olefin oligomers and 
clay-treated oil were combined before distillation into different fuel fractions. The 
refined motor gasoline from Fe-HTFT synthesis typically had a RON of 86–90,33 
which was adjusted to meet final product specification by tetraethyl lead addition. 
The refined diesel fuel met the cetane number specification of 45 of that time. The 
low density of the diesel fuel was not an issue, since a specific density range was 
not prescribed by the South African diesel fuel specifications.

The refinery design included the recovery of nonacid oxygenates in the Fischer-
Tropsch aqueous product that are lighter boiling than water.30 The oxygenate 
chemicals recovered from the aqueous product included methanol (mainly from 
Fe-LTFT), ethanol (from Fe-HTFT, Fe-LTFT, and acetaldehyde hydrogenation), 
as well as mixed heavier alcohol and ketone streams. The carboxylic acids were 
not recovered and were processed with the wastewater.

In addition to the Fischer-Tropsch-derived material, coal-derived liquids were 
also recovered from low-temperature coal gasification (not shown in Figures 18.3 
and 18.4). These products were processed separately to produce chemicals, such 
as phenols, cresols, and ammonia, as well as an aromatic motor gasoline blending 
stock.34 The latter was mixed with the Fischer-Tropsch-derived motor gasoline.

The following important aspects from the design of the combined Fe-LTFT 
and Fe-HTFT refineries can be highlighted:

Tail gas

Light oil

Condensate

Wax

Aqueous
product

Decanted oil

LPG

Fuel oil
Diesel fuel

Fe-HTFT
Synthesis

Fe-LTFT
Synthesis

Hydro-
genation

Soft wax

Kerosene
Diesel fuel
Fuel oil

Medium wax
Hard wax
Oxygenates

Clay
Treatment

Oligo-
merization

Bauxite
Treatment

NaOH
Wash

Thermal
Cracking

C3–C4

Motor-gasoline

Motor-gasoline

Figure 18.4  Sasol 1 oil refineries, original design (1950s).
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	 1.	Neither the LTFT nor the HTFT refineries required an atmospheric dis-
tillation unit to prefractionate the syncrude before refining. The only 
separation step that was necessary was to recover the distillate from 
heavy fractions, namely, LTFT wax and HTFT decanted oil. The step-
wise condensation of the syncrude after Fischer-Tropsch synthesis was 
sufficient prefractionation before refining. Atmospheric distillation was 
performed after refining, with many of the advantages noted for the 
Hydrocol design being equally valid for the Sasol 1 design.

	 2.	The refinery catered for both fuels and chemicals production. Chemicals 
were mainly produced in the LTFT oil refinery and from the Fischer-
Tropsch aqueous product. Transportation fuels were produced mainly 
in the HTFT oil refinery, although some fuels were also produced from 
LTFT syncrude. The ease of refining and the quality of the fuels from 
HTFT syncrude are better than those from LTFT, which is better suited 
to chemicals (rather than fuels) production.

	 3.	Much attention has been devoted to the design of oxygenate refining. 
Beneficial recovery of the oxygenates from the Fischer-Tropsch aqueous 
product improved the overall carbon efficiency of the process. In the oil 
refineries, acidic isomerization was employed to improve motor gasoline 
quality by olefin isomerization and to reduce oxygenates. In addition to 
this, NaOH and water wash steps were included to reduce the oxygenate 
content of the fuels and specifically remove corrosive short-chain car-
boxylic acids. Furthermore, by converting most of the oxygenates before 
atmospheric distillation, thermal cracking in the reboiler was reduced 
and better carbon number separation of products could be achieved.

	 4.	Olefin oligomerization was a key refining technology for converting 
normally gaseous olefins into liquid products and thereby substantially 
increasing the liquid yield. The selection of a copper-pyrophosphate-cat-
alyzed process, rather than a SPA-catalyzed process, can be understood 
in historical context. Kellogg, supplier of the Fe-HTFT technology, also 
marketed a process based on this type of catalyst. Nevertheless, copper-
pyrophosphate and solid phosphoric acid catalysts have similar conver-
sion characteristics and produced a good-quality olefinic motor gasoline.

18.5.1  Evolution of the Sasol 1 Facility

The Sasol 1 facility is still in commercial operation. Over a period of more than 
50 years, many changes in fuel specifications and opportunities in chemicals mar-
kets developed. In order to remain profitable, the operation of the Sasol 1 site 
changed considerably over this period. The three most important changes that 
took place were:
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	 1.	Change in Fischer-Tropsch synthesis. In the 1990s the Kellogg Fe-HTFT 
synthesis section was decommissioned and additional Fe-LTFT synthesis 
capacity was added with the introduction of a slurry bed reactor.35 This 
modified the syncrude feed to the refinery to Fe-LTFT only. This was 
accompanied by a significant change in the product slate being produced.

	 2.	Emphasis on chemicals production. When the Sasol 1 facility was con-
structed in the 1950s, it had a nameplate capacity of 6,750 barrels per day 
oil equivalent (>200 kt/a). This was not an unusual size for a facility in 
the 1950s, but is small compared to present-day standards. Although the 
refinery was designed to produce fuels and chemicals, many changes took 
place after a decision in 1962 to expand production in the direction of 
chemicals. Some of the new units in and around Sasol 1 included ammo-
nia synthesis, wax oxidation, naphtha cracking, and polyethylene produc-
tion. In 1971 a new inland crude oil refinery was built next to Sasol 1, 
which opened new possibilities for fuels blending. However, with the low 
crude oil price in the 1990s and phasing out of tetraethyl lead, it became 
increasingly undesirable to produce fuels at the Sasol 1 site. The Sasol 1 
refinery was therefore converted to an Fe-LTFT chemicals-only produc-
tion facility that is based mainly on hydrogenation and distillation.

	 3.	Conversion from coal to natural gas. Sasol 1 was designed as a coal-
to-liquids facility. A natural gas pipeline was constructed and commis-
sioned in 2004. This allowed the Sasol 1 facility to be converted to a 
gas-to-liquids plant. Although it implied that the associated coal tar 
refinery would become redundant, the decision was made by Sasol to 
keep the coal-to-chemicals units at Sasol 1 in operation by supplying 
coal pyrolysis products from its larger CTL facility in Secunda.

18.6 S asol 2 and 3 Technologies (1980s)

The Sasol 2 and 3 facilities (presently known as Sasol Synfuels) were constructed 
in Secunda, South Africa, in response to the 1973 oil crisis. Syncrude was pro-
duced by Fe-HTFT synthesis in improved Sasol Synthol circulating fluidized 
bed reactors36. The syncrude composition was similar to the Kellogg Fe-HTFT 
syncrude of Sasol 1 (Table 18.8). There was limited integration between the two 
facilities, which had a combined nameplate capacity of 120,000 barrels per day 
oil equivalent.

The refineries were almost exact copies of each other and were originally designed 
to produce only transportation fuels. The specific design objectives were:37

	 1.	Convert normally gaseous C3 and C4 olefins to liquid range products.
	 2.	Remove contaminants from the Fischer-Tropsch-derived oil to protect 

downstream catalysts and yield suitable products.
	 3.	Upgrade the quality of the motor gasoline to meet octane specifications.
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Although these primary design objectives were similar in many respects to 
those of the Hydrocol refinery, the design of the Sasol 2 and 3 refineries37,38 was 
very different (Figure 18.5). The design approach followed for Sasol 2 and 3 was 
that of a typical third-generation (topping-reforming-cracking) crude oil refinery 
of that time.39 This was a radical departure from the design of earlier Fischer-
Tropsch refineries, and it took almost no cognizance of the difference in proper-
ties between Fischer-Tropsch syncrude and crude oil. The only refinery unit in 
the original design that catered specifically for Fischer-Tropsch syncrude was an 
acidic isomerization unit. However, instead of keeping with proven alumina-rich 
bauxite and acidic clays, a much more acidic rare-earth-exchanged Y-zeolite was 
employed. This catalyst was too acidic for the reactive Fe-HTFT syncrude and 
resulted in excessive cracking, thereby undermining the performance and pur-
pose of this unit.

The transportation fuels produced and marketed (Table 18.9)40 met the South 
African fuel specifications of that time and included some coal-derived liquids 
(not shown in Figure 18.5). Although the refinery originally produced no jet fuel, 
it was demonstrated that the hydrogenated kerosene range oligomers from olefin 
oligomerization over a solid phosphoric acid catalyst met the requirements for jet 
fuel.38 (Semisynthetic jet fuel was approved in 1999 and fully synthetic jet fuel 
was approved in 2008; DEFSTAN 91-91/Issue 6).

In the original Sasol 2 and 3 refinery design (Figure 18.5), the light olefins were 
oligomerized over a solid phosphoric acid catalyst to produce liquid products. The 
product was fractionated into a naphtha and light distillate fraction, the latter 
being hydrogenated and used as diesel fuel. Some of the olefinic naphtha was 
also hydrogenated to reduce the olefin content of the motor gasoline, but resulted 
in a considerable drop in octane value (Table 18.10).37 It was only later realized 
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that a much better quality hydrogenated motor gasoline could be obtained from a 
butene-only oligomerization over solid phosphoric acid.41

Acidic isomerization of the C5–C6 naphtha and some heavy alcohols from the 
aqueous product refinery (not shown in Figure 18.5) produced a reasonable-qual-
ity olefinic motor gasoline (Table 18.10). The octane value varied depending on 
the carbon number distribution of the feed, which could result in a product with 
an octane number up to ten units higher.

The bulk of the naphtha was hydrotreated and catalytically reformed over 
a chlorided Pt/Al2O3-based catalyst to produce an aromatic motor gasoline. 
However, the hydrotreated Fischer-Tropsch naphtha is a poor feed for standard 
catalytic reforming on account of its high linear hydrocarbon content (>75%).37 In 
order to limit liquid yield loss, typical operation resulted in a reformate with quite 
low octane value (Table 18.10). Higher octane reformate could be produced, but 
at the expense of significant liquid yield loss.

A light diesel fuel was produced by distillate hydrotreating of the straight-run 
Fe-HTFT material, while the heavier fraction was hydrocracked over a dewax-
ing catalyst, which produced a heavy diesel (Table 18.10). Some diesel fuel was 
also produced by C3–C4 olefin oligomerization over solid phosphoric acid by 
recycling the naphtha thus produced. It has previously been pointed out that solid 
phosphoric acid is not well suited for distillate production,42 and the hydrogenated 

Table 18.9
Selected Properties of the Motor Gasoline and 
Diesel Fuel Refined from Fe-HTFT Syncrude and 
Coal Liquids at Sasol 2, Which Were Marketed as 
Final Products in South Africa in the 1980s

Fuel Property

Fe-HTFT Sasol 2 Products

Motor Gasoline Diesel Fuel

Liquid product yield (%) 55–65 35–45

Density (kg∙m–3) 720 800

RON (+0.3 g/l Pb) 93 —

MON (+0.3 g/l Pb) 85 —

Cetane number — 47

Distillation (°C)

 T50 90 219

 FBP 200 378

Composition (%)

 Paraffins 49 96–98

 Olefins 24 0

 Aromatics 27 2–4

 Sulfur 0.0001 0.0002
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distillate had good cold flow properties, but a low density and low cetane number 
(Table 18.10).

Oxygenates were recovered from the Fischer-Tropsch aqueous product, 
employing a separation strategy similar to that in the Sasol 1 refinery. The main 
difference was in volume, and this made further separation of the different alco-
hols and carbonyl compounds worthwhile. Some of the ethanol served as a blend-
ing component in motor gasoline, with the final blend containing around 10% 
ethanol.38 Most of the alcohols and carbonyl compounds were sold as chemicals. 
In addition to the oxygenates, the C2 hydrocarbons were also recovered and sold.

Aspects of the original Sasol 2 and 3 Fe-HTFT refinery design that are impor-
tant to highlight are:

	 1.	The design intent was mainly to produce transportation fuels, yet 
some chemicals were co-produced, rather than being converted into 
fuels. For example, the refinery design of the aqueous product refinery 
could have been simplified,43 if the design intent had been to produce 
only fuels.

	 2.	By approaching the refinery design from a crude oil perspective, the 
advantage of preseparation by stepwise condensation after HTFT syn-
thesis was reduced. The refinery design included primary separation 
steps typically found in crude oil refineries, namely, an atmospheric 
distillation unit (ADU) that is followed by a vacuum distillation unit 
(VDU). Despite the design intent, the operation of these units, out of 
necessity, had to be different. The reboiler temperature of the ADU was 

Table 18.10
Selective Fuel Properties from Key Units in the Original Sasol 2 
and 3 Fischer-Tropsch Oil Refineries

Sasol 2 and 3 Refinery Products

Selected Fuel Properties

Density 
(kg∙m–3) RON MON

Cetane 
Number

Motor Gasoline
Olefinic SPA oligomers 745 95–96 81–82 —

Hydrogenated SPA oligomers 730 64 70 —

C5–C6 isomerisate 690 85 75 —

Reformate (severity: 84% C5+ yield) 770 87 80 —

Hydrocracker naphtha 720 77 71 —

Diesel Fuel
Hydrogenated SPA oligomers 765 — — 34

Hydrogenated straight-run distillate 810 — — 55

Residue hydrodewaxing/cracking 860 — — 67
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constrained by thermal cracking of the reactive Fe-HTFT syncrude to 
around 320°C, while little material was available for VDU (Table 18.8). 
In practice, this resulted in poor separation with considerable carbon 
number overlap.

	 3.	Oxygenate refining was limited to chemicals recovery from the Fischer-
Tropsch aqueous product and acidic isomerization of the C5–C6 naphtha. 
The naphtha and distillate range oxygenates were removed by hydrode-
oxygenation (HDO) in hydrotreaters, before further refining.

	 4.	Olefin oligomerization over solid phosphoric acid was a key technology 
in the refinery, and most of the C3–C4 gaseous olefins were converted to 
liquid products.

	 5.	When comparing the refined motor gasoline and diesel fuel produced 
in the Hydrocol Fe-HTFT refinery (Tables  18.6 and 18.7) with those 
obtained from the original Sasol 2 and 3 Fe-HTFT refinery (Table 18.9), 
there is surprisingly little difference in quality. The crude oil refining 
approach followed for Sasol 2 and 3 resulted in a more complex and 
costly refinery design to achieve essentially the same product quality as 
the Hydrocol refinery.

18.6.1  Evolution of the Sasol 2 and 3 Facilities

The Sasol 2 and 3 facilities have over time become integrated to such an extent 
that they are presently collectively called Sasol Synfuels. Over a period of around 
30 years, changes in fuel specifications and the exploitation of the chemicals 
potential of Fe-HTFT resulted in numerous changes to the refinery (Figure 18.6). 
Instead of moving away from the crude-oil-based design, growth occurred using 
the same crude oil refining paradigm that was employed in the original design. 
However, treating Fischer-Tropsch syncrude as a crude oil feedstock turned out 
to be costly, and significant capital investments were required to keep up with the 
changing demands placed on product slate and specifications.

The evolution of Sasol Synfuels was not limited to the refinery only, and the 
following important changes took place:

	 1.	Change occurred in high-temperature Fischer-Tropsch reactor technol-
ogy. The circulating fluidized bed Sasol Synthol reactors were replaced 
by fixed fluidized bed Sasol Advanced Synthol (SAS) reactors.44 This 
did not meaningfully affect the Fe-HTFT syncrude composition, but it 
reduced the operating cost of HTFT synthesis.

	 2.	Production of chemicals became increasingly important. The recovery 
of oxygenates from the Fischer-Tropsch aqueous product was expanded 
to include niche chemicals, such as 1-propanol.45 Ethylene and propyl-
ene extraction was increased and even supplemented by the addition of 
a high-temperature catalytic cracker.46 Linear α-olefin extraction units 
for the recovery of 1-pentene, 1-hexene, and 1-octene were added to the 
refinery,45,47 and a new facility for the extraction of 1-heptene and its 
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subsequent conversion to 1-octene48 was commissioned in 2008. Longer-
chain linear α-olefins are also extracted and converted to detergent range 
alcohols by hydroformylation.45,47 All of these units exploited the unique 
chemical extraction possibilities of HTFT syncrude. In addition, chemi-
cals are also recovered from coal liquids obtained during low-temper-
ature coal gasification, such as ammonia, phenol, and cresols. The air 
separation units are also a source of chemicals, with products such as 
noble gases and liquid nitrogen being co-produced.

	 3.	Refinery changes followed changes in fuel specifications. The original 
refinery design relied on the addition of tetraethyl lead (TEL) to meet 
the octane requirements of the motor gasoline. Phasing out of TEL in 
motor gasoline started in 1989 in South Africa, which caused an octane 
shortfall, with little high-octane refinery streams (Table 18.10) to offset 
the reduction in TEL. The extraction of light linear α-olefins helped, 
but also resulted in the isomerization unit being shut down. In order to 
bridge the octane shortfall, two new units were added to produce tertiary 
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amyl methyl ether (TAME): a pentene skeletal isomerization unit and an 
etherification unit. A further gain in octane number of the motor gasoline 
was achieved by optimizing the operation of the refinery49 and the use of 
methylcyclopentadienyl manganese tricarbonyl (MMT) as TEL replace-
ment. Increasing demand for 95 RON/85 MON motor gasoline and 
anticipated future changes in the fuel specifications prompted Sasol to 
preinvest in a high-temperature catalytic cracker.46 The design intent was 
to convert the lowest-quality fuel components into chemicals, namely, 
ethylene and propylene, rather than upgrading the quality of the motor 
gasoline per se. (At the time of writing, this unit has not yet achieved 
full production capacity.) Yet, despite these improvements, some refin-
ing challenges remain on the road to Euro-4-type specifications, such as 
the olefin and benzene content of the motor gasoline. No changes have 
been made to the original refining strategy for diesel fuel, although die-
sel fuel also presents future refining challenges that are mainly related to 
increased volume demand and Euro-4-type diesel fuel specifications.

18.7  Mossgas Technology (1990s)

The South African government initiated the Mossgas project in the mid-1980s to 
investigate the conversion of gas and associated natural gas liquids into transpor-
tation fuel. This eventually led to the construction of the Mossgas gas-to-liquids 
plant (presently known as PetroSA) in Mossel Bay, South Africa. It was designed 
as a 33,000 barrels per day oil equivalent facility, with two thirds of the produc-
tion being derived from Fischer-Tropsch synthesis and the remainder from asso-
ciated gas liquids. This facility reached full commercial production in 1993 and 
was aimed at the production of transportation fuel only.50

Sasol Synthol Fe-HTFT circulating fluidized bed reactor technology was 
employed. The Fe-HTFT syncrude composition was consequently similar to that 
produced by Fe-HTFT synthesis in Sasol 1, 2, and 3 (Table 18.8), but the refinery 
feed was very different, since it contained natural gas liquids (mostly paraffins 
in the C5–400°C boiling range). Co-processing of natural gas liquids made the 
design better suited to an oil refining approach, yet the Mossgas refinery design 
was cognizant of the nature of the Fischer-Tropsch syncrude. This resulted in a 
modern refinery (Figure 18.7), with the design emphasis on high-quality paraf-
finic motor gasoline and diesel fuel production (Table 18.11).51

The Fe-HTFT syncrude is fractionated in an atmospheric distillation unit to 
produce mainly naphtha and distillate, with a small amount of residue that is 
used as fuel oil (not shown in Figure 18.7). No vacuum distillation unit has been 
included in the design, since it would be superfluous with the limited residue pro-
duction. The natural gas liquids are fractionated separately.

Most of the light olefins are oligomerized in the Conversion of Olefins to 
Distillate (COD) process52 that was specifically developed for converting Fischer-
Tropsch material to liquid products. Although the original design intent was to 
convert an oxygenate containing HTFT naphtha, co-production of carboxylic 
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acids caused some postprocessing problems.53 The product from oligomerization 
is mainly distillate (70%). The hydrogenated distillate has a high cetane number 
(>51) and low density.54 Part of the naphtha is employed as an olefinic motor 
gasoline blending component, despite its low octane value (RON = 81–85, MON 
= 74–75), and part is further refined with the HTFT naphtha.

The co-refining synergy of natural gas liquids and Fe-HTFT was exploited for 
alkylate production. The natural gas liquids serve as a source of butane that can 
be hydroisomerized to yield isobutane that is alkylated (HF process) to produce a 
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Table 18.11
Final Products from the Mossgas HTFT Refinery

Final Product

Production Volume

(m3/day) (bpd)

Propane 85 530

Liquid petrolum gas 265 1,665

Motor gasoline (unleaded 95 RON/85 MON) 2,760 17,360

Kerosene (illuminating paraffin) 600 3,775

Diesel fuela 1,400 8,800

Fuel oil 100 630

Total production 5,210 32,760

a The production of 70,000 t/a low aromatic diesel (since 2003) from diesel fuel is not 
shown separately.
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high-octane alkylate for motor gasoline. In the absence of natural gas liquids, this 
would not have been a preferred route for alkylate production.55

The C5 and heavier natural gas liquids are combined with the heavy naphtha 
and part of the COD naphtha to serve as feed to a naphtha hydrotreater (NHT). 
This part of the refinery employs a typical crude oil design philosophy to produce 
isomerate and reformate for motor gasoline. Nevertheless, some cognizance of 
HTFT properties has been taken, and hydrotreating the combined naphtha fraction 
before further fractionation has a number of advantages. The oxygenates were con-
verted to hydrocarbons before fractionation, thereby avoiding a broadening of the 
carbon number distribution. By hydrotreating the combined naphtha, duplication 
of feed pretreatment for downstream processing was avoided. (Both the hydroi-
somerization technology and the catalytic reforming technology that were selected 
employed chlorided catalyst systems that are sensitive to water/oxygenates.)

Diesel production involved a straightforward design. The olefinic distillate 
from olefin oligomerization was combined with the straight-run HTFT distil-
late and hydrotreated. The hydrotreated Fischer-Tropsch-derived distillate was 
blended with the distillate fraction from the natural gas liquids to produce diesel 
fuel. In 2003 another hydrotreater (noble metal catalyst) was added to the refinery 
to convert part of the hydrotreated HTFT distillate into low aromatic distillate to 
serve a niche market.56

Although chemicals co-production would be possible, it is, at the time of 
writing, limited to alcohol recovery from the aqueous product (not shown in 
Figure 18.7). In the Mossgas context this may or may not be viewed as chemicals 
production, since the alcohols can be used in fuels. The ethanol can be employed 
as blending component for motor gasoline, and the beneficial use of the heavier 
alcohols for diesel fuel has been demonstrated.54

Important aspects of the Mossgas refinery design that can be highlighted are:

	 1.	The design intent was to produce transportation fuels, and the design 
did not specifically make provision for chemicals co-production. It is in 
principle possible to extract chemicals from the HTFT syncrude, such as 
the alcohols that are being recovered from the Fischer-Tropsch aqueous 
product. Extraction of linear α-olefins may also be considered, which 
has indeed been investigated,57 and many other opportunities exist. 
However, it should be noted that the Mossgas facility is much smaller 
than the Sasol Synfuels facility, and recovery of valuable products in 
HTFT syncrude may not have economy of scale.

	 2.	The refinery design included the co-refining of natural gas liquids, not 
only as a blending stock, but also as an integral part of the feed to the 
refinery. This created synergy and allowed refining pathways that would 
otherwise be less efficient.

	 3.	The refinery design of the Mossgas facility displays some crude oil 
refinery design principles, but not without taking cognizance of HTFT 
syncrude properties. It produces on-specification transportation fuels for 
the South African market, with the motor gasoline being of Euro-4-type 
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quality, but diesel fuel having a lower density than that required for Euro-
4-type diesel fuel. Yet, the Mossgas HTFT refinery (Figure 18.7) has a 
lower complexity than a generic fourth-generation crude oil refinery (top-
ping-reforming-cracking-visbreaking-alkylation-isomerization),39 and it 
has a much lower degree of complexity than the Sasol Synfuels HTFT 
refinery (Figure 18.6). The Mossgas HTFT refinery design demonstrates 
that it is easier to refine HTFT syncrude to on-specification transporta-
tion fuels than crude oil. It also demonstrates the value of catering for the 
difference in properties between Fischer-Tropsch syncrude and crude oil 
in the refinery design, rather than imposing a crude oil refinery design 
on a syncrude feed.

	 4.	Olefin oligomerization is a key refining technology, and in the Mossgas 
refinery the COD process is used not only to convert normally gaseous 
olefins to liquid products, but also to refine oxygenates to fuel.

	 5.	Apart from the oxygenate refining performed by the COD process, the 
oxygenates in the Fischer-Tropsch aqueous product are refined to alco-
hols. These alcohols are recovered and may be blended with the trans-
portation fuels or sold as chemicals.

18.8 Sh ell Technology (1990s)

The development of the Shell Middle Distillate Synthesis (SMDS) process began 
in 1983, when a pilot plant was constructed at the Shell Research and Technology 
Centre in Amsterdam. This eventually culminated in the design and construction 
of the Shell gas-to-liquids facility in Bintulu, Malaysia, which was completed and 
commissioned in 1993.58

In many respects the SMDS process (Figure  18.8) precipitated a change in 
the Fischer-Tropsch community with respect to the preferred catalyst for Fischer-
Tropsch synthesis and the approach to product workup. It is therefore instruc-
tive to understand why Shell moved away from iron-based Fischer-Tropsch 
catalysts (and as a consequence also high-temperature synthesis) and opted for a 
Co-LTFT process with an uncomplicated refinery design that does not produce 
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on-specification transportation fuels. The reasoning behind Shell’s decision has 
been stated as follows:59

	 1.	Remote and relatively small gas fields cannot justify the high investment 
cost associated with liquefied natural gas (LNG) production or a gas 
pipeline system. Conversion of the natural gas from such gas fields to liq-
uids by a gas-to-liquids facility allows these gas fields to be exploited.

	 2.	Synthetic fuels may attract local government subsidies or sell at a pre-
mium because they offset imports and improve the country’s balance of 
payments. Furthermore, strategic considerations related to energy secu-
rity may play an important role in promoting investment in synthetic 
fuels production.

	 3.	The synthetic fuels that can be produced by low-temperature Fischer-
Tropsch synthesis inherently have a high quality (being sulfur- and 
aromatics-free) and can therefore be used as quality improvers with con-
ventional components.

	 4.	 In terms of global long-term demand, the demand for distillate may be 
more than the demand for motor gasoline.

The Co-LTFT syncrude produced by the SMDS process is comparable to Arge 
Fe-LTFT syncrude (Table 18.8), but it contains fewer olefins and oxygenates. It is 
also comparable to the German medium-pressure Co-LTFT syncrude (Table 18.2), 
but it is heavier. The refinery design is uncomplicated (Figure 18.8) and has only 
two conversion units: a hydrotreater and a hydrocracker. The hydrotreater is 
used to produce paraffins and waxes as final products for the chemicals market. 
Alternatively, the hydrocracker can be used to produce mainly kerosene and dis-
tillate range products (Table 18.12).60 The hydrocracking catalyst has been devel-
oped specifically for LTFT waxes and the unit is operated at mild conditions 
(300–350°C, 3–5 MPa).61 Although the composition of the hydrocracking catalyst 
has not been disclosed, the catalyst is likely to be a noble metal on mildly acidic 
support, for example, Pt or Pd on alumina.58

Table 18.12
Typical Product Properties Obtained from the Co-LTFT-Based 
SMDS Process

Property
Naphtha

(43–166°C)
Kerosene

(155–191°C)
Gas Oil

(184–357°C)

Hydrocracker yield (mass%)

Kerosene mode 25 50 25

Gas oil mode 15 25 60

Density at 15°C (kg∙m–3) 690 738 776

Aromatics (%) 0 <0.1 <0.05

Cetane index — 58 76
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According to the original design objectives, the refinery has not been 
designed to produce on-specification transportation fuels. The distillate fraction 
(Table 18.12) is therefore only a blending component. The LTFT-derived distil-
late has to be mixed with crude-oil-derived distillate in order to produce an on-
specification diesel fuel. This was a designed outcome and much thought went 
into the refinery design for the SMDS process. The compact design is in line with 
the potentially remote location of the facility, and the development of a noble 
metal hydrocracking catalyst keeps supply logistics simple (no sulfiding agent 
required) and keeps the product sulfur-free (no sulfur introduced by the use of a 
sulfiding agent).

The Fischer-Tropsch aqueous product was not further refined and was treated 
as a wastewater stream. This was in line with the simplicity of the refinery design, 
poor economy of scale for oxygenate recovery, and inherently low water-soluble 
oxygenate production from Co-LTFT synthesis.

Important points about the SMDS process as applied at Bintulu are:

	 1.	The selection of a fixed bed Co-LTFT process supported the objective 
to apply the SMDS process for beneficiation of remote gas fields. The 
Co-LTFT catalyst has a useful lifetime of 5 years and the robustness of 
fixed bed reactor technology has been proven. For example, the fixed 
bed Arge Fe-LTFT process has now been in operation for more than 50 
years at Sasol 1.

	 2.	The emphasis on distillate production and more specifically the produc-
tion of a diesel fuel blending component was a deliberate design deci-
sion. The design nevertheless included the flexibility to also produce 
chemicals, such as paraffins and paraffin waxes.

	 3.	Short-chain olefins are not refined and the gaseous LTFT products are 
employed as fuel gas. Production of this fraction is limited by Co-LTFT 
synthesis, and with the product being less olefinic than iron-based 
Fischer-Tropsch syncrude, less benefit would be derived from the inclu-
sion of an olefin oligomerization unit. Furthermore, adding complexity 
would go against the design objectives of the SMDS process.

	 4.	No specific provision has been made for dealing with oxygenates.

18.9 S asol-Chevron Technology (2000s)

The Sasol Slurry Bed Process (SSBP) was originally developed as an Fe-LTFT 
process that was commercialized at Sasol 1 in 1993.35 The reactor technology 
was proven with a precipitated iron Fischer-Tropsch catalyst. It offered the 
advantage of on-line catalyst addition and removal, which enabled operation at 
constant product selectivity (Fe-LTFT catalyst selectivity changes with time on 
stream)62 by keeping the average age of the catalyst in the reactor constant. In the 
Oryx gas-to-liquids (GTL) design for Ras Laffan, Qatar, the SSBP was adapted 
to make use of a newly developed Co-LTFT catalyst. Among the reasons cited 
for this change were higher activity and longer useful catalyst lifetime.45
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Commissioning of the Oryx GTL facility started in 2006 and production of the 
first GTL products was announced in February 2007.63 However, overproduction 
of a fine sediment as a result of catalyst attrition reduced throughput,64 and at the 
time of this writing sustained full-scale production had not yet been achieved. The 
syncrude resembles other LTFT syncrudes (Tables 18.2 and 18.8), and the refin-
ery consists of a single conversion unit, namely, a hydrocracker (Figure 18.9).

Superficially the Oryx GTL refinery design has much in common with the SMDS 
process, but there are important differences. There is no separate hydrotreater, 
which limits production of chemicals, such as waxes. The hydrocracker employs 
the Chevron Isocracking technology, which is based on a sulfided supported 
base-metal catalyst that was designed for crude oil conversion. The operating 
conditions of the hydrocracker are also more severe (>350°C, 7 MPa) than those 
required by the SMDS process (300–350°C, 3–5 MPa). Only intermediate prod-
ucts are produced (Table 18.13),5 with the naphtha slated as cracker feed and the 
distillate as blending component for diesel fuel.

Some important aspects of the Oryx GTL design that can be highlighted are:

	 1.	The selection of Co-LTFT synthesis, the associated refinery design, 
and the product slate for Oryx GTL all mimicked the SMDS process. 
Likewise, no provision has been made for the upgrading of short-chain 
olefins or oxygenates.

	 2.	Unlike the SMDS process, the refining technology selection did not spe-
cifically cater to the properties of LTFT syncrude.10

18.10 Di scussion

18.10.1  Refining Objectives

Most commercial Fischer-Tropsch refinery designs (Figures 18.1 to 18.9) included 
the co-production of chemicals with transportation fuels. The chemicals potential 
of Fischer-Tropsch syncrude has been pointed out repeatedly.38,47,65,66 This is a 
natural consequence of the properties of Fischer-Tropsch syncrude, that is, rich-
ness in linear hydrocarbons, olefins (especially linear α-olefins), and oxygenates. 
Furthermore, it is sulfur-free and nitrogen-free, which enables access to synthetic 
routes sensitive to such compounds.

Chemicals co-production is attractive from an economic point of view, since 
chemicals generally have a higher value than fuels. It has been shown in the past 
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that for crude oil refineries the combined production of fuels and chemicals pro-
vides the best return on investment (better than fuels only or chemicals only).67 
Some molecules that are difficult to refine to fuels have value as chemicals and 
vice versa. A refinery design that takes cognizance of the molecular composi-
tion of the feed and selects an appropriate refining strategy for each fraction is 
bound to be more efficient. This is also true for the refining of Fischer-Tropsch 
syncrude.

It can therefore be said that Fischer-Tropsch syncrude is best refined to trans-
portation fuels with chemicals co-production.

18.10.2  Selection of Fischer-Tropsch Syncrude

The selection of crude oil type is critical to the design and economic success of a 
crude oil refinery. Different crude oil types require a different refining strategy, 
and depending on the crude oil type, it may be easier or more difficult to achieve a 
specific product slate. The product slate is often determined by regional markets, 
unless the products are specifically earmarked for export. This also holds true for 
Fischer-Tropsch syncrude.

HTFT syncrude is easier to refine to on-specification transportation fuels than 
LTFT syncrude. This is partly due to its olefinic nature, giving it considerable 
synthetic ability, and partly due to the large proportion of material already in the 
fuels boiling range (C5–360°C). Historically fuels refining from HTFT syncrude 
focused mainly on motor gasoline production and only to a lesser extent on diesel 
fuel production. Jet fuel production became possible only recently (2008) with the 
international qualification of fully synthetic jet fuel.

HTFT syncrude also has significant chemicals potential, especially when ole-
fins and oxygenates are targeted.

LTFT syncrude is more difficult to refine to on-specification transportation 
fuels, but has become almost synonymous with distillate production from Fischer-
Tropsch-based GTL conversion. In this application the SMDS process has been 
the trailblazer. However, there are two potential misconceptions that should be 
pointed out. First, Fischer-Tropsch distillate produced from LTFT syncrude is 

Table 18.13
Typical Product Properties Obtained from the 
Co-LTFT-Based Oryx GTL Facility

Property
Naphtha

(51–131°C)
Distillate

(151–334°C)

Hydrocracker yield (vol%) 25 75

Density at 15°C (kg∙m–3) 685–687 769–777

Aromatics (%) 0.3 0.5

Cetane index 39 72
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not a final on-specification diesel fuel, but a blending material. Second, LTFT 
syncrude is not inherently superior to HTFT syncrude for distillate production. 
LTFT syncrude may contain more straight-run distillate than HTFT syncrude, 
but most of the distillate produced during LTFT refining is produced by wax 
hydrocracking. Distillate production from HTFT syncrude occurs by the opposite 
process, namely, oligomerization of the olefinic C3–C10 HTFT syncrude fraction. 
It is consequently possible to refine either LTFT or HTFT syncrude to distillate. 
Conversely, it must be pointed out that LTFT syncrude can also be refined to 
on-specification motor gasoline and fully synthetic jet fuel, albeit less efficiently 
than HTFT syncrude. It is therefore wrong to label LTFT syncrude as suitable for 
distillate production only.

LTFT syncrude has significant chemicals potential in the field of linear paraf-
fins and waxes, with some potential for olefin and oxygenate chemicals too. It is 
also well suited for the production of lubrication oils by catalytic dewaxing.

Another important consideration is the raw material selection and synthesis 
gas production strategy. For example, in a GTL facility, some natural gas conden-
sates may be available for co-refining with the Fischer-Tropsch syncrude, while 
in a coal-to-liquids (CTL) facility there may be coal liquids to be co-refined. 
Depending on the raw material, the liquid products that may be co-produced may 
complement or detract from the syncrude properties. Even if co-refining is not 
considered, blending opportunities with non-Fischer-Tropsch liquids may influ-
ence the refinery design, which is no longer dependent on just the syncrude type. 
This has been illustrated by the Hydrocol (Figure 18.2) and Mossgas (Figure 18.7) 
refineries for GTL applications and by the Sasol 1, 2, and 3 (Figures 18.3 to 18.5) 
refineries for CTL applications.

18.10.3  Gas-to-Liquids Trends

Commercial Fischer-Tropsch production has seen growth since the 1990s only in 
terms of gas-to-liquids facilities. In terms of design, Mossgas (1993) is the odd 
one out, since it is the only GTL facility that targeted on-specification fuels as 
final products. A new trend was started with Shell’s Bintulu facility (1993), which 
employs the SMDS process. Since then the SMDS process (Figure 18.8) served 
almost as a blueprint for new GTL facilities that have been constructed or are under 
construction. All of these facilities are based on the combination of Co-LTFT 
and hydrocracking, albeit using different technologies. Escravos GTL, under con-
struction in Nigeria, is very similar in design to Oryx GTL (Figure 18.9).68 Pearl 
GTL, under construction in Qatar, is based on the SMDS process, but with the 
addition of a catalytic dewaxing unit for lubricating oil production.69

It is of interest to analyze the paradigm shift caused by the SMDS process in 
context of the original Shell design objectives (refer to Section 18.8) and the cur-
rent situation.

The design objectives for the SMDS process were developed to exploit small or 
remote gas fields where the cost of liquefied natural gas production or a gas pipe-
line system is not warranted. In many of the present GTL applications this is not 
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the case, with the expansion of LNG and GTL infrastructure in Qatar occurring 
in parallel. It is consequently possible to exploit economy of scale, and although 
robustness and simplicity are definitely virtues, there is no reason to limit the 
refinery design to the production of liquid intermediates. The inclusion of lubri-
cating oil production in the Pearl GTL design is therefore not surprising.

The prediction that was made by Shell that the long-term demand for distillate 
will be more than the demand for motor gasoline was correct. Since the 1990s 
there has been a gradual shift from motor gasoline to diesel fuel, especially in 
Europe. The focus on distillate production is consequently justified, and securing 
a market should in principle not be a problem.70 However, LTFT-derived distillate 
has lost some of its advantage as a quality improver for conventional crude-oil-
derived distillate. The lowering of sulfur specifications (currently 50 μg∙g–1 in 
Europe, going down to 10 μg∙g–1) resulted in crude oil refiners having to hydroge-
nate their distillate more deeply. As a result, more aromatics are saturated and that 
in turn caused an increase in the cetane number and a decrease in the density of 
crude-oil-derived distillates. LTFT-derived distillate still has a significant blend-
ing advantage to reduce the density, but in low-sulfur markets there is little mar-
gin to use LTFT distillate to blend off-specification crude-oil-derived material to 
meet fuel specifications. For example, blending a 20 μg∙g–1 sulfur crude oil distil-
late to meet a 10 μg∙g–1 sulfur specification would require a 50:50 mixture with 
LTFT distillate, and the blended diesel fuel would fail a 820 to 845 kg∙m–3 density 
specification if the crude oil distillate has a density of less than 860 kg∙m–3.

It will be interesting to see whether the GTL trend started by the SMDS pro-
cess will continue. The inclusion of lubricating oil production as part of the Pearl 
GTL design indicates that it may not. In a related field there also seems to be 
movement. In oil sands processing, where the product traditionally had been a 
synthetic crude oil that was sold for refining elsewhere, there seems to be increas-
ing interest in adding value to the product.71

18.11  Conclusions

The designs of various commercial Fischer-Tropsch refineries have been 
explored to gain insight into the collective wisdom of many Fischer-Tropsch 
syncrude refiners. These are the lessons from the past. Some of these 
insights are bounded by historical context and should be interpreted as such. 
Nevertheless, there are some points of learning valid for Fischer-Tropsch refin-
ing in general:

	 1.	Fischer-Tropsch syncrude is best refined to transportation fuels with 
chemicals co-production. However, it is possible to refine syncrude to 
just fuels or just chemicals.

	 2.	Different refining strategies are possible, and different refinery designs 
are required for the refining of HTFT and LTFT syncrudes.

	 3.	Selecting HTFT or LTFT syncrude to match the desired product slate 
is important for achieving an efficient design. HTFT syncrude is more 
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efficient for the production of on-specification transportation fuels than 
LTFT syncrude.

	 4.	Refinery designs taking cognizance of the properties of the syncrude 
are more efficient than refinery designs imposing a crude oil design 
approach on syncrude.

	 5.	Oxygenates present in Fischer-Tropsch syncrude require special refining 
and create opportunities for chemicals co-production.

	 6.	Light olefin upgrading is an integral part of HTFT refining and in 
general becomes increasingly important as the α-value of the Fischer-
Tropsch catalyst decreases. Olefins in general also create opportunities 
for chemicals co-production.

	 7.	Olefin oligomerization is a key Fischer-Tropsch refining technology.
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19 Low-Temperature 
Water-Gas Shift
Assessing Formates as 
Potential Intermediates 
over Pt/ZrO2 and 
Na-Doped Pt/ZrO2 
Catalysts Employing the 
SSITKA-DRIFTS Technique

Gary Jacobs, Burtron H. Davis, 
John M. Pigos, and Christopher J. Brooks

In this contribution, the steady-state isotopic transient kinetic analysis–diffuse 
reflectance Fourier transform spectroscopy (SSITKA-DRIFTS) method pro-
vides further support to the conclusion that not only are infrared active formates 
likely intermediates in the water-gas shift (WGS) reaction, in agreement with 
the mechanism proposed by Shido and Iwasawa for Rh/ceria, but designing cat-
alysts based on formate C–H bond weakening can lead to significantly higher 
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catalytic activity. This is in agreement with their proposal that the rate-limiting 
step involves cleaving the formate C–H bond. In situ DRIFTS experiments dem-
onstrate that doping Pt/zirconia water-gas shift catalysts with alkali cations such 
as Na significantly weakens the formate C–H bond, such that the C–H stretching 
band position moves to lower wavenumbers, from 2,880 cm–1 for the Pt/ZrO2 
catalyst to the range of 2,804 to 2,845 cm–1 for the Na-doped Pt/ZrO2 catalyst. 
Relative to undoped Pt/ZrO2, the formate coverage during steady-state water-
gas shift was very low at 225°C, since the formates were reacting too rapidly to 
accurately assess. However, by lowering the temperature to 185°C, the formate 
decomposition rate was slowed such that the coverage increased enough to moni-
tor the formate reactive exchange from the 12C to the 13C label during 12CO to 
13CO switching. In all tests, the formate C–H band reactive exchange rate was 
virtually the same as the product CO2 exchange rate. Even at 185°C, the reactive 
exchange time of formate for the alkali-doped catalyst was shorter than that of the 
undoped Pt/zirconia catalyst at the higher temperature condition.

19.1  Introduction

Many researchers agree that a synergism in water-gas shift catalysis occurs 
when a metal such as Pt or Au is brought into contact with a partially reducible 
oxide carrier such as zirconia,1–5 ceria,6–22 titania,23–31 thoria,32–34 or α-Fe2O3.35–43 
To describe this behavior, many favor a support-mediated redox mechanism7,9–12 
involving reoxidation of the partially reduced oxide by H2O to produce H2. Others 
argue that H2O is dissociated at the vacancy sites to yield active OH groups. In that 
case, those authors argue that an associative mechanism, most likely involving for-
mate1,3,4,6,14,15,20–22,24,27,29–33,38 or carbonate5,16,38 or carboxyl17 intermediates provides 
a better explanation. Most recently, in a review of the Au/ceria system by Burch,44 
the above mechanisms were compared and contrasted extensively, and he pro-
posed that each mechanism may be valid under certain conditions. In this way, he 
argues, they may be subsets of a universal water-gas shift mechanism that involves 
a support-mediated redox process (i.e., support changing oxidation state during the 
course of the mechanism) at high temperature, and one of a number of associative 
mechanisms at low temperature, that likely depend on the feed conditions.44

For low-temperature shift conditions making use of a high H2O/CO ratio, and 
including H2 in the feed, researchers from the University of Kentucky Center 
for Applied Energy Research (CAER) have argued in favor of a formate-based 
mechanism over a number of Pt/partially reducible oxide catalysts, including 
ceria,4,14,15 zirconia,3,4 and thoria.32,33 Though proposed long before, the formate 
mechanism gained momentum in 1981, when Grenoble and coworkers45 reported 
an important influence of the support on the water-gas shift activity of various 
metal catalysts. For example, when Pt was supported on alumina instead of silica, 
the rate increased an order of magnitude. To describe these differences in activ-
ity, the authors used a bifunctional model, involving the chemisorption of water 
on alumina and CO on the metal. This was followed by the association of the CO 
with the activated water to form an adsorbed formic acid–like species via the 
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formate mechanism, with subsequent decomposition through dehydrogenation on 
the metal sites. In the early 1990s, Shido and Iwasawa6,46 published detailed in 
situ DRIFTS studies of the water-gas shift reaction over ceria46 and Rh/ceria,6 
which identified formates as the main intermediates in the WGS catalytic mecha-
nism. In that mechanism, the metal assists in facilitating the formation of defect 
sites in the partially reducible oxide. H2O dissociates into these vacancies to gen-
erate type II bridging OH groups, and these in turn react rapidly with CO to 
form formate species. In the presence of co-adsorbed H2O, formate decomposes 
in the forward direction to H2 and adsorbed CO2 (as a carbonate), which further 
decomposes to yield the gas phase product, CO2. Using temperature-programmed 
desorption–infrared (TPD-IR), a normal kinetic isotope effect was observed dur-
ing steam-assisted forward formate decomposition. Based on this, the authors 
linked the rate-limiting step of the mechanism to C–H bond breaking of the for-
mate species. An identical normal kinetic isotope effect was also observed with 
H2O–D2O switching during WGS reaction testing.

In 2005, Chenu and coworkers3 reported that 1% Pt/ZrO2 behaved through 
an analogous formate mechanism compared to metal/CeO2 catalysts for low-
temperature water-gas shift, as shown in Scheme 19.1. Characterization by TPR 
indicated that a partial reduction of zirconia, confined to surface defects, could be 
accomplished resulting in formation of type II bridging OH groups (i.e., vacancy + 
dissociated H2O). CO adsorption was used to probe the active OH groups through 
the generation of formate species, as observed in DRIFTS. As with metal/CeO2 
catalysts before,14,15 in the absence of H2O, formates were found to be stable at low 
temperature, such that their band intensities in DRIFTS gave a good qualitative 
indication of the number of the active OH groups probed by the CO molecule. 
Formate band intensities observed over 1% Pt/ZrO2 were lower than those over 
1% Pt/ceria, suggesting a lower concentration of the defect-associated active OH 
groups. During steady-state water-gas shift tests with high H2O/CO ratios, for-
mate bands were reaction rate limited, implicating the species as a potentially 
important intermediate, in line with what was previously observed over metal/
CeO2 catalysts.14,15 The concentration of type II OH groups over 1% Pt/ZrO2 was 
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suggested to be lower than the concentration observed for 1% Pt/CeO2, and inter-
estingly, water-gas shift rates followed an identical trend: Pt/ceria > Pt/m-zirconia 
> Pt/t-zirconia. More recently, yttrium-stabilized ZrO2 tested in combination with 
metals by Panagiotopoulou and Kondarides26,28 was found to exhibit higher activ-
ity over the metals supported on less reducible oxides, such as SiO2 and Al2O3. 
However, the activity was not found to be as high as metal/CeO2, in agreement 
with our previous findings, or metal/TiO2 catalysts.

There have been recent reports of the use of promoters for Pt/ZrO2 cata-
lysts for low-temperature water-gas shift, and some that have aimed to increase 
water-gas shift activity by accelerating the formate turnover rate. For example, 
Iida and Igarashi29,30 have reported enhanced activity by promoting Pt/ZrO2 
with Re to form a bimetallic catalyst. Infrared spectroscopic characterization 
of the carbonyls on Pt-Re/ZrO2 indicated a correlation with the carbonyls on 
Pt/ZrO2 and Re/ZrO2 in an additive manner. Because Re/ZrO2 alone did not 
exhibit significant WGS activity, the enhancement was argued to be the result 
of a synergistic effect of Re with Pt. The authors observed by infrared spec-
troscopy under steady-state WGS conditions that the formate species for Pt-Re/
ZrO2 were more reactive (i.e., lower coverage) than those observed over Pt/ZrO2 
alone. In addition, a band they assigned to Re-O upon the adsorption of steam 
to the reduced catalyst disappeared upon exposure to CO, leading the authors to 
conclude that Re imparted a redox cycle during active OH group formation on 
Re. This was suggested to accelerate the turnover rate of formate species, with 
Pt-CO providing sites for associating with Re-OH groups in order to form the 
bidentate formate species.

In 2005, Brooks et al.47 from Honda Research Institute USA, Inc. (HRI) in 
conjunction with Symyx Technologies, Inc., reported findings from over 250,000 
experiments conducted by combinatorial catalysis. Catalyst libraries were 
synthesized on 4-inch wafers in 16 × 16 arrays, and screened using a Symyx 
high-throughput scanning mass spectrometer. Among the promising composi-
tions, an important improvement in catalyst activity was observed when Pt/ZrO2 
was doped with the alkalis Li, Na, or K, with Na yielding the greatest enhance-
ment. In 2006, Pigos et al.48,49 reported results of DRIFTS spectroscopy suggest-
ing that formate species were more reactive on the Na-promoted catalysts relative 
to Pt/ZrO2 alone. The conclusion was based on three separate tests specifically 
designed to probe formate stability during (1) steady-state CO adsorption and 
water-gas shift experiments at 225°C, (2) transient formate decomposition studies 
at 130°C in the presence of steam, and (3) formate decomposition tests under dry 
conditions using hydrogen-deuterium exchange at 225°C. In those studies, the 
formate C–H bands were significantly shifted to lower wavenumbers, suggesting 
an important electronic weakening of the formate C–H bond by the presence of 
the alkali on the catalyst surface.

While the above results appear to strongly favor a surface formate associa-
tive mechanism for low-temperature water-gas shift over the Pt/ZrO2 catalysts, 
methods to provide direct support for the mechanism have remained elusive. 



Low-Temperature Water-Gas Shift	 369

One method that is gaining momentum is in operando spectroscopy, which 
makes use of a combination of isotopic tracers with in situ infrared spectros-
copy, such as SSITKA-DRIFTS, and is often used in combination with mass 
spectrometry. Recently, Tibiletti et al.5 employed the technique and reported 
that the timescale for the exchange rate of the reaction product CO2 was much 
shorter than that of the infrared active surface formates. Therefore, they ruled 
out infrared active formates as the main reaction pathway. They alternatively 
suggested that a carbonyl species or an infrared invisible complex (not exclud-
ing some type of formate) could be an intermediate, or that a redox mechanism5 
could be occurring. In the latter case, the redox term implies that the support 
oxide itself undergoes changes in oxidation state during the catalytic cycle, with 
CO spillover from Pt to the oxide. This results in reduction of the oxide surface 
and CO2 formation, followed by reoxidation of the support by H2O, with the 
generation of H2. Whichever view holds, they conclude that contact between the 
Pt and ZrO2 is necessary for the catalysis, indicating an important synergism 
relying on both metal and oxide sites during the catalytic cycle.

In previous independent and joint studies between HRI and CAER, an elec-
tronic weakening of the formate C–H bond due to the presence of the alkali pro-
moter was deemed to be beneficial to accelerating the catalytic water-gas shift 
cycle.47–49 To further explore the promoting effect of alkali addition to Pt/ZrO2 
and place the earlier hypothesis on a firmer footing, this study aims to apply the 
SSITKA-DRIFTS technique. Previously employed at the CAER, the approach was 
used to show that formate species over Pt/ceria catalysts50 did reactively exchange 
at a timescale virtually identical to that of the CO2 product. Most recently, CAER 
researchers have extended that viewpoint to include not only ceria, but zirconia, 
ceria-zirconia mixed oxide, and thoria as well.51 Therefore, the SSIKA-DRIFTS 
method was applied to Na-doped Pt/ZrO2 catalyst to determine (1) whether for-
mates and CO2 reactively exchange on a similar timescale and (2) whether for-
mates/CO2 reactively exchange faster than undoped Pt/ZrO2.

19.2 E xperimental

19.2.1  Catalyst Preparation

Catalyst samples were prepared by the incipient wetness impregnation method. 
Commercial high surface area zirconium support Gobain NorPro [Brunauer-
Emmett-Teller (BET) surface area of 142 m2/g] was impregnated with aqueous 
platinum with and without sodium salt–containing solution. The precursor for Pt 
was tetraammineplatinum (II) hydroxide (9.09% Pt w/w), while the precursor for 
Na was sodium hydroxide (3.0 N). The impregnated catalysts were dried in an 
oven at 110°C for 24 h and then calcined at 300°C for 3 h in a furnace. Sequential 
impregnations were carried out by drying and calcining after each metal addition, 
with platinum added first and sodium added second.
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19.2.2  BET Surface Area

BET surface area measurements were carried out using a Micromeritics TriStar 
3000 gas adsorption analyzer. Approximately 0.35 g of sample was weighed 
out and loaded into a 3/8-inch sample tube. Nitrogen was used as the adsorp-
tion gas and sample analysis was performed at the boiling temperature of liq-
uid nitrogen.

19.2.3  SSITKA-DRIFTS Method

The infrared spectrometer was a Nicolet Nexus 870, equipped with a deuterated 
triglycine sulfate and thermoelectricity cooled (DTGS-TEC) detector. A chamber 
fitted with ZnSe windows capable of high temperature and high pressure served 
as the reactor for CO adsorption and water-gas-shift experiments. The gas lines 
leading to and from the reactor were heat traced and insulated with ceramic fiber 
wrap. Scans were taken at a resolution of 4 to give a data spacing of 1.928 cm–1. 
For steady-state measurements, 256 scans were taken to improve the signal-to-
noise ratio, and multiple scans were made to ensure reproducibility of the steady-
state condition. During SSITKA, thirty-two scans were required, and the catalyst 
amount used was ~50 mg.

Feed gases were controlled by Brooks 5850 series E mass flow controllers. Iron 
carbonyl traps consisting of lead oxide on alumina (Calsicat) were placed on the 
CO gas line. All gas lines were filtered with Supelco O2/moisture traps. Catalysts 
were activated with H2:N2 (100 cm3/min:130 cm3/min) at 300°C, purged in N2 
(130 cm3/min), and cooled to a temperature of interest in N2 to obtain background 
scans. For CO adsorption measurements, CO:N2 (3.75 cm3/min:130 cm3/min) was 
flowed at 300°C and then cooled to the temperature of interest. Following CO 
adsorption experiments, steady-state water-gas shift measurements were carried 
out at either 225 or 185°C, using CO:H2O:N2 (3.75 cm3/min:62.5 cm3/min:67.5 
cm3/min) or CO:H2O:H2 (same ratio).

19.2.3.1  System Dynamics
In order to obtain enough scans to achieve an adequate signal-to-noise ratio by 
DRIFTS, it was necessary to take thirty-two scans per data point, which required 
approximately 1.1 min per point. Therefore, in order to have enough time to moni-
tor the switching experiment, a linear input with time was utilized, as shown in 
Scheme 19.2. The time to achieve 50% 13C exchange in a particular species actu-
ally included time delays in addition to the true transient kinetic half-life. First, 
there was a lag time from the point of the mass flow controller to the reactor 
itself, and this section included heat-traced tubing, a tubular steam generator, and 
the DRIFTS cell (with a small volume). This section was essentially a plug flow 
regime resulting in a time lag. Second, we were providing a linear input when 
we switched to the 13CO feed. As shown in Scheme 19.2, the small volume pres-
surized to 25 psig (minimum pressure required to maintain mass flow controller 
operation) was gradually replaced, as the feed rate of CO is very low (~3.75 ccm). 
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This resulted in the linear concentration input that allowed us enough spectrom-
eter scanning time such that we could improve the S/N ratio of the spectrum to 
the point where we could follow the signals by DRIFTS. Control experiments 
were made to determine the exchange time of the system in the absence of cata-
lyst. To do so, a 12CO to 13CO switch in N2 was carried out, and KBr was used as 
the blank. Results are reported in Figure 19.3. Removing the time lag, the time to 
achieve 50% replacement by 13CO was ~2.2 min (Figure 19.3a) when carried out 
at 225° and ~2.7 min (Figure 19.3b) at 185°C.

To add transparency, we decided to use the intense and well-defined CO2 bands 
from infrared spectroscopy to carry out the analysis, instead of using a mass spec-
trometer to independently analyze the product CO2, as was carried out in an earlier 
study.5 That is, our view is that the SSITKA-DRIFTS results are more meaning-
ful if the signals for both species (formate and CO2) are obtained from the same 
spectrum instead of utilizing two different instruments, especially considering 
that a separation of CO and H2O is recommended such that both species are not 
present in the ionization chamber of the mass spectrometer. To use the CO2 signal 
in DRIFTS, it was necessary to use a cover box and to purge ambient air from 
the system. This was accomplished by running a continuous nitrogen purge in the 
box, clearing out all traces of CO2 gas due to atmospheric contamination.

During steady-state isotopic transient kinetic analysis, the 12CO was switched to 
13CO and the carbon-containing adsorbed and gas phase species were monitored 
in the IR as they exchanged from the 12C to the 13C label. Particular attention was 
made to those species that exchanged on a timescale similar to that of the exchange 
of the product CO2, as that species could be a likely intermediate to the water-gas 
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Scheme 19.2  Explanation of the time lag and linear concentration input.
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shift mechanism. However, in addition, control experiments were carried out in 
the absence of steam to determine whether any of the species exchanged rapidly in 
the absence of the water-gas shift reaction. That is, we identified those species that 
were likely to undergo a purely nonreactive exchange process.

To further assess the stability of the formate and decouple the promoting impact 
of steam (which promotes both the rate and the formate decomposition selectivity 
to favor the forward the decomposition to CO2 and H2), the formate C–H bond 
was subjected to 12C–13C exchange under dry conditions. This resulted primarily 
in reverse formate decomposition back to CO and –OH. Following catalyst activa-
tion, background collection, and CO adsorption, the catalyst was cooled to 225°C 
in 12CO:N2 (3.75 cm3/min:130 cm3/min). This was followed by switching the feed 
to 13CO:N2. The formate 12C to 13C exchange rates were followed, with 128 scans 
per spectrum taken between intervals.

19.3 R esults and Discussion

BET results are reported in Table  19.1. A decrease in the BET surface areas 
was observed with addition of Pt and Na to zirconia; however, the surface areas 
remained well above 100 m2/g. The activation of reduced defect sites over zirconia 
has been suggested49 to occur via either (1) the formation of an oxygen vacancy 
defect or (2) the formation of a type II bridging OH group. The latter is interpreted 
to be the result of the dissociative adsorption of H2O at the oxygen vacancy sites, 
or from the dissociation and spillover of H2 from the metal to the oxide surface. 
TPR experiments49 demonstrated that 2% Pt addition shifted reduction peaks for 
the zirconia surface to <200°C.

Following activation of zirconia at 300°C in H2, and cooling to the tempera-
ture of interest and upon CO adsorption, formate bands are readily identified and 
include the C–H stretching bands of bidentate formate (Figure 19.2). The main 
band, υ(C–H), is situated at 2,880 cm–1, with minor bands for δ(C–H) + υs(OCO) 
and 2δ(C–H) positioned at 2,966 and 2,745 cm–1, respectively. In addition, OCO 
asymmetric and symmetric stretching bands were also identified, with υas(OCO) 
positioned at 1,568 cm–1, and υs(OCO) located at 1,386 and 1,366 cm–1. As Pt 
promoted the formation of reduced defect sites in the surface shell of zirconia, 
the number of type II bridging OH groups increased when the Pt loading was 

Table 19.1
BET Surface Area and Porosity Data for ZrO2 and 2% Pt-Loaded 
Catalysts

Catalyst BET SA (m2/g) Pore Volume (cm3/g) Pore Radius (nm)

ZrO2 142.2 0.233 2.33

2% Pt/ZrO2 136.3 0.226 2.33

2% Pt/2.5% Na/ZrO2 118.1 0.203 2.33
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increased from 1% to 2%, and this in turn caused the formate band intensities 
upon CO adsorption to increase (Figure 19.2). However, the band positions for 
formate did not change.

As shown in Figure 19.1, the addition of alkali metals to 1% (or 2%) Pt/ZrO2 
catalysts in the alkali to Pt molar ratio of ~21 for 1% Pt (~11 for 2% Pt) (i.e., on 
a wt% basis, this results in a value of 2.5% Na) produced a pronounced increase 
in both the intensity (×3 relative to 1% Pt/ZrO2) and band positions of formate. 
In addition, the υ(C–H) band decreases from 2,880 cm–1 for 1% Pt/ZrO2 alone 
to the range of 2,842–2,804 cm–1 for 1% Pt/2.5% Na/ZrO2, while the difference 
between the OCO asymmetric υas(OCO) and symmetric bands υs(OCO) displays 
a pronounced increase when comparing 1% Pt/ZrO2 (1,568 to 1,386 = 182 cm–1) 
to 1% Pt/2.5% Na/ZrO2 (1,614 to 1,310 = 304 cm–1).
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Figure 19.1  (Solid lines) CO adsorption and (dashed lines) steady-state WGS for (a) 
1% Pt/ZrO2 at 225°C, (b) 2% Pt/ZrO2 at 225°C, (c) 1% Pt/2.5% Na/ZrO2 at 225°C, and (d) 
1% Pt/2.5% Na/ZrO2 at 185°C.
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The addition of Na also impacted the Pt–CO linear υ(CO) to bridged υ(CO) 
band ratio, referred to as L/B.52,53 The presence of the Na dopant favored an 
increase in the amount of bridge-bonded CO, where the ratio of 8.3 for no alkali 
doping decreased to 1.5 for the 2.5% Na-doped sample. Competing viewpoints 
(e.g., electronic, geometric) regarding the nature of the change in the L/B ratio are 
summarized in previous works.1,49

Over metal/CeO2 catalysts, it has been observed that at high H2O/CO ratios, the 
coverage of formate is regulated by the water-gas shift rate at low temperature.15 
This suggests not only that it is a likely intermediate, but that the coverage itself 
provides an important measurement of the water-gas shift rate. Moreover, based 
on the observed normal kinetic isotope effect,6,54,55 the formate decomposition 
by dehydrogenation (which involves formate C–H bond breaking) was suggested 
to be the rate-limiting step over Pt/ceria under conditions relevant to low-tem-
perature shift as applied to fuel processing for fuel cell applications. A similar 
normal kinetic isotope effect was found in the water-gas shift rate over Pt/ZrO2

3. 
Therefore, if the formation rate of the formate is sufficiently rapid, then the rate of 
the decomposition step should ultimately determine the surface coverage. It fol-
lows, then, that if the formate coverage is low during steady-state water-gas shift, 
the formate is suggested to be reacting faster. As shown in Figure 19.1, when one 
switches from CO adsorption to steady-state water-gas shift (while maintaining 
constant CO partial pressure using N2 as the balancing gas), the formate coverage 
becomes significantly limited, and this suggests that the water-gas shift rate is 
regulating the coverage. Assuming that CO adsorption probes the total number of 
active sites of bridging OH groups available, then the coverage during steady-state 
water-gas shift can be defined as the intensity during water-gas shift divided by 
the intensity during CO adsorption. The results of the formate fractional coverage 
are reported in Table 19.2. Using the 1% Pt/ZrO2 catalyst as a basis (Figure 19.1a), 
the coverage is ~0.36 at 225°C. Increasing the Pt loading is suggested to increase 
the rate at which formate decomposes at the Pt-ZrO2 interface, and consequently 

Table 19.2
Formate Fractional Coverage θformate at 
Steady-State Low-Temperature Shift 
Conditions at 225°C or 185°C

Catalyst Description T (°C) θformate (CO + H2O + N2)

1% Pt/ZrO2 225 0.36

2% Pt/ZrO2 225 0.29

1% Pt/2.5% Na/ZrO2 225 0.05

1% Pt/2.5% Na/ZrO2 185 0.16

Note:	 θformate was calculated by dividing the formate area dur-
ing steady-state water-gas shift by the formate area 
from CO adsorption.
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decrease the coverage to ~0.29 at 225°C (Figure  19.1b). However, doping the 
catalyst with Na weakens the formate C–H bond and makes it more reactive. 
Therefore, the coverage is profoundly impacted by the addition of the dopant, 
dropping the coverage to just 0.05 at 225°C (see Figure 19.1c). However, it is not 
possible to carry out a meaningful SSITKA experiment with such a low formate 
coverage. In order to increase the formate coverage, it was necessary to decrease 
the reaction rate by lowering the temperature. As shown in Figure 19.1d, the cov-
erage increases to 0.16 when the temperature is lowered to 185°C, a measurable 
value for SSITKA testing. Note that the Pt carbonyl band is hardly impacted 
when switching to steady-state water-gas shift, suggesting that it may not be an 
important intermediate.

Figure 19.2 displays reference spectra for the 12C- and 13C-containing species 
either after CO adsorption or during steady-state water-gas shift. The difference 
between the formate C–H band position during CO adsorption and steady-state 
water-gas shift is important. Coverage effects result in a difference of 2,883 – 
2,872 = 11 cm–1 (Figure 19.2a) for Pt/ZrO2 (12C basis) and 2,844 – 2,800 = 44 
cm–1 (Figure  19.2c) for PtNa/ZrO2 (12C basis). The differences are quite pro-
nounced and stress the importance of using the formate C–H bands obtained 
during steady-state water-gas shift testing (i.e., as opposed to those obtained from 
CO adsorption) as references for the SSITKA analysis. This is especially critical 
when considering that the differences between the formate bands carrying the 
12C and 13C labels during steady-state water-gas shift are 2,872 – 2,854 = 18 cm–1 
(Figure 19.2 a,b) in the case of Pt/ZrO2 and 2,800 – 2,791 = 9 cm–1 (Figure 19.2 
c,d) for PtNa/ZrO2, during steady-state water-gas shift. Therefore, in the course 
of an isotopic transient study, the resulting formate band can be fitted using a lin-
ear combination of reference spectra of 12C–H and 13C–H recorded during steady-
state water-gas shift.

Figure 19.3 shows the results of isotopic switching over a blank KBr sample, 
providing measurements of the system dynamics. The results of the control exper-
iments carried out in the absence of H2O are displayed in Figures 19.4 (Pt/ZrO2) 
and 19.5 (PtNa/ZrO2), respectively, after removal of the time lag from the data. 
Figure 19.4 demonstrates unequivocally that formates display remarkable stabil-
ity in the absence of H2O. This suggests that the rate-limiting step more likely 
involves formate decomposition instead of their formation. Removing the time 
lag, even after 40 min, only a small fraction (<15%) has undergone exchange to 
the 13C label. Hereafter, all reported exchange times exclude the time lag. In con-
trast, Pt–CO undergoes rapid exchange to the 13C label (time to achieve 50% 13C 
incorporation, ~4.5 min). Since there is no water-gas shift reaction taking place 
in this condition, the result suggests that the rapid Pt–CO exchange during WGS 
may likely be due to a replacement exchange of Pt–12CO by 13CO, and not indica-
tive of being involved in the WGS pathway. On the other hand, any exchange of 
formate during water-gas shift would suggest that it is likely a reactive process, 
since formate is otherwise quite stable in the low-temperature region—in contrast 
to what has been reported in a recent review.56 Figure 19.5 shows that the formate 
for the PtNa/ZrO2 catalyst is more reactive under the dry condition than Pt/ZrO2, 
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and the time to achieve 50% 13C incorporation is ~27.5 min. Thermal formate 
decomposition, which is the reaction back to CO and –OH, is suggested to involve 
C–H bond breaking of the formate, as in water-gas shift. Therefore, this decrease 
in formate stability (via C–H bond weakening from alkali doping) as observed in 
Figure 19.5, provides a further indication that the formate is more reactive under 
true water-gas shift conditions. In other words, the decomposition is faster in the 
forward direction and easier with the influence of sodium.

Figures 19.6 through 19.11 detail the isotopic exchange rates during water-gas 
shift for the formate, CO2, and Pt–CO bands, in switching from the 12C to 13C 
label. In all cases, the reactive exchange rates of formate and CO2 were virtu-
ally identical, implicating the formate species as the likely intermediate to the 
water-gas shift catalytic mechanism over Pt/ZrO2 and PtNa/ZrO2 catalysts. The 
DRIFTS spectra at the top of each figure show the switching of these species from 
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Figure 19.2  (Solid lines) CO adsorption and (dashed lines) steady-state WGS for (a) 
2% Pt/ZrO2 at 225°C using 12CO, (b) 2% Pt/ZrO2 at 225°C using 13CO, (c) 2% Pt/2.5% Na/
ZrO2 at 185°C using 12CO, and (d) 2% Pt/2.5% Na/ZrO2 at 185°C using 13CO.
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Figure 19.3  Isotopic switching control experiments at (a) 225°C and (b) 185°C to assess 
the exchange time of the DRIFTS cell. 12CO to 13CO switching was conducted in flowing N2 
using the same CO flow and partial pressure that were used in the WGS experiments.
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Figure 19.4  Isotopic tracer-DRIFTS experiment over 2% Pt/ZrO2 at 225°C, including 
((a) left) formate C–H stretching region and ((a) right) Pt–CO stretching regions. Results 
of the linear combination fitting (b) showing the fraction of (filled) 12C label or (unfilled) 
13C label in (circles) formate C–H band or (triangles) Pt carbonyl bands. Feed contained 
CO + N2. In the absence of H2O, formates show remarkable stability. Pt–CO was found to 
undergo isotopic exchange readily.
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Figure 19.5  Isotopic tracer-DRIFTS experiment over 2% Pt/2.5% Na/ZrO2 at 225°C, 
including ((a) left) formate C–H stretching region and ((a) right) Pt–CO stretching regions. 
Results of the linear combination fitting (b) showing the fraction of (filled) 12C label or 
(unfilled) 13C label in (circles) formate C–H band or (triangles) Pt carbonyl bands. Feed 
contained CO + N2. In the absence of H2O, formates also show stability, but are less stable 
than those found on the nonalkali 2% Pt/ZrO2 catalyst (see Figure 19.4). Pt–CO ((a) right) 
was found to undergo isotopic exchange readily, but the bands were too complex to be 
amenable to the linear combination fitting technique.
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Figure 19.6  SSITKA-DRIFTS WGS experiment over 1% Pt/ZrO2 at 225°C, including 
((a) left) formate C–H stretching region and ((a) right) gas phase CO2 and Pt–CO stretching 
regions. Results of the linear combination fitting (b) showing the fraction of (filled) 12C 
label or (unfilled) 13C label in (circles) formate C–H band, (triangles) gas phase CO2 band, 
or (squares) Pt carbonyl bands. Feed contained CO + H2O + N2.
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the 12C to 13C label, while the bottom of each figure provides the results of linear 
combination fitting with reference to each labeled species taken under steady-
state water-gas shift.

Figures 19.6, 19.7, and 19.9 provide results of steady-state water-gas shift in 
the absence of co-fed hydrogen. In Figure 19.6, the reactive exchange rates of 
formate and CO2 were faster for the 1% Pt/ZrO2 catalyst at 225°C (time to achieve 
50% 13C incorporation, ~3.5 min) than for the 2% Pt/ZrO2 (~5.7 min), as shown in 
Figure 19.7. Replacing N2 with H2 did not measurably impact the exchange time 
(Figure 19.8).

To preface the discussion of these figures, as mentioned previously, CO adsorp-
tion is a useful tool to probe the bridging OH group active sites over a number of 
metal/partially reducible oxide catalysts, including Pt/zirconia.2–5 This is because, 
in the absence of H2O, CO reacts with the bridging OH groups to yield pseu-
dostable formate species, with band intensities that are strong and can be readily 
assessed. Interestingly, in previous investigations, it was found that over a series 
of activated Pt/ceria catalysts with different Pt loadings (e.g., 0.5%, 1%, 2.5% Pt) 
but the same surface area (~125 m2/g), the formate band intensities were virtually 
identical.15 This indicated that the Pt facilitated nearly complete reduction of the 
ceria surface shell during formation of the defect-associated bridging OH groups. 
This assumption was corroborated when the extent of reduction was quantified 
by x-ray absorption near-edge spectroscopy (XANES),15 which showed that ~20 
to 25% of the ceria was in the Ce3+ oxidation state, consistent with virtually com-
plete surface shell reduction.57,58 Yet, in switching to steady-state water-gas shift 
conditions, the formate coverages exhibited a decreasing trend with increasing 
Pt loading, indicating that the formates were reacting faster, consistent with CO 
conversion rates measured from fixed bed catalytic testing. Most recently, the 
same series of catalysts was tested using the SSITKA-DRIFTS method, and the 
time intervals to achieve 50% 13C incorporation for formate and CO2 were very 
similar, and decreased as a function of increasing Pt loading. Again, this implies 
formates react faster with increasing Pt content.

This led to the inclusion of a formate surface diffusion step in the model from 
the oxide, where the formate is formed, to the metal-oxide interface, where the 
metal can abstract H from formate via C–H bond cleaving. The relationship 
between formate mobility and O-mobility, as recently emphasized in a review 
by Duprez,19 was considered but not assessed in recent work.51 Following from 
that line of reasoning, a three-zone surface model was envisioned to describe the 
bifunctional catalysts over metal/ceria.51 At low temperature, and with very low 
Pt levels, diffusional lengths can become excessive (or formate mobility too slow), 
such that only formates directly in the vicinity of the Pt particles will be reac-
tive. In this situation, designated case 1, an important problem arises in interpret-
ing data obtained by the SSITKA-DRIFTS technique. That is, since CO2 and its 
monodentate carbonate precursor stemming from formate decomposition would 
only evolve from the reaction of formates in the “rapid reaction zone” in the vicin-
ity of the metal particles, and not those at excessive surface diffusional lengths, 
CO2 and mondentate carbonate should display a faster overall fractional reactive 
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Figure 19.7  SSITKA-DRIFTS WGS experiment over 2% Pt/ZrO2 at 225°C, includ-
ing ((a) left) formate C–H stretching region and ((a) right) gas phase CO2 and Pt–CO 
stretching regions. Results of the linear combination fitting (b) showing the fraction of 
(filled) 12C label or (unfilled) 13C label in (circles) formate C–H band, (triangles) gas 
phase CO2 band, or (squares) Pt carbonyl bands. Feed contained CO + H2O + N2.
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Figure  19.8  SSITKA-DRIFTS WGS experiment includes H2 over 2% Pt/ZrO2 at 
225°C, including ((a) left) formate C–H stretching region and ((a) right) gas phase CO2 and 
Pt–CO stretching regions. Results of the linear combination fitting (b) showing the frac-
tion of (filled) 12C label or (unfilled) 13C label in (circles) formate C–H band, (triangles) gas 
phase CO2 band, or (squares) Pt carbonyl bands. Feed contained CO + H2O + H2.
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Figure 19.9  SSITKA-DRIFTS WGS experiment over 2% Pt/2.5% Na/ZrO2 at 185°C, 
including ((a) left) formate C–H stretching region and ((a) right) gas phase CO2 and Pt–CO 
stretching regions. Results of the linear combination fitting (b) showing the fraction of 
(filled) 12C label or (unfilled) 13C label in (circles) formate C–H band, (triangles) gas phase 
CO2 band, or (squares) Pt carbonyl bands. Feed contained CO + H2O + N2.
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exchange than that of formate. This is because formate will inevitably carry mul-
tiple components within its signal, including those from the rapidly reacting for-
mates in the zone close to the metal particle, as well as those further from the metal 
particle at longer diffusional lengths, including a stranded intermediate zone at 
excessive diffusional lengths. Increasing temperature or number of Pt particles 
leads to case 2, which involves reducing the diffusional path lengths such that the 
stranded intermediate zone is effectively removed, although a surface diffusional 
zone will still remain in place. It is important to consider that formates rapidly 
re-forming in the rapid reaction zone may likely hinder diffusion of the formate in 
the surface diffusional zone to the metal particle. With further increases in tem-
perature or number of Pt particles, the formates will all be located and reacting 
in the rapid reaction zone, leading to case 3. CAER researchers previously noted 
that a different problem can exist for SSITKA-DRIFTS data interpretation. If all 
the formates are reacting fast in the rapid reaction zone, their surface coverages 
during steady-state water-gas shift may be below detectable limits.

The case of Pt/ZrO2, though in many ways similar to that of Pt/ceria, poses 
some significant differences. Using CO adsorption to probe the type II bridging 
OH group active sites, it was found in this case that an increase in the Pt loading 
led to increases in the formate band intensity upon CO adsorption, and this sug-
gests that the number of defect-associated bridging OH groups on ZrO2, unlike 
Pt/ceria, are confined to the area surrounding the metal particles. Analogous 
defect vacancy sites have been proposed to be important during CO2 reforming 
of CH4 over Pt/ZrO2 catalysts.59 For Pt/ceria, the surface of ceria was virtually 
completely reduced after activation over a wide range of Pt loadings (0.5 to 2.5% 
Pt). Our interpretation of Figure 19.1 is that there is likely a higher population of 
formate on 2% Pt/ZrO2 relative to 1% Pt/ZrO2. Therefore, longer times needed to 
achieve 50% 13C incorporation in formate and CO2 may be related to the longer 
diffusional path lengths for those species that are formed at defect sites farther 
away from the Pt particle. However, presumably those formates that are situated 
close to Pt react rapidly at the Pt-ZrO2 interface. For the lower loaded 1% Pt/ZrO2 
catalyst, the number of defects is lower (and hence the formate population arising 
from CO + –OH is lower), and therefore the formates that are likely only to be 
present on the ZrO2 defects are located close to the rim of the Pt metal particles. 
A comparison of the proposed models for the different cases of Pt/ceria and Pt/
zirconia is provided in Figure 19.12.

Regarding the impact of alkali addition, the time to achieve 50% 13C incorpo-
ration in formate on 2% Pt/2.5% Na/ZrO2 was ~4.8 min; however, that measure-
ment was at 185°C, which was even lower than the time required for 2% Pt/ZrO2 
at 225°C. This finding is a testimony to the much higher reactivity of formate 
species over the Na-doped Pt/ZrO2 catalysts. In the presence of co-fed hydrogen, 
formate was still found to exchange at a rate close to the CO2 product exchange 
rate, as shown in Figures 19.8 and 19.10. The reactive exchange rate of formate 
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with the co-fed hydrogen stream was very similar to that in the case without H2 
co-feeding (i.e., using N2 balancing gas).

Moving to a lower Pt loading of 1% for the Na-doped catalyst (Figure 19.11), 
unlike its Pt/ZrO2 counterpart, resulted in formate bands that were very similar 
in intensity to those observed over the 2% Pt/2.5% Na/ZrO2 catalyst. In that case, 
if the rate of formate decomposition is related to the metal-ZrO2 interfacial area, 
the formates should take longer to diffuse and react over the lower loaded 1% Pt 
catalyst. As shown in Figure 19.11, this was indeed the case, as the time to achieve 
50% 13C incorporation in formate was ~7.6 min relative to ~4.8 min for the case of 
2% Pt/2.5% Na/ZrO2. A summary is provided in Table 19.3.
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Figure 19.10  SSITKA-DRIFTS WGS experiment including H2 over 2% Pt/2.5% Na/
ZrO2 at 185°C, including ((a) left) formate C–H stretching region and ((a) right) gas phase 
CO2 and Pt–CO stretching regions. Results of the linear combination fitting (b) showing 
the fraction of (filled) 12C label or (unfilled) 13C label in (circles) formate C–H band, (tri-
angles) gas phase CO2 band, or (squares) Pt carbonyl bands. Feed contained CO + H2O + 
H2.
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Figure 19.11  SSITKA-DRIFTS WGS experiment over 1% Pt/2.5% Na/ZrO2 at 185°C, 
including ((a) left) formate C–H stretching region and ((a) right) gas phase CO2 and Pt–CO 
stretching regions. Results of the linear combination fitting (b) showing the fraction of 
(filled) 12C label or (unfilled) 13C label in (circles) formate C–H band, (triangles) gas phase 
CO2 band, or (squares) Pt carbonyl bands. Feed contained CO + H2O + N2.
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Figure 19.12  Considerations for the interpretation of SSITKA data. Case 1: Three 
formates can exist, including (a) rapid reaction zone (RRZ)—those reacting rapidly at 
the metal-oxide interface; (b) intermediate surface diffusion zone (SDZ)—those at path 
lengths sufficient to eventually diffuse to the metal and contribute to overall activity, and 
(c) stranded intermediate zone (SIZ)—intermediates are essentially locked onto surface 
due to excessive diffusional path lengths to the metal-oxide interface. Case 2: Metal 
particle population sufficient to overcome excessive surface diffusional restrictions. Case 
3: All rapid reaction zone. Case 4: For Pt/zirconia, unlike Pt/ceria, the activated oxide is 
confined to the vicinity of the metal particle, and the surface diffusional zones are sensi-
tive to metal loading.
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19.4  Conclusions

The SSITKA-DRIFTS method was employed to assess the rates of exchange of 
formate, gas phase CO2, and Pt–CO during switching from a feed containing 
12CO to one containing 13CO. Over Pt/ZrO2 and PtNa/ZrO2 catalysts containing 
1% and 2% loadings of Pt, with and without co-fed H2, the formate species were 
found to undergo reactive exchange along an almost identical trajectory with the 
CO2 product. Pt–CO exchanged rapidly, but it also exchanged rapidly during con-
trol experiments with H2O absent, whereas formate was quite stable in the dry 
switching experiment. The results suggest that formate is reacting under water-
gas shift conditions, while Pt–CO is probably undergoing merely a replacement 
process. Addition of Na dopant significantly accelerated the formate exchange 
rate. The coverage during steady-state water-gas shift was very low at 225°C (due 
to the formate rapidly reacting), such that the SSITKA test temperature had to 
be lowered to 185°C to obtain enough formate coverage for the experiment. Even 
then, the time required to achieve 50% 13C incorporation in formate (i.e., formate 
C–H band) and CO2 at 185°C over 2% Pt/2.5% Na/ZrO2 was still less than that 
of the 2% Pt/ZrO2 catalyst recorded at a much higher temperature. The results 

Table 19.3
Exchange Times of Isotopic Transient

Catalyst Description Condition T (°C)

Time to Achieve 50% 
13C Incorporation in 
Formate/CO2 (min)a

No catalyst CO + N2 225 2.2

No catalyst CO + N2 185 2.7

1% Pt/ZrO2 CO + H2O + N2 225 3.5

2% Pt/ZrO2 CO + H2O + N2 225 5.7

2% Pt/ZrO2 CO + H2O + H2 225 5.4

2% Pt/ZrO2 (formate) CO + N2 225 Hours

 2% Pt/ZrO2 (Pt–CO) CO + N2 225 4.5

2% Pt/2.5% Na/ZrO2 CO + H2O + N2 185 4.8

2% Pt/2.5% Na/ZrO2 CO + H2O + H2 185 5.0

2% Pt/2.5% Na/ZrO2 
(formate)

CO + N2 225 27.5

1% Pt/2.5% Na/ZrO2 
(formate)

CO + H2O + N2 185 7.6

Note:	 All experiments refer to formate and CO2 switching rates (~ equivalent), except 
for linear input response experiments (the time it takes to switch from 12CO to 
13CO in the absence of catalyst, excluding lag time).

a	 Note that the values exclude the lag time. Also note that a linear input was used and 
the reported times are not true kinetic half-life values.
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provide further support to the conclusion that not only are infrared active for-
mates likely intermediates in the water-gas shift reaction, but designing catalysts 
based on formate C–H bond weakening (e.g., by alkali doping) can lead to signifi-
cantly higher catalytic activity.
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(d)(a) (b) (c)

(h)(e) (f ) (g)

Figure 1.5   Cobalt nitrate solution decomposition at (a) 21°C, (b) 59°C, (c) 67°C, (d) 
110°C, (e) 126°C, (f) 142°C, (g) 152°C, and (h) 200°C.



(d)(a) (b) (c)

(h)(e) (f ) (g)

Figure 1.6  Cobalt nitrate–mannitol solution decomposition at (a) 21°C, (b) 61°C, (c) 
75°C, (d) 123°C, (e) 159°C, (f) 185°C, (g) 220°C, and (h) 250°C.
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